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How It Looks from Here 


NDICATIONS of early February were that the 
| petroleum industry had a program. While this 

program may not be to the liking of all elements 
of oil in America, at least there was a tendency to 
reach a certain point for a certain purpose. 

Part of this program is the determination to reduce 
storage still further, especially crude oil storage. 
Thanks to the help of martial law in Oklahoma and 
Texas, crude oil storage was carried in the proper 
direction in 1931. Late in that year, however, crude 
oil began to pile into tanks. More recently there has 
been withdrawal from storage and the action of crude 
oil buyers would indicate that this is to continue 
even in the months that are low in gasoline consump- 
tion. 

Failure of purchasing companies to take oil from 
Oklahoma pools has made it necessary to reduce the 
output of that state by more than 100,000 barrels 
daily in three months. 

In the East Texas area one concern has announced 
a producing program of six days a week and 75 bar- 
rels per well for its own properties, with the pro- 
vision that it will buy crude oil from concerns which 
follow a similar practice. 

These are indications that the oil industry is bent 
upon emptying some steel tanks in 1932. 

No such program can exist without purpose. There 
are several answers to the question—why? 

Before the petroleum industry is finally on a stable 
basis, there will have to be an extensive period of 
buying and storing crude oil. Evidently space for 
this storage is being provided now. Then when the 
day comes that empty tankage is sufficient to hold 
what will come out of East Texas, producers may be 
invited to open their wells and bring the product to 
market. 

That may be a sad day for the producers. Buyers 
of a commodity do not often remove it from storage 
unless they hope to replace with a similar product at 
a lower price. This is not to charge the buyers of 
crude oil with an attempt to replace oil at a lower 
Price but that is one of the consequences when an 
industry gets its producing division loaded with. a 
Surplus. A surplus means a buyer’s market. 
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If the day when the buyer wanted oil should find 
less oil than had been anticipated, then the picture 
would change. Instead of filling tanks that had been 
emptied by painful purpose, there would be a ques- 
tion of where to find sufficient oil for the purpose. 
Lower prices could not prevail under that condition. 
Unfortunately it is not possible to calculate the 
amount of oil that can be produced from the oil fields 
now under proration. It may be less than half of 
what has been credited by potential and still be too 
much. 

Meanwhile the refining division of the industry is 
being bolstered by this major program. As the in- 
dustry draws on crude oil storage it is not disposed 
to pile up gasoline stocks as in past years. Some re- 
fining districts are still making too much gasoline but 
the record for the whole country is better than this 
season ordinarily brings. 

Prices have responded in the proper direction, if 
not in the proper amount. Profit-allowing prices are 
still somewhere above the levels of today but it is 
worth noting that movement in the past few weeks 
has been upward. 


Put Third Grade in the 
Test Tube | 


HIRD grade gasoline should be taken into the 
the refinery laboratory and given a definite po- 
sition in the petroleum industry. This is a 
product of the sales department, which made its de- 
mand upon the refinery proper. Now, however, this 
gasoline is pulling other classes of gasoline down and 
will continue as a drag upon the petroleum industry 
until some method is found by which it can be clas- 
sified. 

What the laboratories of the industry should do is 
to determine what types and models of. automobiles 
can be served properly with third grade gasoline. 
Many motors will function satisfactorily with this 
fuel; many others will be better served with better 
gasolines. To separate motors in relation to gasoline 
is a laboratory task and one that should not require 
excessive time and expense. 

The service stations of the country are today offer- 
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ing three grades of gasoline. Unless there has been 
wholesale self-deception, each of these products has 
a definite position in a merchandising program. 
There are motors which will return full value for 
the extra money involved in buying Ethyl gasoline, 
Some other motors may be adequately served with 
regular gasoline, while still others, usually the older 
models, may be operated satisfactorily with the third 
grade of fuel. 

But the sales division of this industry is not even 
taking any advantage of this condition. Third grade 
gasoline is now a year old and it has no definite place 
in relation to motors. It is being sold without pur- 
pose or program. The result is that it is going into 
tanks which should be filled with other gasolines. 
Service station salesmen have been given no facts by 
which they can persuade automobile owners to use 
a certain gasoline. 

By laboratory tests extensive charts have been de- 
vised by which any salesman can select the proper 
lubricating oil for a motor. All he needs do is find 
the make and model of the automobile. Opposite 
this he will find the correct oil for the season. A 
chart similar to that should be prepared for gaso- 
lines. The petroleum industry is injuring itself as 
well as cheating its customers when it fails to supply 
the proper gasoline for a motor. 

It is a sad commentary on a business when it pulls 
the quality of its merchandise down at a time when 
its customers are thinking of better quality in a prod- 
uct. Automotive engine design is tending toward 
higher compression ratios, a fact that has been given 
to buyers in ample time. But the petroleum industry 
met this with the introduction of a third grade of 
gasoline. Now that the third grade is on the market 
it is running rampant over the other grades. 

Until the laboratories take the bad actor in hand 
and fix it a definite place, it promises to continue to 
drag its companion gasolines downward. It is a task 
for the chemists and engineers. If given the facts, 
the sales managers may take some favorable action. 


Going Tax Conscious 
U NTIL the refining division of the petroleum 


industry assumes its share of the responsi- 

bility of gasoline tax evasion this menace will 
not be removed. Gasoline sold without regard of 
conditions under which it will be passed to the public 
contributes one phase of the whole problem of tax 
evasion. 

In a large measure this practice belongs to the re- 
fining concerns which have no owned or controlled 
retail outlets. They sell gasoline in tank car lots 
only, which is a legitimate business endeavor and 
one the petroleum industry must have. But this type 
of business should assume some responsibility in de- 
termining the business tactics of its customers. 

To put up the defense that a manufacturer can not 


control the business methods of his customers is not 
sufficient. No refiner can supervise the selling meth- 
ods of a retail concern. But any refiner can deter- 
mine the business methods of a retail concern. If 
the methods are such that they are detrimental to 
the petroleum industry, then it is incumbent upon 
the refiner to withhold gasoline from such sources. 

The selling tactics of a retail concern can be as 
easily ascertained as can the credit rating. Further- 
more a refiner can decline to sell merchandise on ac- 
count of unethical dealing, just as he can decline to 
sell when payment is in doubt. 

Tax evasion is one of the outstanding causes for 
lower gasoline prices. For that reason independent 
refiners are involved when they sell gasoline, which 
finally passes to the public without the addition of 
state taxes. 


Louder Protest Essential 
U trates: public opposition can be built into a 


bulwark, congress will impose an excise tax of 

one cent a gallon on domestic sale of gasoline. 
As an industry, petroleum already has offered sound 
reasons for the withholding of such a tax but the atti- 
tude of the ways and means committee of the house 
has been clearly in favor of this levy as part of the pro- 
gram for balancing the budget of the United States. 

What the petroleum industry knows to be true must 
be quickly and effectively given the owners of automo- 
biles. This tax will force the price of gasoline upward, 
placing an overburden of more than five cents in taxes 
on each gallon of gasoline. State taxes now are in 
excess of four cents. 

Members of congress are not disposed to give heed 
to the pleadings of men, whose activity is within an 
industry under consideration. But immediate heed is 
given when the voices are heard in the voting precincts. 
What the president of a small refining concern thinks 
bears little fruit. But letters from two farmers, a mer- 
chant, a banker and the home town physician are per- 
suasive instruments. 

The owners of the 26,000,000 motor vehicles in the 
United States must be brought to show a disapproval. 
Then congress will look for another source of revenue. 

Sufficient opposition might bring the political element 
to a search for ways of reducing expenditures of pub- 
lic funds. So far the statute makers have given that 
scant consideration. Items have been removed from 
the budget, but such moves are for but one year. When 
it comes to removing boards, commissions and useless 
activities from the office buildings in Washington, the 
congressional ear is dead. Some governmental activi- 
ties need to be killed. The salaries of the million and 
more employes, congressmen and senators included, 
could be reduced. 

Only a determined voice from the constituency can 
accomplish that. 
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Anti-Knock Characteristics 
of Natural Gasoline With 
Reference to Grading 


By R. C. ALDEN 
Research Department, Phillips Petroleum Company 


gines it is possible to determine the anti-knock- 

ratings of gasolines of comparatively high vapor 
pressure. A limited number of such determinations 
have been made on natural gasoline and the results have 
been correlated with other characteristics of the gaso- 
line. The best relationship has proven to be with Reid 
vapor pressure. 

Figure 1 summarizes the data available. Most of 
the samples tested originated in the Burbank district. 
Of the 98 samples of natural gasoline shown in Fig- 
ure 1, 75 were from the Burbank district. Of these 
75 samples, five were in the 26-pound grades, three 
in the 22-pound grades, five in the 18-pound grades, 
and 15 in the 14-pound grades of the new grading 
system. The remaining 47 samples were below 10 
pounds Reid vapor pressure. 

The solid curve represents the average of the points 
of the Burbank samples. The dotted projection of 
the curve has been placed above the actual curve 
because the general trend indicates such a curvature. 
Deviations from the curve in the case of individual 
samples can be attributed to (a) variations in opera- 
tions due to wide variety or products manufactured, 
(b) errors inherent in anti-knock determinations, (c) 
effect of varying proportions and characteristics of 
small mineral seal oil inclusions, (d) seasonal varia- 
tions in base material, (e) errors in testing due to 
vapor locking of test unit. 

Twenty-two samples, from 13 other sources, are 
also shown in Figure 1. With few exceptions these 
other natural gasolines follow the trend established 
by the Burbank samples. Four gasolines fall above 
the trend and one below. The sample from Norphlet, 
Arkansas, has an exceptionally high octane number. 
The sample from Smackover, Arkansas, also had a 
rather high octane number. One of the two Mc- 
Camey samples had a relatively high octane number, 
while one of the five Texas Panhandle samples had 
an octane number slightly higher than the trend. 
The sample from El Dorado, had an unaccountably 
low octane number. This particular sample had an 
unusually high vapor pressure in comparison with 
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its other volatility characteristics. It is well known 
that some of the Arkansas crude oils have high anti- 
knock values and evidently the heavy ends transmit 
this property to the commercial natural gasoline. 

In spite of these exceptions, it is apparent that the 
natural gasolines tested in this laboratory follow the 
general trend established by the Burbank sample. 
Accordingly the octane numbers of natural gasoline 
at the several vapor pressure limits of the new grad- 
ing system can be safely assumed to conform to the 
following table: 


TABLE 1 


Octane Number of Natural Gasoline at Several Reid Vapor 
Pressure Limits 


Reid Vapor Pressure Octane Number 


30 80.0 
26 78.4 
22 76.2 
18 73.3 
14 69.6 
10 64.6 


In addition to tests on commercial samples of nat- 
ural gasolines, anti-knock ratings have been deter- 
mined for the pure hydrocarbons, propane, iso-bu- 
tane, normal butane, iso-pentane and normal pentane. 
The octane numbers thus determined are shown in 
Table 2. 

TABLE 2 
Octane Numbers of Natural Gasoline Hydrocarbons 
Lighter Than Hexane 


Hydrocarbon Octane Number 


Propane..........Noticeable detonation at 

10 to 1 compression ratio 
TTT TTT CET Te ee Pee: 100 
PONE: DOOR «605k oc cccse xsi ciwiwcwe ds 92 
RE i ékndycnncidcenivas ethane: 91 
Pere regres Te me 64 


The use of the data in Table 2 in conjunction with 
appropriate fractional analyses and anti-knock tests 
on residual portions of natural gasoline make it pos- 
sible to calculate the approximate octane number of 
natural gasolines without introducing the complica 
tion of vapor lock in the test unit. 

Incidentally the data of Table 2 point to the desir- 
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ability of pentanes fractions high in iso-pentane con- 
tent in blending ethyl base gasolines. Such a prod- 
uct would have a Reid vapor pressure of 19 pounds, 
an octane number of at least 80, a gravity of about 
95° A.P.I., and an end point of 95° F. A normal nat- 
ural gasoline of 19 pounds vapor pressure would 
have an octane number of 74, a gravity of about 84° 
A.P.I. and an end point of about 340° F. 

3esides the advantage of comparatively high oc- 
tane number, natural gasoline has two other definite 
advantages from an anti-knock viewpoint. First, it 
is highly lead responsive, and, second its anti-knock 
characteristics are retained through wide ranges of 
engine operating conditions. 

Plate 2 demonstrates the factor of lead responsive- 
ness. The increase in octane number with additions 
of tetraethyl lead is shown for two natural gasolines, 
four straight run gasolines and three cracked gaso- 
lines. Curves are also shown for two interesting frac- 
tions of natural gasoline. The physical character- 
istics of the gasolines are enumerated in Table 3. 


OCTANE NUMBER VS REID VAPOR PRESSURE-NATURAL GASOLINE. 


LeEGEno. 

© Burbsenk 
Texas Panhandle 
Hobbs 
M*Camey 
Judkins 
Oklahoma City 
Wetumka 
Eleven-Eleven 
Smackover, Ark 
Norphlet, Ark. 
E/ Dorado, Ark. 
South Bend, Tex. 
Orip Gaso. Avant, Okla. 
Breckenridge 

o Orgin Unknown. 





REID. VAPOR PRESSURE @ 100°F. 
FIGURE 1 
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It is to be noted that the natural gasolines and the 
straight run gasolines are decidedly superior to the 
cracked gasolines in regard to lead responsiveness. 
The natural gasolines, with their higher initial oc- 
tane numbers, have a lead responsiveness equal to 
or better than the straight run gasolines, with their 
lower initial octane numbers. 

More work needs to be done to demonstrate the 
tangible value of this attribute of natural gasoline. 
But Plate 2 indicates the definite possibility that the 
use of natural gasoline in ethyl base gasolines might 
effect noticeable reductions in the amounts of ethyl 
fluid required. 

Plate 3 demonstrates one phase of the “stability” 
of anti-knocking property of natural gasoline. The 
figure shows the drop in octane numbers of gaso- 
lines when the jacket temperature in the test unit 
is raised from 212 to 350° F. Such a comparison has 
been possible as a result of Phillips Petroleum Com- 
pany’s survey of aviation gasolines in which the 
conventional motor fuel anti-knock test was made 
with the jacket temperature at 212° F. 
and additionally the more rigorous test 
with the jacket temperature at 350° F. 
As designated in Plate 3, the motor fuel 
rating was determined on the original 
Waukesha unit while the test at 350° F. 
was determined on a modified Delco unit. 
All samples were subjected to the same 
procedure, so the comparison is valid. 

Before describing Plate 3, it should be 
mentioned that comparing natural gas- 

oline with aviation gasolines is prob- 

ably placing the product in a relatively 
unfavorable light for it is to be pre- 
sumed the very best refinery gasolines 
go into the aviation market. Thus, if 

natural gasoline can survive such a 

comparison it should be able to hold 

its own in any comparison. 

In Plate 3 the solid circles represent 
aviation naturals, the hollow circles 
represent “other” aviation gasolines. 
Plus signs on the points indicate 
ethylized products. A mere scrutiny 
of the chart reveals the decided super- 
iority of natural gasoline. A detailed 
analysis of the test data shows the 

following salient facts: (a) the average 
drop in octane number between these two 
tests is 3.2 and 5.9 for aviation naturals 
and “other” aviation gasolines, respec- 
tively; (b) of the 58 aviation naturals 
only three samples had drops in octane 
numbers higher than 5.9, the average in 
the case of “other” aviation gasolines; 
(c) of the 121 “other” aviation gasolines 
only 14 had drops in octane number less 
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than 3.2, the average in the case of 
aviation naturals. 

The physical characteristics of these 
17 exceptional gasolines (b and c 
above) are enumerated in Table 4. It 
is noteworthy that a fair proportion of 
the 14 exceptional samples of “other” 
aviation gasolines have physical char- 
acteristics very similar to those of 
natural gasoline. 

Plate 3 demonstrates only one phase 
of the “stability” of the anti-knock 
properties of natural gasoline. In the 
actual testing of the products, other 
phases such as speed, spark advance, 
air-fuel ratio and power output are 
decidedly in favor of natural gasoline. 
However, experimental data are lack- 
ing to demonstrate these effects defi- 
nitely. 

For the sake of completeness, the 
conditions of test used in determining 
the octane numbers reported herein 
are included below. Except for the 
350° F. jacket temperature determina- 
tions shown in Plate 3 all tests were 
made on an original Waukesha unit 
operated under the following essential 
conditions : 


Jacket temperature—212° F. 

Speed—600 R.P.M. 

Spark advance—20°. 

Oil temperature—160° F. 

Inlet manifold temperature—120° F. 

Worst knock mixture—bouncing pin— 
electrolytic cell. 











\ 2 3 a 5 6 > adie ‘ : 
. Reference fuel—aniline in straight run 
paid Peer. [ea calibrated against iso-octane-hep- 
FIGURE 2 tane. 
TABLE 3 
Characteristics of Gasolines in Plate 2 (Figure 2) 
Per Cent OctaneNumber 
Description— Curve First Evaporated End ce. 2 ce. In- 
No. Drop 50 90 Point API? RVP  PbEt, PbEt, crease 
Natural Gasoline, Special Cut (No. 5)........ 7 108 lig §$128. 155 266 82.4 9.70 64.1 85.1 20.0 
Straight Run, Gulf Coast Crude.............. 9 94 131 218 287 330 65.0 9.60 62.1 81.4 19.3 
Natural Gasoline, 7 Ib. R.V.P................ 10 108 130 159 234 338 74.7 7.80 60.5 77.7 17.2 
Straight Run, Okmulgee Crude.............. 5 106 175 286 385 422 57.1 6.35 45.2 61.6 164 
Straight Run, Pennsylvania* ................. 12 ke tell, Saleh. aes ae ba a 50.0 65.3 15.3 
Natural Gasoline, 13 Ibs. R.V.P.............. 11 94 106 138 222 315 80.0 12.70 67.2 82.6 15.4 
Straight Run, Kansas Crude................. 1 116 167 275 382 436 58.9 5.90 44.7 59.2 14.5 
Cracked Gasoline, Okmulgee Crude.......... 6 110 158 . 270. 377 425 55.6 5.50 67.0 81.44 144 
Straight Run, Texas Panhandle.............. 3 106 2 620 Gl 408 61.3 7.10 50.9 64.1 14.1 
Cracked Gasoline, Kansas Crude............. 2 103 150 275 384 428 57.4 7.50 62.6 74.9 12.3 
Natural Gasoline Heavy Ends................ 8 232 242 264 340 526 56.0 1.10 41.3 51.8 10.5 
Cracked Gasoline, Texas Panhandle.......... 4 94 144 277 378 412 58.0 2.45 58.5 69.0 10.5 





*Data from Universal Oil Products Research Bulletin of December 16, 1931. 


tEstimated by extrapolation of curve. 
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These operating conditions in the 
original Waukesha unit used, places 


; : NGINE TEMPERATURE 
3€ the Ethyl Gasoline Corporation’s — wer F pour NUMBER 
Cc standard at 75.2 octane number as 
It compared with the value of 74.2, 


rf established by the Ethyl Gasoline Cor- 


r poration. 


2: In the modified Delco unit the same 

of methods were employed with the fol- 
lowing exceptions: 

se Jacket temperature—350° F. 

ck Speed—700 R.P.M. 

he § Spark advance—21°. 

er 


These operating conditions in the 
modified Delco unit used appear to 
yield knock ratings two to three octane 
numbers lower than are obtained by 
i the method (Y 3557E) prescribed by 


Oriainal Waukesha Unit 


OCTANE NUMBER AT 212° JACKET TEMP 














fi the U. S. Army Air Corps, although 
too few comparisons have been made 
he to definitely establish such a relation- 
n = $ LEGEND 
a ship generally. e Natural Gasolines . 
* Summarizing, a rather limited num- + ae 
ber of tests have been made of the Other 
“7 anti-knock characteristics of natural 
a. gasolines. These tests indicate a fairly 
a reliable relationship between octane 
- numbers and Reid vapor pressure, that 
natural gasoline while not an outstand- 
ing anti-knock agent has a relatively 
high octane number, and that natural 
gasoline is decidedly superior in re- 
gard to lead responsiveness and “‘sta- 
n— —& bility” of anti-knock properties, par- 
ticularly when compared with cracked 
run Ry OCTANE NUMBER AT 350°F JACKET TEMP 
ee gasolines. Modified Delco Unit 
FIGURE 3 
TABLE 4 
Exceptional Gasolines in Plate 3 (Figure 3) 
’ _ Per Cent 
Bes Description— Identi- First Evaporated End Octane No. Dif- 
, fication Drop 10 50 90 Point API° RVP 212° 350° ference 
n- 
rease 
ie: Natural gasoline with drop in Octane 6158 97 140 194 273 363 64.5 8.9 79.7 73.1 6.6 
No. greater than 5.9 6042 117 134 165 234 325 72.5 7.0 78.2 71.3 6.9 
= 4882 114 137 166 226 314 72.6 7.4 62.7 56.7 6.0 
19. 
172 “Other” Aviation Gasolines with Octane 6455 112 136 175 234 310 70.3 8.0 60.5 576. 29 
164 No. drop less than 3.2 6456 116 146 179 214 274 69.2 6.4 65.1 62.5 2.6 
< 3 6458 106 135 184 269 352 69.5 7.8 61.1 58.4 2.7 
19. 6192 108. 139 177 231 30 707 67 SOO Gap ae 
15.4 5892 119 144 179 233 314 66.3 5.8 74.9 72.4 2.5 
14.5 5884 120 150 201 266 344 66.6 6.1 57.4 54.9 2.5 
144 - 5889 116 146 181 221 271 69.3 6.7 74.2 71.7 2.5 
1 5384 110 133 181 262 352 70.1 8.1 62.7 60.8 1.9 
14. 5382 116 156 187 237 338 66.0 5.3 65.0 63.1 1.9 
12.3 5077 108 144 195 255 318 66.9 6.9 88.2 85.1 3.1 
10.5 4465 90 112 248 369 411 59.9 11.5 67.0 64.3 re | 
10.5 4390 105 165 252 328 361 55.9 5.4 70.1 68.4 1.7 
Br 4293 100 144 217 271 323 66.2 8.4 57.5 54.9 2.6 
4295 100 125 170 250 343 72.3 10.1 63.7 60.8 2.9 
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CONSERVATIVE estimate of the total ul- 


timate recovery of crude 


Texas field has been placed at 1,250,000,000 


t Texas Crude 


By A. W. TRUSTY 


Louisiana Oil Refining Corporation 
Shreveport, Louisiana 


thene (asphalt) or hybrid base. If it’s between 33 and 


from the East 40° A.P.I., the oil has an intermediate base. 


Analysis of Gas from Lathrop No. 1 Well 





barrels. Less than one-tenth of the potential crude 
~ Per Cent: Gals. /1000 
supply has been withdrawn from the field at the 7 By Volume cu. 
. rs : ; a eee yore s Sry 4 
present time. With such a large source of crude fijuminants.. ..................0ll le. 3 
near at hand, it seems logical that most refiners in aon Pe Pee eee eee eT Te a 
the Texas and Mid-Continent area will be processing Cashes monoxide .... -de.s-.....000e. i 
this crude for the next ten years or perhaps longer. — (and nitrogen) .............. <a 
Considerable data has been compiled to show the hl a a eh RE ORES 22.0 
characteristics of the crude and its various products. tenon cece cc er econ cece enenenenes = 
There is very little variation in physical characteris- Scmatenas ‘ce bebiher 1S enniat rss 5: 5 
tics or yield of products in samples of the crude taken N-pentane. ..... eee eee eee 1.6 58 
from various parts of the field. Hexane and Heavier ..............-0- a .28 
ROMER Soh ee cece eces ccdepenson her 100.0 4.44 
Tests on Crude Oil 
Sul. Vist Vis. Pec A 415° F. End Point gasoline was analyzed ac- 
Depth | fur cote sote Dour gash Ges cording to the method of Egloff and Morrell: 
Ft. °API % 100°F 50°F Point & Fire oline § 4 
igeer ME. dix ewecns 3592 38.6 .28 40 100 25 #=~Below 35.8 
ilgore Field ....... 3652 40.0 29 40 100 25 Room = 36.0 Per Cent 
Longview Field ...... 3587 38.4 .26 41 108 30 Temp. 35.0 Unsaturated hydrocarbons ............. 2 
Atmospheric Vacuum Aromatic hydrocarbons ................ 3 
natant. eek. Naphthenic hydrocarbons .............. 30 
residue residue Paraffine hydrocarbons ................ 65 
Average yield of products: Per Cent Per Cent 
Gasoline (410°F. End Point) eeoeeccececcece 36.0 36.0 The com Jaratively ood knock ratin that East 
Kerosene—41.0° A.P.J. .................: 8.0 8.0 . . y 8 : 7 8 ; 
ee okies e/a d sieincs.8 8 ¢eo6.0-6 46.0 16.0 Texas straight run gasoline possesses is due to the 
Residue—11° A.P.I. ..............4.-. 9.0 oss presence of the small amount of aromatic hydrocar- 
NI MRE BD. ooo ic cca aie's'e oaresccsee 23.0 ee 
Non viscous lubricating dist. bons and to the large amount of napthenic hydro- 
(50-100 vis.) catia ee as6 Me - Ob ee MS & 6.6:0.0-6 e 10.0 carbons. 
Medium lubricating dist. (100-200 vis.) ... 6.0 pe oe sh , - 
| RnR iE Pacgut sii paae 1.0 1.0 Aniline Number” determinations were made on 


East Texas crude is classed as 
intermediate or mixed base, accord- 
ing to the method of classification 
of crudes by Smith and Lane? which 
is as follows: 


Note the A.P.I. gravity of the 
fraction distilling between 482°F. 
and 527°F. at atmospheric pressure. 
If this gravity is 40° A.P.I. or 
lighter, the oil can be considered 
definitely to have a paraffin base. 
If this gravity is 33° A.P.I. or 
heavier, the oil has either a naph- 
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Characteristics of Gasolines Produced from East Texas Crude 


End Point of Gaso........ 300°F 325°F 350°F 375°F 390°F 400°F 410°F 425°F 437°F 
Per cent off crude ........ 20.0 23.5 26.4 28.5 32.0 33.0 35.0 38.0 40.0 
A Rape sd 69.7 64.2 - 63.4 61.4 60.6 60.3 60.0 58.8 57.9 
i ARS S EAN Rp he 90 92 94 95 96 97 98 99 100 
oe re gern ee 129 145 148 150 152 154 157 160 162 
Se ot eats ot cathe See ae wae 147 165 170 172 174 178 182 184 190 
Me Ge. Datadeds enees seen wes 163 180 190 194 198 200 203 207 218 
RASS AR Res are es eee 176 202 209 212 216 220 228 238 245 
ee" thei ed scat Benn Vomees 187 214 224 226 228 232 240 258 270 
Perret re ee eee 198 227 237 246 252 260 270 288 296 
De ce hio dé nelte wala < 4atg eae 208 237 254 268 272 280 290 310 328 
Ko pphewuec gakis einala duran 221 260 271 296 302 312 323 332 354 
MP <i Gad bow adawh ue eawaleae 241 284 301 332 345 348 353 370 390 
St Ape ede bone oe ak een 263 308 334 348 362 368 382 403 418 
Aree re er 290 326 346 372 388 397 4i0 425 437 
RIMM cc cbieas viens 97.0 97.0 97.0 97.0 97.0 97.0 97.0 97.5 97.5 
| SE ee Peer OR EEE ee +30 +30 +30 4-30 +30 


cs 5 +30 +30 +30 +30 
Gihikon sdackeas Neg. Neg. Neg. Neg. Neg. Neg. Neg. 


Corrosion . Neg. 
Sulphur per cent ......... 01 01 01 01 01 01 01 015 _ «02 
NE or i, cates ahteda ss Sw. Sw. Sw. Sw. Sw. Sw. Sw. Sw. Sw. 
AE RE ie 68.5 67 66 65 61 59 57 54 48 
Tetra-ethyl lead 

to=Ethyl Std. . ........ 6 a) 1.0 1.2 2.0 245.288 > s6 5.0 
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5 per cent fractions from East Texas crude. Note: 
The aniline number is a rough indication of the in- 
herent base of an oil; a high aniline number indi- 
cates a paraffin base or waxy fraction, while a lowe1 
aniline number indicates an aromatic or naphthenic 
fraction. 


°A.P.I. Fraction Aniline Number 
Cut uf A 
1 88.6 136 
2 76.1 135 
3 65.5 130 
4 59.7 127 
5 55.9 125 
6 50.2 125 
7 48.5 126 
8 44.4 138 
Py 42.4 143 
10 39.3 148 
11 35.6 165 
12 34.7 170 
13 33.3 175 
14 war 178 
15 30.4 182 
16 29.2 185 
17 28.6 190 
Painter’s naphtha, Stoddard’s solvent and kerosene. 
Painter’s naptha Stoddard 41.5°A.P.I. 39°A.P.I. 
(V.&P.M. naphtha) Solvent Kerosene Kerosene 
°A.P.I. Gravity .. 57.4 47.5 41.5 39.0 
Es semen 214 301 356 376 
Me G6. ib oeiaaean 223 315 404 433 
arr ae 227 325 414 453 
eer eres. 230 331 420 466 
— RP eA 233 342 426 474 
MD . sieve vend eee 236 348 432 482 
rr 240 354 437 492 
MD, a <idie'cv0a aaieu aie 246 360 442 502 
a cn a6 gnosis ean 254 365 449 513 
sg auaignn hier arene 266 380 456 528 
OR hb ea ok 4 Se wae 281 393 464 541 
End Point ....... 302 409 496 552 
Recovery . ...... 98 98 98 98 
Sulphur . ........ .007 % 01% 04% 05% 
Corrosion . ..... Neg. Neg. Pos. Pos. 
MOCtOr =. 5 0k oda Swee Sit. Sour Sour Sour 
Saybolt Thermo- 

Viscosity . .... .. a 351 528 
SS Be  oeeeeee ae 4 15°F. 170°F. 
MOR 4, Sabah olen +30 +30 24 21 
Burning test: 

COMET . wkises, ws Good Good 

WN at © sre cdtoiwlathd~ <a Good Good 


Characteristics of gas oil fraction made by atmos- 
pheric distillation to 12° A.P.I. gravity fuel oil: 


CNN os ok ccs an ced awh oeebee 30.0 
Be. echt a a bee swe ee 485°F 
WN RE oo sos eee een os Sa 535 
ER eck eer ety erie” ot arg ern Me a he 552 

ss Oe atte Rian s > Sei apts te RA Re! 618 
WO Seer soa SU a Sr ee 648 
BN a cssipicks, Sia. cin Suton dia Beak ak Laka 688 
Le ERP BE ES a RE 260° F 
Paee: BL. eden deena phos eas late 295°F 
Vanes Bilt. a WR Bins. < vig cncvta ves 41 
ig he eee ama Usain tr ee Bec reen Rare 75°F. 
MN Uy Gbchhsdbek Ckwewsd coeen 35% 
PRN 6 a ok Sk oe Ae ee 176° F. 


Characteristics of fuel oil made by atmospheric 
distillation of East Texas crude: 


Per Cent off Crude...... 54 48 28 10 
A.P.I. Gravity ........ 27.6 25.1 21 12.4 
Sh Co eee ie 245 260 360 370 
me Cae ost 315 335 480 510 
me Se Sor aie 75 85 85 90 
Visc. Furol at 122°F.... 23 29 85 456 
OS Ro ee 52 58 .62 8 
B.S. & W. per cent....  .2 a 4 1.0 
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East Texas residuum produced by topping the nat- 
ural gasoline and kerosene was cracked by the flash 
residuum method on tank and tube unit under 350 
pounds pressure and 900°F. transfer temperature. 


Tests on the feed stock and tar: 
East Texas Residuum Feed tc 


(Fresh Feed) Coils Gas Oil Distillate 
Gravity oss cies 26.8 26.5 32.2 55.5 
i Sie eee Dene 425°F. 380°F. 406°F. 108°F. 
10 per cent at ..530 466 430 172 
DS 8 chan 581 500 440 210 
OP ae 630 525 450 237 
MAO ee ol she eeckena 660 548 460 263 
i Soaegrane ere iegeas = 572 472 280 
Ot Para aie ipa ee arate 600 484 305 
Wo caine ope sae 636 502 322 
RS eee ces 524 358 
Os ee ree ee 568 388 
End Point’ ..... 628 425 
Pour: Test: 005% 70°F. 50°F. 0°F. 
ET Sr 60% 48% 30% 11% 
Tests on fuel oil: 

oe. Ee Ae Ge. eRe ven ee Eee i ES. 12.0 

Tit): Sis |. dis Sigcauiermse ba tee en bee 250°F 

jc Sy SS © NE SORE ee ea Om DR Sot rem eC CL 315 

Pout Feet. 60560 he ae eae 40°F. 

BS GW ke ait dud sp cceie ie be ee 1.0% 

Vistosity Purel at, 822° Ro .. 0s éacas0ctae Peek 70 

Org f 


The ,distillate was treated with 4 pounds of sul- 
phuric acid and rerun to a 400°F. End Point naph- 
tha: 


"A. P. -1.. Geawltgl 6 ccicsavesndousssneaein 56.6 

Be BoP kvcdinSeceeus cone esa eee 109° F. 
1096. at) ok SS ka ee ee 170 

BB 5 kad ae eee eee eee 209 

BO oS i oki cis eh ad pe ele ee 236 

OE EE ETE Sie pom sg 256 

ee ae ea se ne ie, 272 

| Ree erik ee crete te 300 

TO oe 5 vba e lb. a.aywia' balan oh oe eee 326 
MrT i tc rie Tpke 348 
OD. <5. s necdisea’u catetecbuake apy caine onainte Geena 373 
End: Poti: 06k ds ssades teewe ee 400 
ROCOVREY oss caesteativs'as Bae oem 97 
CONOE. sawed SORE eae eee 425 
DOCUOE soos dieses eee ba eee Sour 

CC OPSBMOR 6. 2.0652 n bees tee Neg. 
TL | lh REP MRP Secs Sempniysecliemy eS .02% 
ThrssGived Gat ics choke dics siokbioe sa oes 2 mg. 
Potential Gum 66695 ccs cg eeal eee wae eee 18 “ 
Octane NG. 2. c5 cc ceis cali nn keane 65 


East Texas Crude has a paraffin-asphalt or inter- 
mediate base, and yields a high percentage of doctor 
sweet, non-corrosive, low sulphur gasoline with an 
exceptionally good boiling range and a comparatively 
good octane number. 


The kerosene yield is low, but the raw kerosene is 
easily treated and produces an oil of good burning 
qualities. 


The gas oil has the disadvantage of a high cold test 
which limits its sale for furnace and Diesel oil; how- 
ever, as cracking stock, the yield of gasoline is high 
and the coking tendencies are low. 

The residuum from East Texas Crude cracks 
easily, produces a high yield of distillate which may 
be treated with a small amount of acid and rerun 
to produce a low sulfur, low gum and good color, 
gasoline with a fairly high octane number. 





1U. S. Bureau of Mines RI 3130. 
2U. S. Gov’t Bulletin No. 207. 
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A. P.I. Gravity Versus 
Maximum Co: for Liquid Fuels 


By PAUL F. MARX 


or wherever it may occur, may be greatly aided 
if a simple means of obtaining the maximum 
CO, of the liquid fuel in use, is at hand. 


6 ie combustion of liquid fuels in power plants, 


By the maximum CO, is meant the theoretical 
maximum percentage of carbon dioxide that may be 
attained when fuel is burned with perfect combus- 
tion. It may readily be seen that if this percentage of 
carbon dioxide be known, it will be much easier to 
know whether or not good combustion is taking 
place. 

All that is necessary to obtain the theroetical maxi- 
mum CO, is to know the A. P. I. gravity of the liquid 
fuel. The gravity may easily be obtained by weigh- 
ing the fuel with a hydrometer, 


100 —H 
—-== Mols CO, in flue gas = Mols O, 





12 


necessary to burn the “C” 
Since H,+%0, = H,O 
One atom H, requires 4O, 





—-== Mols O, necessary to burn the hydrogen. 





f 
Then the total O, necessary to burn 
100 — H H 
100# Fuel = + 
12 4 


The ratio of oxygen to nitrogen in the air is 
21/79 or 3.76 





and then referring to the accom- (8) 2. . NT; :. rT 
; and —__———— + — 3.76 = Mols N, in the air= Mols N, in the flue gas. 
panying chart. 12 4 
Thus, according to the chart, if 
the A. P. I. gravity is 20, proceed yaabilitn 
vertically, then horizontally, then CO. 12 
vertically as designated by the Max. CO,—= : 


example and the maximum CO: 
is found to be 15.9 per cent. 

The chart was derived as fol- 
lows: Assume the fuel (fuel oil) 





CO,N,  100—H 100—H H 
___ 4. 3.16 na 


12 4 
100 — H 


12 


100 —H 





to be made up of carbon (C) and 
hydrogen (H), when this carbon 
and hydrogen burns or chemically unites with oxy- 
gen, we have in the flue gas carbon dioxide, water, 
and nitrogen formed. The nitrogen comes from the 
nitrogen introduced in the air. 

When considering a dry flue gas he theroetical 
maximum CO, would be: 


Co, 
Max. CO, == ———— 
CO,+N, 


If the basis of calculation is 100 pounds of fuel and 
H = #h (hydrogen) 
100 — H = #C (carbon) 


Since the atomic weight of C — 12 
100 —H 





= Atoms of Carbon 
12 


C+0,=CO, 


100 — H+4376 — 3.%6H411.28H  476+46.52 H 


In the Bureau of Standards Publication Number 
97 entitled “Thermal Properties of Petroleum” the 
following relation is given 

%H = 26 — 15d 
where %H = % hydrogen by weight 


d = density 
With the two relations ®H = 26 — 15d and Max. 
100 — %H 


co, = 


it was possible to obtain a re- 





47646.52 % H 


lation between the A. P. I. garvity and the maximum 
Cth. 


It will be noticed that the relation between the 
A. P. I. gravity and % H, by weight as well as the 
relation between % H, by weight and the maximum 
CO, may also be obtained from the chart. 
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The Rectification of Natural 
(Gas Condensates 


By I. N. BEALL 


HE condensates, which constitute the 
feed material to the rectifying columns 
in natural gasoline extraction plants, 
consists of complex mixtures of hydrocar- 
bons, most of which belong to the paraffin 
series. Insofar as present commercial de- 
velopments are concerned, interest centers 
around means for the separation of these 
complex feed stocks into fractions meeting 
certain sales specifications. Seldom, if ever, 
has there been a marked demand for pure 
hydrocarbon compounds. 


In the case of the butanes and pentanes, 
which are used to a somewhat limited extent 
for chemical processing into the correspond- 
ing alcohols and their derivatives, the effort 
is to obtain fractions containing relatively 
large proportions of the normal hydrocar- 
bons and their isomers rather than the isola- 
tion of pure constituents. However there are 
possibilities in the way of chemical process- 
ing of the lighter hydrocarbons such as 
methane, ethane, propane, isobutane and 
butane which may warrant provision for 
their separation in a relatively high state of 
purity. At present in this connection both 
oxidation and cracking offer possibilities in 
the way of commercial development. 


Aside from the separation of special frac- 
tions, the demand for natural gasoline meet- 
ing the new specifications presents new prob- 
lems in rectification. Successful operating practice in 
one plant establishes no clear cut precedent for that of 
another, as each plant has a feed material which differs 
in its composition and flow. The product requirements 
also differ either as to specification or within the limits 
of specification. Under such conditions it is essential 
for the man responsible for the operation of rectifying 
equipment to have an understanding of the principles 
involved equal to that of the designer of the equip- 
ment. 

Operating directions are necessary and operating 
directions have their basis in theory. However, the 
objective should be practicability rather than perfec- 


oe 








Braun Installation of Stabilizer 


tion, and this means striking a happy medium some- 
where between the purely theoretical and the actual 


conditions encountered. In view of the variable con- 


ditions which exist in the feed stock from individual 
plants, the design of the rectifying equipment should 
provide for adjustment within rather wide limits; 
it should combine flexibility with a high uniform 
efficiency. 


PRINCIPLES OF FRACTIONATION 
Fractionation depends upon differences of vapor 
pressure which obtain between two or more cofr 
ponents of a liquid mixture. In the case of some 
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liquid mixtures (to which class natural gas conden- 
sates belong), certain physical laws enable the pre- 
diction with fair accuracy of what the composition 
of gases formed by partial vaporization will be from 
a knowledge of the composition of the liquid. In- 
versely the composition of the liquids which form on 
partial condensation may be predicted. Continuous 
rectification as well as other forms of fractionation 
have their bases in the relationships which exist be- 
tween partial vaporization and partial condensation. 
A-high rate of vaporization and high rate of conden- 
sation within the column give a high total reflux 
ratio. When the heat loss is of minor consideration, 
higher reflux ratios are more advisable than where 
fuel is expensive. In this respect natural gasoline 
plants are at an advantage as fuel is as a rule both 
cheap and plentiful. It is useless however to have 
ample heat available unless sufficient surface exists 
in the column reboiler for its transfer. The same 
statement applies to heat attraction in the reflux 
condensers. 


Pumped reflux introduces another variation. Both 
reflux condenser and reboiler should have surface 
in excess of that estimated as required at the time of 
installation in order that increases in the reflux ratio 
may be made. Liquid overflows and downpipes, va- 
por uptakes, bubble caps and vapor free space should 
all be greater than that of estimated requirements 
for the average natural gasoline plant. It then be- 
comes easy to revise the reflux ratio upward when 
more rigid specifications become necessary or to pro- 
vide for changes in the composition and flow of the 
feed stock. 


According to Raoults Law, if P =the vapor pres- 
sure of a component in the pure state at some fixed 
temperature, T, and x=the mol fraction of that 
component in a liquid mixture, the NPx =the par- 
tial vapor pressure from that mixture which is due 
to that component. As the value of P changes with 
the temperature, the value of Px must also vary as 
xis a constant for any given mixture. If P, P., Ps, 
ete., denote the vapor pressures of individual com- 
ponent and x,, X., X;, etc., their respective mol frac- 
tions, then 7 vapor pressure of the mixture = 
P.x:, + P.x,-+ P,x;, etc. The values of P,, P., 
P;, etc., however, vary with the temperature. The 
tations between P,, P,, and P;, change so that the 
Vapor composition above the liquid mixture is dif- 
ferent for each temperature on the equilibrium curve. 

These rations evaluated in the terms of some one 
component offer indices of relative volatility. The 
greater the difference between one and this ratio, the 
greater will be the ease of separation by fractiona- 
tion. Increase of pressure lessens the difference be- 
tween one and the volatility ratio, which means that 
More plates must be used for a given degree of sep- 
aration. 


The operating pressure on a column should not 
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be higher than is necessary to effect condensation for 
reflux. The sole reason for using high operating 
pressures for natural gasoline columns is because the 
low temperatures necessary to low pressure stabiliza- 
tion are hard to control and expensive to maintain. 
It is better to use plant cooling water through the 
condensers to the column than it is to produce low 
temperatures by artificial refrigeration in order to be 
able to fractionate at lower pressures where the sep- 
aration is more complete. The additional efficiency 
can be made up by adding a few more plates to the 
column and this together with the greater ease of 
control makes up for the somewhat doubtful advant- 
ages of low temperature fractionation. 

High pressure fractionation is a matter of practica- 
bility. The principles of fractionation are the same 
whether under vacuum, at atmospheric or at elevated 
pressure. It is a matter of varying the design and 
operation to meet the conditions encountered and the 
materials to be handled. In the case of natural gas 
condensates, part of the components are normally 
gaseous when in the pure state at the temperatures 
and pressures which are held on the accumulators. 
They remain liquid by reason of being dissolved in 
the heavier normally liquid hydrocarbons at those 
temperatures and pressures. When separated from 
the original mixture in the column, condensation be- 
comes impossible unless the pressure is raised or the 
plate must have liquid on it and vapor above it in a 
state of equilibrium. The liquid phase is necessary 
on each plate. The reflux condensate is formed by 
the abstraction of heat from the overhead vapors. 
The progressive concentration of desirable products 
from each plate from the top to the kettle is deter- 
mined by the amount and quality of the reflux 
liquid. 

THE OPERATING PRESSURE 


Raoults Law offers an excellent method for pre- 
dicting the dew point of natural gas hydrocarbon 
mixtures. The temperature of the reflux condenser is 
limited by the water available and can be controlled 
at some temperature between the upper and lower 
temperatures of this cooling medium, say 90°F. for 
summer and 70°F. for winter. It is best to select a 
temperature that can be maintained for long periods 
rather than taking advantage of the lowest obtain- 
able for short periods. However, be that as it may, 
after the temperature for the reflux condenser has 
been decided upon more or less arbitrarily, the com- 
position of the materials which are to be allowed to 
pass from the column also should be decided upon. 

It is then necessary to have the constituent anal- 
ysis for the feed. This should show the percentages 
of all components up to and including the pentanes, 
the residue being expressed as hexane plus. The op- 
erating pressure can be found by equating to unity 
the sum of the quotients obtained by dividing the 
mol fraction of each constituent in the vapor mix by 
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its vapor pressure at the condenser temperature, thus 


X: + Xs + Xs 
— — —_— = |] 
P, P; Py 
Referring to the above equation if— 
X, = .25 = mol fraction of ethane in outlet vapors 
X, = .35 = mol fraction of propane in outlet vapors 
X, = .40 = mol fraction of butane in outlet vapors 
P, = 39 atmospheres = vapor pressures of pure ethane 
P,; = 9 atmospheres = vapor pressure of pure propane 
P, = 2.4 atmospheres = vapor pressure of pure butane 
(— + 35 + .40 
-—— — -—— 7 = } 
39 9 2.4 
0.2118 7 = 1 
7 = 4.72 atmospheres absolute 


@ = 4.72 x 14.72 = 69.6 pounds absolute = 55 pounds gauge 


The foregoing serves merely to show the method 
of calculation. It is obvious that where it is known 
what the constituents are to be in the mixture which 
passes off from the column, and the effective con- 
denser temperature, the operating pressure can be 
closely calculated in the manner shown. The mol 
fraction of each constituent in the distillate is equated 
to one by dividing the sum of the actual mols of all 
constituents into the actual mols of each constituent. 
Thus, if the analysis shows 


Hydrocarbon Mols Mol Fraction 
15 15 + 60 = 25 =X; 
CH, 
C.H. ; 20 20 + 60 = 33+=X, 
TG eos, os 5g wie acces 60 


The vapor pressures P,, P, and P, respectively 
would be taken from a reliable vapor pressure chart 
at the effective condenser temperature. The mols of 
feed may be taken as 100 to facilitate calculations. 
All computations are made upon the basis of the feed 
stock. If the residue from the column is to be the 
main product, it is of course of interest to retain all 
components that rightfully belong there in order to 
get the maximum yield. 

When a column is in operation, timely analyses of 
average samples of residue and distillate will serve to 
indicate when changes of operating procedure are to 
be made. The best that can be done when starting 
column operation is to determine as closely as pos- 
sible what the operating pressure. should be by calcu- 
lations such as shown. Imperfect separation may as 
a rule be remedied by increasing the reflux which 
may be done by increasing the heat units (B.t.u.) at 
the bottom (kettle) and abstracting more heat units 
at the top, assuming that the column is sufficiently 
flexible to*take care of the extra load imposed. 


LIQUID LOAD 


The liquid load in a natural gasoline rectifier of the 
high pressure type is large in comparison to the va- 
por load, for the reason that the vapors are much re- 
duced in volume by the pressure, whereas the liquid 
is not. Such high pressure columns are small in di- 


ameter as compared to columns that operate at at- 
mospheric pressure or under vacuum. In columns 
of small diameter there is necessarily some cramping 
of overflows and an increase of liquid load as feed 
or reflux is likely to flood the plates. When an at- 
tempt is made to increase the reflux ratio under such 
conditions, spray and carry-over begin and the col- 
umn functioning is impaired. The flexibility of the 
column then of necessity will be small. Although it 
may seem eminently desirable to have a compact col- 
umn of small diameter with a large through-put ca- 
pacity one would do well to check up on the over- 
flows and give consideration as to whether or not the 
plates will carry any considerable overload. 

The depth of liquid on a plate is determined by the 
height of the overflows, the diameter or length of 
weir and the volume of liquid which passes over a 
given period. The additional height to which the 
liquid will rise above the plate is given by the weir 
formula 


O = 333% 

when Q = volume of liquid in cubic feet per second 
1 = circumference or length of weir 
h = height in feet of liquid above the weir 


Unless the liquid overflow pipes are of ample ca- 
pacity to accommodate a high liquid load, there is 
small chance of being able to increase the reflux 
ratio. An attempt to force the column will only 
cause the liquid on one plate to back up against the 
vapor passages of the next above and so on up to the 
top and over. The most important single variable 
in column operation is thus limited; that is, the re- 
flux. It is very probable that columns of larger di- 
ameter than those now used would provide more ef- 
ficient operation over the life of the average plant, 
although in new plants where initial production is 
heavy in comparison to any future supply, it is some- 
times advisable to under design the column and sac- 
rifice some efficiency of separation at the start. 

Where separation in the column has been imper- 
fect and the overhead distillate contains hydrocar- 
bons which could well remain in the kettle product, 
an increase in the rate of reflux will cause a better 
separation and give increased yields. 


BASIS OF COLUMN DESIGN 
The following information and data should be 
available: 

1. The amount of feed to the column. 

2. The composition of the feed up to hexane. 

3. The pressure and temperature of the feed. 

4. The highest temperature likely in the cooling 
medium for the reflux condensers. 

5. The composition permissible for the products 
which are to be separated within the limits of spect 
fications. 

The steps in computations are then somewhat 4s 
follows: 
1. Determine what the composition of the distil 
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late and residue should be to give the greatest yield 
of the desired product. 

2. Calculate the pressure necessary to the reflux 
condenser in order to insure the distillate having the 
composition desired. 

3. Arbitrarily select a value for the reflux. 

4. Calculate the composition and the amount of 
reflux. 

5. Calculate the number of heat units required for 
the reboiler and the number of heat units to be ab- 
stracted in the reflux condenser in order to give the 
correct reflux ratio. This can be made in the form 
of a curve for a number of different values. 

6. Calculate the temperature and the amount of 
vaporization on the feed plate. 

7. Calcluate what the kettle temperature should 
be. 

8. Use the Hausbrand Equation to calculate the 
concentrations and temperatures on the plates of the 
column. 

9. Calculate the vapor composition from the top 
plate and the composition of the liquid on it. 

10. The results of the calculations are then in- 
spected and whatever adjustments necessary are 
made in the reflux which was arbitrarily assumed. 

11. If the residue (kettle product) will not toler- 
ate appreciable quantities of some low boiling con- 
stituent such as, for example, propane or isobutane 
(lower boiling, of course, excluded) calculate what 
the amounts of this constituent likely to be found on 
each plate beginning at the bottom plate and select a 


Mol or Volume Mol or Volume 


Hydrocarbon Per Cent Hydrocarbon Per Cent 
Methane. re 15 tenes 6 Fi ss s Se 10 
PAMOMO? foc cS oxi tS KS 10 Peritanes: odie Sa cca 15 
Pian Ce oS peal 30 Hexane and heavier... 15 
TSONSIEHE Sake ek 5 


Assume that a column with an overhead reflux 
condenser is to be used in which it is possible to 
maintain an effective of 80°F. It is desired to sep- 
arate all butanes and heavier in one fraction (res- 
idue) and all the isobutane and lighter as overhead 
distillate. Some butane and heavier will remain in 
the distillate and some isobutane and lighter will re- 
main in the residue. The feed is to be injected into 
the column at 100°F. The distillate and residue are 
then divided as follows: 


Hydrocarbon Distillate Residue 
Mols Mol % Mols Mol % 

Methane 15 25.0 

Ethane 10 16.7 

Propane 30 50.0 

Isobutane 5 8.3 

Butane 10 25.0 

Pentanes 15 37.5 

Hexanes + 15 J45 


The approximate operating pressure is calculated: 


X2= 167 P. = 586 lbs. abs. = V. P. ethane at 80° F. 
Xs = .50 P; = 143 lbs. abs. = V. P. propane at 80° F. 
(ix), = .083 (IP),= 54.2 Ibs. abs. = V. P. isobutane at 80° F. 


Equating to unit xy 
0.167 0.50 .083 
586 54.2 








7 = 189 lbs. absolute 174 Ibs. gauge 
The operating pressure is therefore set as 174, pounds 
gauge. 

Next the amount of vaporization of the feed will 
be calculated from the analysis. The operating pres- 
sure is 189 Ibs. abs. and the temperature 100° F. 


























suitable feed plate. 189 Ib Fal ot 
12. Calculate at what plate above the feed plate es isos ee e P 
the lowest boiling constituent desirable in the res- P =4100 ibs. — =21.67 ack es een 
idue becomes unappreciable. Ps P, 
13. The above operations are checked by comput- P= 750 lbs. — = 3.96 Lae 
ing the concentrations from the top plate down to the P, Ps 
feed plate. When the two calculations show sub- P= 1% Ibs. — = 1.02 ae 
stantially the same results the problem is solved. IP, IP, 
For each value of reflux, all operations must be re- IP.= 78 lbs. — = 041 oe 
peated. The calculations at best are tedious and P, P, 
cumbersome. Certain assumptions must necessarily P= 56 lbs. — = 0.30 ~~ = 
be made. P. P, 
-The usual design of column provides for three P;= 19 lbs. — = 0.10 1— — = +6.90 
points of feed so that changes can be made as con- >, P, 
ditions warrant. The best that can be done by pre- Pe. = 4 lbs. — = 0.02 1— — = +098 
eaaty calculations is to approximate within fairly F STEP 2. ‘ 
close 'imits, leaving final adjustments to be made _  100x “00x 
34 age sia The design however can be rather "uation Seen 100 P + L (1—P) 
osely determined, or at least close enough Where L = pound mols of Liquid. Try L=55 
for all practical purposes. 100x 15 100 ix. 5 
(1) = = .0145 (4) = =— = .0682 
PROBLEMS L 2167—1135 L 41 + 32.4 
100x: 10 100 x« 10 
The above points can perhaps best be il- (2) “4 ” 206.1025 = .0428 (5) L at 30 + 38 = 
| _ . . 96— . 
tes by the solution of specific prob- 100xs 30 100 xs 15 
ems. Suppose, for example, that the feed (3) me = .298 (6) 29s = 0.252 
Stock from the accumulators of a natural gaso- wie wee _ a st 
line plant has the following average composi- (7) = = 0.264 


tion by analysis: 0 
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2+ 54 


54.9 
Equation numbers (1)+(2)+(3)+(4+(5)+(6)+(7)+ = 1.0865 


55 











As the sum of the values of the equations are 
greater than 1 the value of L = 55 is too low. There- 
fore L = 70 is tried. The computations give 0.9767 


which is a little high. By interpolation: 
1.0865 — 0.9767 = 0.1098 
1.6865 — 1.000 = 0.0865 


0.865 = 0.1098 = 0.788 
55 + 7.88 = 62.9% 


The approximate molar percentage of liquid is 
62.9% and that of gas 37.1% by difference. 


STEP 3. 
The liquid and gas composition are now calculated: 
Liquid Mols Gas Mols 
62.9 « 15 15— 1.09= 13.91 
4 =——— = 10 
2167—1300 
62.9 « 10 10— 2.99= 7.01 
C:H. = —————-= _ 2.99 
396 — 1.86 
62.9 « 30 30 — 18.70 = 11.30 
C:H; = —————_ = 18.70 
102 — 1.3 
62.9 & 15 5— 402= 0.98 
Iso C,H = —————- = 4.02 
41 + 37.3 
62.9 15 10— 8.50= 1.50 
C,H»= = 14.15 
30 + 44 
62.9 « 15 15—14.15= 0.85 
CsHu= = 14.15 
10 + 56.6 
62.9 < 15 15—14.84= 0.16 
C.Hu= —————_ = 14.84 
2+ 61.6 
4 = 64.29 G = 35.71 


The percentage composition of liquid and gas will 
be found by dividing the mols of each hydrocarbon 
by 64.3 and 35.7 respectively. 


Hydrocarbon % in Liquid % in Gas 
Methane 1.7 39.0 
Ethane 4.7 19.8 
Propane 29.1 31.5 
Isobutane 6.2 Pay 
Butane 13.1 4.2 
Pentane 22.0 2.4 
Hexanes Plus 23.2 0.4 
Total 100.0 100.0 


The composition at other feed temperatures either 
higher or lower may be calculated in a similar man- 
ner. Better checks may be secured by carrying the 
calculations to closer approximation than here shown. 

Next the approximate composition of the conden- 
sate from the reflux condenser may be calculated. 
This is done as follows: 

The condenser temperature has been set as 80° F. 
and the operating pressure as 189 lbs. abs. Assuming 
for all practical purposes that no methane will be 
condensed and referring to previous calculations rel- 
ative to the determination of operating pressure 


S06. we = 367K 189 <X 100 
x2 = 5.2 % ethane 

143 xs= .50 XK 189 X 100 

Xs= 66.0 % propane 

54.2 (ix)s= 0.83 &K 189 & 100 

(ix)«<= 28.8 % isobutane 





The next step is to determine the ratio of reflux 
to distillate. After the reflux ratio has been deter- 
mined the composition of the liquid on the top plate 
is arrived at by successive approximation. With a 
reflux ratio of 3 to 1 the procedure is as follows: 


Total Mols Per_Cent 

ON ee re re 25 o 250 6.250 

MEME scalp eera aie 167+ (3X 5.2) = 32.3 8.075 

ye re 50.0 + (3 & 66.0) = 248.0 62.000 

Co SS ere er 8.3 + (3 X 28.8) = 94.7 23.675 
Total mols ....... 400.0 100.0 


The P2x: = 0.08075 (189) 
Psxs=0.62 (189) 
(IP)sx. = 0.23675 (189) 

It is necessary now to select a temperature for the 
top plate so that P,, P, and P, are known from their 
vapor pressure curves. When the temperature se- 
lected is the correct one, 

X2 + Xs oh (ix) = 1 at 120° F. 
V.P. of Ethane = 970 lbs. abs. (extrapolated) 


V.P. of Propane = 237 Ibs. abs. 
V.P. of Isobutane = 100.5 Ibs. abs. 


0.08075 189 











x; = = 0.016 

970 
0.62 189 

X3 — — 0.494 

237 
0.23675 & 189 

(ix a = = 0.448 

100.5 


Total = 0.958 


The value of x, + x, + (ix), is less than one, 
therefore the temperature selected is too high. Try 
115° F. which will be found to give x, + ;, (ix),= 
1.012. This is greater than unity, so the selected tem- 
perature of 115° F. is too low. The true temperature 
lies somewhere between the two. By interpolation 
the temperature of the liquid on the top plate will be 
found to be 116° F. 

Inasmuch as the operating pressure for the col- 
umn has been determined and the composition of the 
materials within the still are known, the vapor pres- 
sure of the liquid at all points must be equal to the 
operating pressure. The composition of the kettle 
product has been arbitrarily fixed and its vapor pres- 
sure curve may be determined either by Raoults Law 
or by the use of the Clausius Claperyon equation 
using values for the molecular latent heat from 
Troutons rule as modified by the Hildebrand func- 
tion for pressure. For more exact purposes the ex- 
perimentally determined value of T for the desired 
kettle product may be used, which will be the tem- 
perature in the vapor pressure curve where P = 189 
ibs. absolute. 

The subject of high pressure stabilization will be 
continued in subsequent articles. The tediousness of 
the methods used are unavoidable due to the com- 
plexity of the mixtures under consideration. 
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TE. highly competitive petroleum refining 
industry, developing and progressing with startling rapidity in its technical 
achievements, demands that the executive directing personnel, the scientific 
departments, supervisory and operating staffs, and members of concerns 
supplying the industry, have full knowledge of all unit operations employed 
in the processing of petroleum and natural gas. 

Refiner and Natural Gasoline Manufacturer, realizing the importance 
of process development in this industry, has chosen the use of process flow 
charts, the handiest tool of the ergineering profession, as a means of pre- 
senting a comprehensive graphic treatise covering practically all of the 
manufacturing processes embraced in modern refining practice. 

This reference work of refining processes is designed with the view 
of providing the industry with a thorough and authoritative hand-book of 
modern plant practice, thus filling a need often expressed to the editors of 
Refiner and Natural Gasoline Manufacturer for an instantly available 
treatise for study and comparison—a comprehensive summary of funda- 
mental precessing or manufacturing operations. 

Space limitations have made it impossible to include all of the possible 
combinations and hook-ups. On the other hand, the following presentation 
of 84 types of processes, represents the most complete compilation of this 
type ever undertaken in the industry, and provides a work wherein up-to- 
date primary working charts of all modern processes are available to those 
who demand efficiency of both equipment and men. 

In practically all instances where individual process units are presented, 
not only is the primary equipment shown in the drawing or editorially 
presented, but the use of practically all types of auxiliary equipment is 
shown and discussed. This rounding out of the program of presentation 
adds materially to the value of the work for without the auxiliaries of 
control and regulation, pumping, condensing, cooling and firing, by far the 
greater majority of refining processes could not be operated. This addi- 
tional detail, although adding to the burden of compilation of the reference 
work, enhances the value to the student of processes; the subject matter 
indicates the necessity of the auxiliaries and the manner of their applica- 
tion to the given process. 

The material incorporated in the following pages has been secured 
through the cooperation of manufacturers and owners of patented proc- 
esses, and in most instances prepared exclusively for this use and with the 
expressed understanding that it will not be reprinted. It is fully copy- 
righted. Permission for reprinting, in any form, must be secured from 
the publisher. 
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N unusual design is incorporated in the Doherty 
A Interchange tower as it functions in atmospheric 
distillation work, at the Petty Island, New Jer- 
sey, plant of Crew-Levick Company, a Cities Service 
subsidiary. The novel units were designed by D. G. 
Brandt of the Doherty Research Company, 60 Wall 
Street, New York, and the data presented here, and the 
flow chart appearing on the opposite page appear 
through the co-operation of that company. 

The unit differs from the customary tube still heat 
and fractionating tower topping unit, in that the tem- 
perature gradient over the bubble decks is fixed and 
controlled by reflux added on each tray from a frac- 
tional condenser. In most tower designs the reflux 
enters at the top of the tower for temperature control 
and the tower acts as a heat machine for the conversion 
of high temperature heat entering the bottom of the 
tower, into low temperature heat leaving the top of the 
column. Under such conditions there is more low tem- 
perature heat developed in the process than can be 
absorbed by the incoming crude at the available tem- 
perature. 

The Doherty Interchange unit is designed on a con- 
stant heat temperature gradient, using the three major 
products from the tower, that is the vapors, the gas oil, 
and residuum, to interchange with the incoming crude. 
This interchange is carried on in a three-compartment 
interchanger in which the crude enters the bottom of 
the shell and the other streams pass through the tubes 
of the exchanger in their independent circuits. 

Three sections are incorporated in the design of these 
exchangers, as shown in the drawing. The vapors make 
a single pass through, while the fue! oil and gas oil 
each enter compartments on one side of the iube bundle 
and leave through compartments on the other side. 
Through the use of these interchangers is effected the 
maximum recovery of heat available by preheating to 
crude to approximately 450° F., where it enters the 
tubular heater and the products from the main tower 
are cooled and condensed to approximately 150° F. by 
this heat exchange. 

The tower differs from the ordinary type of bubble 
tray columns in that above each of the bubble cap trays 
1s a blank plate, or a dead plate, as shown in the accom- 
panying drawing, and this plate completely seals off 
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each bubble cap section except for a six-inch down-pipe 
welded through each blank plate which takes the over- 
flow liquid from the plate above and delivers it to the 
next lower plate. The vapors are taken out from below 
the dead plate and pass through the tubes of the e«- 
changer and re-enter the tower above the dead plate. 
Condensate formed in this partial condenser is trapped 
on to the bubble tray below. In this manner the tower 
has reflux added on each of the bubble trays and the 
total amount of the reflux to the tower is greater at the 
bottom of the column than at the top, thus allowing 
maximum fractionation at the top of the tower. 

Reflux from the tower is picked up from the bottom 
section with a pump and passed through a portion of 
the tubes in the heater, and discharged into the auxili- 
ary naphtha and furnace oil tower, which is of the 
usual bubble type construction. 

This tower strips off a small percentage of naphtha 
as an overhead stream. The kerosene and furnace oil 
are removed as side streams from the column, passed 
through a stripping section and flashed to specifica- 
tions. 

The fuel oil from the bottom of the main tower is 
circulated through the bottoms heater of this auxiliary 
tower, and together with the partial pressure of steam, 
forms the vapors from which the naphtha, kerosene and 
furnace oil fractions are made. The fuel oil is then 
sent back through the three-pass exchangers and utiliz- 
ing for preheating the crude, while it is itself cooled by 
the crude. 


The main tower operates with no temperature control 
on the top of the column, as the heat capacity is so great 
that small fluctuations are ironed out; and once the 
crude supply is established and the amount of fuel oil 
split between the auxiliary cooler and the crude oil 
circuit through the crude oil heat exchangers, no 
control is necessary, as the tower is automatically in 
balance and remains in balance so long as the rate of 
crude supply does not change and the temperature 
of the pipe still outlet is kept somewhere near uni- 
form, 

The unit operates on a fuel oil consumption of from 
1.3 to 1.6 per cent of the crude when distilling upward 
to 60 per cent of the total crude in overhead products. 








D°’Yarmett Proeess 


Processes, Inc., 3409 East 18 Street, Kansas 

City), is unique in its method of distillation of 
petroleum oils as it heats the liquid in the form of a 
thin, uniform, rapidly moving film. Vapors from the 
oil are removed from the liquid body of the oil as 
rapidly as their temperature is reached, and cannot again 
come in contact with the heated surface of the vessel 
before being removed as vapors. The result of this 
method of heat treatment is that no part of the product 
is overheated. 

The process covers all the range of distillation in the 
refining of petroleum oils, whether it be the reducing of 
crudes, cracking, production of lubricating oils or re- 
running. In each of these cases a greater yield of higher 
quality products is obtained at reduced costs. 

The apparatus employed in this heating method con- 
sists of a vertical cylindrical vessel accurately machined, 
inside of which is a revolving shaft. Mounted on the 
shaft are blades equally spaced in circumference and 
uniform distance from the inside wall of the vessel. 
The filming blades are rotated at a speed sufficient to 
maintain the liquid in a film, and move it rapidly over 
the surface of the vessel which is receiving heat from 
products of combustion. The shaft is mounted in proper 
bearings at each end, the bearings being completely 
sealed from the processing vessel. The shaft is driven 
by a turbine located at the lower end. 

In the accompanying flow sheets it will be noted that 
the oil enters the processing vessel at the top, and vapors 
and liquid removed separately at the bottom. This flow 
can be reversed as occasion may require. 

Flow sheet number 1, on the opposite page, diagram- 
matically indicates the cycle of operation of the process, 
charging crude, for a maximum economical yield of 
gasoline. The plant consists of three processing stages 
A, B and C, with each stage having its own fractionat- 
ing column AF, BF and CF. 

Crude is continuously charged to the first heating 
stage vessel A, through conventional heat exchangers. 
In this stage the straight run gasoline and kerosene, 
if desired, may be removed at substantially atmospheric 
pressure, and the reduced crude charged to the second 
stage B; or, stage A may be operated under pressure 
for cracking and the gas oil from the bottom of the 
fractionating column AF becomes the charging stock 
for the second stage B. The operation of the first stage 
is determined from the nature of the crude to be 
processed. 

Reduced crude or gas oil in its hot state is charged 
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under pressure by hot oil pump to second stage heating 
vessel B where substantial cracking occurs. The pres- 
sure and temperature will, of course vary according to 
the particular oil being processed. Again, the gas oil 
from the bottom of the fractionating column BF, be- 
comes charging stock for the third stage C. It is to be 
noted that in neither of the first two stages is recycling, 
as it is commonly termed, done, as the gas oil from the 
operation is quite different in its character from the 
initial charge. 

Hot gas oil from the second stage is charged under 
higher pressure to the third stage heating vessel C, 
The difference in operation of this stage is that the gas 
oil from the fractionating column CF is returned as 
charging stock, it being very similar in characteristics 
to that from the second stage. 

The cycle described and indicated by Flow Sheet 1, 
when processing an average Mid-Continent crude of 
36/38 A.P.I. gravity, such as Oklahoma City crude, 
taking five per cent kerosene off, will economically pro- 
duce about 75 per cent gasoline of high quality, and 
requires no chemical treatment such as sulphuric acid 
due to the fact that no fraction of the product has been 
overheated. The residual fuel oil is of a good com- 
mercial grade. 

Flow Sheet 2 indicates the cycle of operation when 
processing an asphalt base crude for the production of 
lubricating oils. In connection with this illustration, is 
shown the typical application of the heat which is of the 
greatest importance in all distillation. The furnace is of 
the flue gas recirculation type and is designed on well 
established principles, so as to deliver to the processing 
vessels a large volume of gases at high velocity and 
mild temperature. 

In the production of lubricating oils from asphaltic 
base crudes the heating stage A is the same as in gasoline 
production. The crude is evaporated to the desired 
asphalt base which is removed from the bottom of the 
column AE. Vapors pass to the fractionating column 
AF and separate into as many streams as are desirable. 
The gas oil (assuming the crude contains little or no 
gasoline) is then processed in the same manner as if 
second and third stages (A and C) in Flow Sheet 1. 

While the process can be operated under reduced 
pressure (vacuum), it has been determined that operat 
ing under pressure above atmospheric, and reducing the 
asphalt to 40 penetration, the lubricating oils are prac 
tically free of carbon and therefore do not require such 
treatment as sulphuric acid, and are only clay filtered 
for desired color. 
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Foster Wheeler Atmospheric Unit 


V FOR ASPHALTIC CRUDE 


mospheric topping unit which removes the 

lighter fractions from 15,000 barrels per day of 
asphaltic base crude, designed by Foster Wheeler 
Corporation, 165 Broadway, New York. The unit 
operates according to the procedure shown by the 
accompanying flow diagram. The crude charge is 
pumped in series through two heat exchangers in the 
overhead vapor line, an insulated settling tank, two 
liquid to liquid in the overhead gas oil line and two 
liquid heat exchangers in the residuum line. The 
crude is thus delivered to the tube still preheated to 
a temperature of 350° F. 

The purpose of the settling tank is to remove 
water and sediment from the crude before the charge 
enters the liquid to liquid heat exchangers or tube 
still. For effective removal of water and sediment, 
the charge must be heated. The settling tank is 
therefore, placed in the crude line after the vapor 
heat exchangers. The settling tank is large enough 
to hold an hours’ supply of crude for the unit and is 
arranged so that the crude charge flows slowly 
through the tank, remaining there about one hour. 
The tank is well insulated to prevent appreciable heat 
loss while the impurities are being removed from the 
charge. The dregs from the settling tank are used 
as fuel oil in the tube still thus eliminating any dis- 
posal trouble. 

The tube still is of the standard Foster Wheeler 
design consisting of a convection bank of extended 
surface tubes and a radiant heat absorbing bank of 
bare tubes located in the roof. There is also included 
an extended surface superheater between the top and 
bottom sections of the convection bank of oil heat- 
ing tubes. The preheated charge flows upward 
through the convection bank counter current to the 
gas flow and then in series through the bare tubes in 
the roof. The charge thus obtains a final temperature 
of about 550° F. at which 45 per cent of the crude 
is vaporized. 

The charge flows from the tube still into the vapor- 
izing section of the fractionating tower. Vapors flow 


Toe: picture on the opposite page shows an at- 


upward through the bubble trays and the unvaporized 
residue drops to the bottom of the tower. Open 
steam for process is admitted to the tower at the bot- 
tom and at each stripping section. This steam which 
is the exhaust from pumps, is heated to a tempera- 
ture of about 600° F. in the tube still superheater. 

Fractions recovered from the tower include gaso- 
line vapors from the top, liquid side streams of 
naphtha, kerosene and gas oil and a residuum of fuel. 
The gasoline vapor line, the gas oil liquid line and 
the fuel oil liquid line are all equipped with two 
heat exchangers of the removable bundle shell and 
tube type. The heat exchangers of each pair are op- 
erated in series, the two streams flowing in the op- 
posite directions so that maximum temperature dif- 
ferences is maintained throughout the heaters. The 
gasoline line and kerosene line are each equipped 
with two shell and tube type final coolers and each 
of the other three lines is equipped with a single shell 
and tube type final cooler. 

The condensate from the hotwell of the gasoline 
final cooler flows by gravity to the water separator 
and reflux tank. The proper amount to give the de- 
sired top tower temperature is taken from the reflux 
tank and pumped to the top of the tower as reflux, 
and the balance is delivered to the receiving house 
and thence to storage. 

The liquid side streams taken from the tower pass 
from their respective final coolers to the receiving 
house and thence to storage. 

Each of the side streams is equipped with a seal 
loop or pressure balance line of adjustable height. 
These seal. loops compensate for the different pres- 
sures encountered at various points in the tower due 
to condensation of vapors. They also counter-bal 
ance the hydrostatic head due to the columz of liquid 
from the control valve to the heat exchangers and 
coolers below; the overhead vapor line having 4a 
much shorter column of liquid from the condenser 
hotwell to the free surface in the water separator 
and reflux tank does not need a seal loop, but has in 
its place atmospheric vents on the reflux tank. 
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Southwestern Distillation Process 


| ATMOSPHERIC PRESSURE 


Texas field for atmospheric distillation or skim- 

ming type of operation is a 10,000-barrel unit 
erected by Southwestern Engineering Corporation, Los 
Angeles, California, which was designed to secure com- 
pactness of layout with convenience and accessibility of 
equipment. The distillation unit occupies an area of 50 
by 150 feet. 

The plant is designed to make the following cuts, a 
light gasoline of approximately 68 A. P. I. having 90 
per cent distillation point at 310° F. and an end point 
of 349° F., a naphtha cut of approximately 47 A. P. I. 
having an end point of 437° A. P. L, a 41 A. P. I. 
kerosene distillate, a 36 A. P. I. gas oil and a 23 A. P. 
I. residuum. 

The equipment which is essentially of Southwestern 
construction consists of a tube still, two fractionating 
columns, a stripper column, a light gasoline condenser 
consisting of three units, a main condenser and vapor 
heat exchanger consisting of five units, a kerosene cool- 
er, a gas oil heat exchanger and cooler, two fuel ex- 
changers, one gravity and one pressure, and two resid- 
uum coolers. In addition to these there are receivers, 
a salt drum, and the necessary supporting structure. 
Fluids are circulated by eight Worthington duplex re- 
ciprocating pumps. Temperatures are controlled by 
Brown electrical instruments. 

The still is of tubular construction using five-inch 
O.D. seamless tubes, 45 per cent being in the radiant 
section and 55 per cent in the convection zone. The 
convection zone also contains a superheater for the dis- 
tillation steam. The tubes are carried by the steel frame 
independent of the brick work. This frame also carries 
insulated steel tube doors, a walkway, suspension mem- 
bers for the flat arch roof and a steel trussed corru- 
gated iron canopy. Transite is used for the exterior of 
the still. 

The bubble towers are of welded construction and 
bubble trays, sufficient in number to meet the frac- 
tionation requirements, are of steel, utilizing cast iron 
bubble caps. A kerosene stripping column forms an 
adjunct to the main tower. Manholes are provided 
above and below all trays in all towers. 

Heat exchange and condenser equipment is of cir- 
cular Southwestern design, which utilizes short tubes 
arranged for multiple pass flow, high velocities and high 
transfer rates. The cover plates of this equipment are 
hinged, which fact, coupled with the short tubes em- 
ployed, facilitates cleaning and tube replacement. It 
also makes possible the use of a comparatively small 
steel supporting structure, which carries the equipment 
at an elevation sufficiently high for gravity flow to 
storage. : 


. MONG the newer plants installed in the East 


The importance of accurate temperature measure- 
ments and control was fully appreciated, with the result 
that the new Brown potentiometer pyrometers were in- 
stalled. These instruments, with their motor operated 
valves, control vital temperatures. Other temperatures 
are recorded and an indicating pyrometer makes pos- 
sible the determination of all plant temperatures from 
one central point. 

The distilling process is essentially as follows: Light 
gasoline is removed from the top of the first fraction- 
ator. Heat for this is furnished by passing the crude 
first through the vapor heat exchanger, where an un- 
usually large percentage of overhead heat is removed. 
Additional heat is picked up and economies effected 
by the use of the gas oil exchanger and exchangers for 
the residuum. As a supplement to the heat derived 
from the above, a few coils in the convection bank of 
the tube still are supplied. The result of this ample 
heating capacity is that the light gasoline is entirely 
removed with the minimum amount of fractionation 
steam consumed; approximately 400 pounds an hour 
being used during average operating conditions. 

In order that the least possible difficulty should be 
encountered as the result of salt water in the crude, a 
salt drum was installed between the exchangers at a 
point where the maximum temperature could be reached 
with the minimum vaporization of water. This salt 
drum acts as a dehydrator for the removal of a consid- 
erable percentage of the salt water. 

The bottoms from the primary tower, at a tempera- 
ture of approximately 330° F. is picked up by a pump 
and discharged through the tube still, flowing first 
through the convection tubes, thence to the front radi- 
ant tubes, and finally to the radiant tubes below the 
roof. The temperature leaving the still is about 600°F., 
at which temperature it enters the main fractionator. 

From this tower, naphtha is taken overhead and con- 
densed. Kerosene distillate leaves as a side cut to be 
stripped in the external stripper, from which it dis- 
charges through a cooler to storage. The gas oil is like- 
wise removed as a side stream, stripping being accom- 
plished within the tower itself. It then passes through 
a heat exchanger and cooler to storage. The bottoms 
from the tower gravitate through one heat exchanger 
and is then pumped through the remaining heat ex- 
changer and coolers to storage. 

As is customary with this type of tower, part of the con- 
densed overhead stream is returned to the tower for reflux, 
the remainder going to the naphtha storage tanks. 

When processing 10,000 barrels per day of East Texas crude 
the entire fuel requirement for the tube still is one per cent 
and the total process steam required for the fractionator is 2600 


pounds per hour. This steam, as superheated in the tube still, 
has a temperature of 580° F. 


66 Refiner & Natural Gasoline Manufacturer—V ol. 11, No. 2 








Feb 





[ 1 — Distillation ] 





x 


ATMOSPHERIC 
DISTILATION.~ 











COURTESY, SOUTHWESTERN. ENGINEERING :- CORPORATION 


February, 1932—A Gulf Publishing Company Publication 





pa i aa a 


Winkler-Koech Atmospheric Unit 


y 


HE accompanying flow chart and photograph 
"Tiserte a (Winkler-Koch Engineering Com- 

pany, Wichita, Kansas), unit fabricated and 
erected by the European representative A. F. Craig 
& Company, Paisley, Scotland, for Omnium Interna- 
tional de Petroles at Ploesti, Roumania. This unit 
was designed to process 6000-barrels per day of any 
type of Roumanian crude oil and to take overhead 
90 per cent by volume. A total of eight cuts are 
made, seven overhead and the one residuum bottoms 
cut. The overhead cuts are light gasoline, heavy gas- 
oline, naphtha, light kerosene, heavy kerosene, light 
gas oil and heavy gas oil. 

The crude oil is charged from the crude oil storage 
tanks to the unit by a charging pump through the 
two vapor heat exchangers on the vapor line from 
the top of the bubble tower to a large water settler. 
The bottom sediment and water are drawn from this 
settler at regular intervals. The oi) © en proceeds 
from the top of the water settler through the heat 
exchanger on one of the kerosene streams, through 
the heat exchanger or the light gas oil stream, and 
through the heat exchanger on the heavy gas oil 
stream. Due to the fact that the quantity of residuum 
bottoms on this particular unit is so low, nine per 
cent, no heat exchanger was provided for the bot- 
toms. From these last exchangers the crude oil en- 
ters the flash tower. 

The light gasoline is taken off overhead in the 
flash tower. Most of the heat required for vaporiza- 
tion of this product is supplied by heat from the heat 
exchangers. However, the temperature in the bottom 
of the flash tower is controlled to whatever tempera- 
ture desired, depending upon the amount of the light 
gasoline wanted from the crude oil, by by-passing a 
small amount of the charge after passing through the 
tubes in the furnace back into the bottom of the flash 
tower. This method insures the recovery of all the 
light gasoline overhead from the flash tower regard- 
less of the functioning of the heat exchangers. This 
is particularly advantageous on this installation as 
the crude oil charged contains a very high percentage 
of salt and sand which in time will partially stop up 
the tubes in the heat exchangers. By the method de- 
scribed, holding the bottom temperature of the flash 
tower constant, any of the heat exchangers may be 
by-passed and cleaned while the unit is operating 
without any sacrifice as to yields. 

The topped crude is taken from the bottom of the 
flash tower by a hot oil pump and discharged 
through the tubes in the furnace into the bubble 
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tower. Steam is used as required in the bottom of 
the bubble tower and the bottoms stripper to pre- 
vent any appreciable amount of cracking. 


This was particularly necessary when operating 
the unit to 90 per cent overhead thereby preventing 
coke from depositing on the bottom trays in the 
tower. Also steam is used in the flash tower and all 
the stripper towers as desired. 

Automatic controllers are very essential to any dis- 
tillation unit. On this unit they are especially essen- 
tial where many different cuts are taken off. 

The unit is provided with recording automatic 
temperature controllers for controlling the tempera- 
ture on the top of the flash tower, top of the bubble 
tower, naphtha, light kerosene, and heavy kerosene 
sections in the bubble tower. By variation of these 
controllers in these different sections along with the 
use of steam in the stripper towers, the maximum 
percentage of any quality product could be produced. 
It is possible to gap all initial boiling points and end 
points of the products from the strippers. 

The flash tower is provided with an automatic liquid level 
controller which opens or closes a diaphragm valve con- 
trolling the speed of the crude oil charge pump thereby 
holding a constant level in the flash tower. A similar hook- 
up, only reverse acting, holds the level constant in the 
bottoms stripper by controlling the steam valve of a pump 
discharging residuum through a cooler box to the storage 
tank. Each of the other stripper towers is equipped with 
an automatic liquid level controller which operates a dia- 
phragm valve at the end of each cooler box, thereby holding 
a constant level in the bottom of each stripper and sending 
the excess to the run down tanks. A flow meter is installed 
in the discharge line of the hot oil pump to insure the de- 
livery of a constant supply of oil to the tubes in the furnace. 
Also there is installed a recording temperature instrument 
for recording the temperature of three points above the 
bridgewall in the furnace, a recording temperature instru- 
ment for the transfer line temperature, a temperature indi- 
cator for giving the temperatures of all the important points 
throughout the installation, a recording pressure gauge for 
the steam supplied to the unit, and indicating pressure 
gauges for all pumps and towers. The pressure of the 
steam supplied to the unit is held constant by an automatic 
pressure regulator. A back pressure regulator holds 15 
pounds per square inch on the exhaust line supplying proc- 
ess steam to the unit. 

A portion of each product is run through -the control 
house from the run-down lines through glass tubing so 
that the operator can at all times know the color of each 
product being manufactured and that run samples may be 
taken for laboratory tests. The unit is designed for com- 
plete distillation of the crude oil at a maximum efficiency 
with reference to control, flexibility, fuel, steam, and water 
consumption. 
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Wet Vacuum Distillation Process 


V (ELLIOTT DESIGN) 


lubricants or other petroleum products fall 

into one of two general classifications. These 
two general systems of operation are commonly re- 
ferred to as either wet or dry distillation. It is the 
purpose of this discussion, with the accompanying 
illustrations, to point out the fundamental factors 
entering into the design and operation of a wet or 
steam distillation process for refining petroleum prod- 
ucts under vacuum. 

The accompanying flow sheet and installation 
photograph prepared by the Elliott Company, Jean- 
nette, Pennsylvania, illustrates one of the most suc- 
cessful wet distillation vacuum units now in opera- 
tion in this country. By referring to the flow sheet 
on the opposite page, it will be observed that the 
charging stock first passes through two overhead 
condensers in series and then enters the pipe still 
in which it is raised to a temperature in this partic- 
ular case of approximately 790° F. maximum. The 
charging stock next enters the vaporizer section of 
the vacuum tower above the point at which the 
tower steam is admitted. It will be noted that there 
are only four fractionating trays in the tower above 
the vaporizer section. This is an extremely impor- 
tant factor, inasmuch as the success or failure of any 
system of vacuum distillation hinges on the ability 
of the designer to select or design equipment which 
will impose an absolute minimum of frictional re- 
sistance and static head on the vapors traveling up- 
ward through the tower. In the reflux condenser, a 
sufficient portion of the vapors are condensed in or- 
der to supply the proper amount of reflux to the 
tower to facilitate top temperature control. The un- 
condensed vapors then pass through a crude cooled 
wax distillate condenser in which the wax distillate 
is recovered. The steam, together with light ends 
or gas oil then passes into the final tubular condenser 
in which nearly all of the gas oil is condensed and 
recovered. The steam passes on, in this case, to a 
booster ejector or thermo-compressor whose func- 
tion is to compress the steam from an absolute pres- 
sure of approximately 12 mms. at its suction up to 
a pressure of approximately 63 mms., which is the 
minimum that can be obtained in this plant in an 
ordinary barometric condenser in the summer time 
when hot water is available. The non-condensible 
gases are removed from the barometric condenser 
by a small two-stage air ejector. 

It is of extreme importance in an installation of 
this kind to keep the difference in pressure between 
the suction of the booster ejector and the vaporizer 
section of the tower at an absolute minimum. It is 
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further important to make sure that the temperature 
of the water used as a cooling medium in the final 
condenser is at a temperature slightly higher than 
that corresponding to the partial pressure of water 
vapor under the operating conditions, as otherwise 
partial steam condensation in the final condenser 
cannot be avoided and will result in the presence of 
moisture in the distillate stream from the final con- 
denser. 


Extreme care is necessary in selecting transfer 
rates to be used as the basis of the design of the 
overhead condensers; particularly is this true of the 
final condenser, in view of the fact that the tubes 
are heavily insulated by a blanket of steam which is 
non-condensible at the prevailing temperatures and 
pressures and which makes it extremely difficult to 
condense out the hydrocarbon vapors in the mix- 
ture. The overall transfer rate secured in a unit in 
this service is therefore extremely low. 


It is of utmost importance to predetermine the 
quantity of hydrocarbon vapors which will be car- 
ried along with the steam from the final condenser 
to the booster ejector and subsequently deposited in 
the hotwell from the barometric condenser. The 
amount of this carry-over is dependent upon the 
temperature, steam quantity and total pressure at 
the outlet of the final condenser. The amount of 
carry-over can definitely be predetermined, although 
it cannot be entirely eliminated as theoretically its 
elimination would reduce the partial pressure of the 
oil vapor in the mixture leaving the final condenser 
to zero, which obviously precludes condensation. 

Wet vacuum distillation processes are extremely flexible 
because of the fact that the character of the product may be 
controlled by not only temperature variation but by varia- 
tions in the steam quantity supplied to the towers which, in 
turn, controls the partial pressure of the vaporized hydrocar- 
bons. In dealing with a vacuum distillation process, it is 
therefore necessary for the operators to become accustomed 
to an entirely different order of operating temperatures and 
pressures. One must become accustomed to thinking in 
terms of partial pressures and corresponding temperatures 
rather than in terms of total pressures and temperatures. 
The presence of steam in a vacuum distillation unit is of 
far greater consequence and has a much more decided ef- 
fect on the temperature than in the case of an atmospheric 
unit employing steam. 

Many of the wet vacuum systems in use today are ex- 
actly as illustrated on the flow sheet on the opposite page 
except that no booster ejector is employed. In these in- 
stallations the vacuum or absolute ‘pressure secured is lim- 
ited by the temperature of the condensing water available 
to a definite maximum value. Such installations consequent- 
ly operate at higher vacua in winter than in summer and 


in general are not so economical as the type illustrated in 
the use of steam. 


Refiner & Natural Gasoline Manufacturer—V ol. 11, No. 2 








F, 








[ I — Distillation | 

















OL 


(“cas pu a 











—___—+—_—__ > Bollo ms 


(wet - Process.) 





Vacuum 








Vacuum DistitLaTion 








FOU Oy 








papaysadas 
.. ee, 


= 








SARA AAN 


~ SS 





























February, 1932—A Gulf Publishing Company Publication 











Dry Vacuum Distillation Process 


| (ELLIOTT DESIGN) 


ANY of the fundamental factors entering into 
M the design and operation of a Dry distillation 

process are very similar to those encountered 
in connection with Wet distillation processes. 

In the Dry process, presented by the Elliott Company, 
Jeannette, Pennsylvania, no tower or process steam is 
used and, consequently, the absolute pressure main- 
tained in the system must correspond to the vaporizing 
pressure of the distillate at the operating temperature 
employed. For any given product, it is therefore neces- 
sary to maintain a considerably lower total absolute 
pressure or a higher vacuum in a dry distillation system 
than in a wet distillation system. Consequently, in a dry 
system it is of even greater importance to keep pressure 
losses throughout the system due to frictional resistance 
or static head to an absolute minimum. Excessive pres- 
sure loss in the system results in obtaining a higher 
absolute pressure at the point of vaporization than con- 
templated, which, in turn, requires the use of higher 
operating temperatures, resulting in the generation of 
excess cracked and so-called non-condensible gases 
thereby imposing a greater load on the evacuating equip- 
ment. With a greater load on the evacuating equipment, 
larger equipment is required to produce a given abso- 
lute pressure. It also follows that the operating tem- 
peratures should be kept well within a range which will 
prevent formation of cracked gases in so far as possible. 

Extremely high boiling fractions cannot be distilled 
commercially in a dry system because the absolute pres- 
sure required to accomplish the distillation is not com- 
mercially practical. Dry distillation is therefore limited 
in its application to those products which may be dis- 
tilled at commercially obtainable pressures, with operat- 
ing temperatures well below the cracking range for the 
particular product in question. 

In any vacuum distillation process the number of 
overhead or external condensers required is determined, 
of course, by the number of overhead cuts or fractions 
desired. Inasmuch as the number of condensing cham- 
bers required is proportional to the number of fractions 
to be vondensed, it is obvious that the pressure loss 
through the system is to some extent proportional to 
the number of fractions recovered. It therefore follows 
that dry distillation systems operating at extremely low 
absolute pressures are usually suitable for recovering 
only one or two fractions; for in order to recover a 
greater number of fractions, the equipment required 
would impose a sufficient pressure drop, even though de- 
signed with extreme care, to prevent securing the 
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necessary absolute pressure at the point of injection to 
accomplish vaporization. 


OPERATION 

The accompanying flow diagram illustrates a typical 
dry distillation system operating at an absolute pressure 
of 10 mms. of mercury at the point of vaporization. The 
charging stock is received hot from a previous process- 
ing operation and enters the pipe still of the vacuum 
unit in which it is raised to a temperature of about 
750° F. and at which temperature it enters the vacuum 
column. Pancake coils are employed in the tower to keep 
down the number of trays required in order to keep 
the pressure loss at a minimum. All of the vapors enter 
a single overhead condenser in which they are almost 
completely condensed and partially cooled. The dis- 
tillate removed from this condenser is further cooled in 
a separate water cooled exchanger and a portion of the 
cold reflux is pumped back to the top of the tower for 
control purposes. The non-condensible gases, plus a 
small amount of saturated hydrocarbon vapors, pass 
through a small water cooled gas cooler and subse- 
quently to the suction of the steam jet ejector. The 
steam jet ejector is of the three-stage type, employing 
barometric inter-condensers between stages. The abso- 
lute pressure at the ejector suction is approximately 
five mms. of mercury. The total pressure drop through 
the system from the point of vaporization to the ejector 
suction is only approximately five mms. 

Experience with dry distillation systems indicate that 
it is not commercial to attempt to secure absolute pres- 
sures at the point of vaporization appreciably below 
eight to 10 mms. consistently. Some installations do exist 
that are operating or are claimed to be operating at 
lesser pressures but the maintenance expense necessary 
to keep these systems absolutely tight involves expense 
that scarcely justifies the results obtained. The steam 
required to operate the steam jet vacuum producing 
equipment furthermore increases very considerably if 
the design pressure at the ejector suction is appreciably 
less than five mms. Within certain limits, however, 
which depend to some extent on the temperature of the 
water supply and pressure of the steam available, the 
lower the absolute pressure at which the system is op- 
erated the better will be the overall economy of the unit. 

There are fewer dry systems in actual use in this 
country than wet systems although the former are far 
more economical in most instances where they are ap- 
plicable. The fact that its application is more limited 
than the wet process probably accounts for its less fre- 
quent use to a very large extent. 
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HE Gover’s Process for manufacture of lubri- 
cants by vacuum distillation, using diphenyl 
as the heating medium, was perfected by Dr. 
Francis X. Govers for Indian Refining Company, 
(The Texas Corporation) Lawrenceville, Illinois. 

The process involves vacuum distillation of skim- 
ming plant residuum in especially designed distilla- 
tion units as depicted by the process flow chart and 
photograph on the opposite page. Following vac- 
uum distillation, paraffin is extracted by solvents, 
refrigeration, and pressing, then chemical treatment, 
filtration and a second vacuum distillation in a 
Govers Process unit. 

The heating medium, diphenyl, is a coal tar deriva- 
tive having a flake-like appearance in its solid state, 
sweet odor, melts to liquid state at 158° F. and en- 
ters gaseous state at 484° F. Its critical temperature 
is 913° F. and in use as a heating medium records a 
vapor pressure of only 110 pounds gauge at 750° F. 
In the search for an indirect heating medium Dr. 
Govers settled upon diphenyl, aided in the perfection 
of its manufacturing processes, and applied it to his 
needs in preference to previously used indirect heat- 
ing media such as fusible metals in a molten state, 
mercury, or sulphur in vapor state. 

Referring to the process flow chart—the diphenyl 
boiler comprises two tube sheets connected by means 
of tubes, the tubes being enclosed in an insulated 
duct. In the diphenyl vapor generator in use are 260 
tubes each 26.6 feet long, having a total of 2800 feet 
of heated surface. The upper tube sheet is part of 
the vapor drum and the lower tube sheet is provided 
with a cone, this cone being part of the circulating 
system which comprises the pipes leading from the 
cone to the circulating pump and from the vapor 
drum to the circulating pump. The heat is supplied 
to the outside of the tubes by products of combus- 
tion from the furnace, these hot gases being moved 
by means of fans not shown in the chart. 


Vapor from the diphenyl is removed from the top 
of the drum into the space surrounding the tubes in 
the evaporator, giving up its heat to the lubricating 
oil stock being circulated through the tubes to the 
evaporators, and is condensed to flow into the re- 
ceiver, thence to the return pump from which it is 
forced back into the diphenyl circulating system and 
revaporized. 


The evaporator circulating system is much the 
same in principle as that of the diphenyl boiler. 
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There is a slight difference in design, the principle 
however, of evaporation while under forced circula- 
tion being the same. The vacuum pans and com 
denser are under diminished pressure of approx 
mately 5mm absolute. 

The vaporized lubricating oil stock is carried off 
through the central tube, expands around the con 
denser tubes, is condensed and discharged by the 
barometric discharge pipe, falls into the receiver and 
is transferred by pumps into the desired storage 
tank. 

To secure good heat transfer from the products of 
combustion through the diphenyl, fairly high tem- 
perature differences are used, the hot gases leaving 
the top of the diphenyl boiler at approximately 1000° 
F. Use is made of these hot gases to furnish heat 
for a waste heat boiler, which, in this case, works 
out economically, since high pressure steam is de 
sired for the use of ejectors used on the vacuum pans 
or evaporators. 

The waste heat comes from the top of the diphenyl 
boiler down and around the tubes in the waste heat 
boiler; is then carried off through an air-preheater 
and part of the waste gases is recirculated and part 
is run up the stack. 

In the apparatus as shown, the waste heat gases 
enter the diphenyl boiler at 1800° F., leave it at 1000° 
F., enter the waste heat boiler at about 1000° F. and 
leave it at 600° F. and the gases going up the stack 
are at a temperature of about 300° F. The preheat 
ed air going into the burner is heated to 350° F. The 
steam in the waste heat boiler is under a pressure of 
150 pounds. More than sufficient steam is generated 
than is required by the system and the excess is 
passed into the main plant steam system. 

In the apparatus in use the diphenyl boiler and 
waste heat boiler take care of three evaporating 
pans, and the diphenyl boiler furnishes 15 million 
B.t.u. per hour in the form of its vapor. The dé 
phenyl is circulated through the tubes at 11 feet pet 
second and the water circulates through its heating 
tubes at the same rate. 

In this apparatus the flue gases are recirculated 
for economy, all of the parts that are heated or sup 
ply heat are thoroughly insulated and all of the pipes 
and parts of the apparatus employed for the convey 
ance of diphenyl are either steam jacketed Of 
wrapped with steam pipes to allow for the liquefat 
tion of diphenyl, in order to permit its being pumped 
and circulated in starting up the apparatus. 
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Fractional Condensation System 


| FOR VACUUM DISTILLATION UNIT 


fractional condensation of products derived from 

the column, the gas oil and pressable wax distil- 
late are separated in the fractional condensers and 
only the bright stock is taken as a side stream from 
the tower. In a process of this type conventional 
fractionation equipment is not employed because of 
the pressure drop involved. The discussion of this 
system and the diagram showing details of such an 
installation are presented here through the courtesy 
of C. H. Leach Company, 11 Park Place, New York. 
In segregating fractions through the use of this 
system water is used for cooling the final condenser, 


I: a system of vacuum distillation designed for 


and oil is employed for cooling the hotter units. Each 


of the hotter fractional condensing units is provided 
with a divided tube bundle so that the quantity and 
temperature of the cooling medium in each half or 
section of each condenser can be independently reg- 
ulated to give the best fractionation. Water can be 
substituted for the cold half of the middle unit. By 
adjustment of the oil temperatures pressable wax 
distillate is separated from gas oil and slop wax on 
either side. 

With such a design wherein the tower is not fabri- 
cated for the fractionation of light products, the col- 
umn can be assembled shorter and incorporating 
fewer trays in its assembly. Since the tower dimen- 
sions are decreased there is less pressure drop in its 
operation and high vacuum can be carried at the bot- 
tom, or lesser quantities of steam may be used. The 
design lends itself to further economy of construction 
because of its lessened height which permits mount- 
ing the condensers directly on top of the column thus 
eliminating the vapor line. With this type of assem- 
bly the reflux material is condensed in the first unit 
without appreciable pressure drop, and this reflux is 
returned directly to the upper section of the column. 
In addition the number of welded and bolted joints 
are lessened with decreased possibility of leaks. This 
also reduces expansion problems. 

In this type of operation the tower is called upon 
only to separate the bright stock from the vapors 
(gas oil, pressable wax distillate, and slop wax va- 


pors) and bottoms. The bright stock is withdrawn 
through the use of side stream apparatus, into a flash 
chamber where it is stripped with steam. The vapors 
are then condensed and separated in the fractional 
condensers, providing slop wax,pressable wax distil 
late, and gas oil as condensates 

Heavier vapors having a higher temperature fora 
given vacuum, passing through the condensing 
equipment are used to preheat the charging stock, 
in the manner shown in the diagram. The tempera 
ture of the feed can be raised to within 15° F. of the 
temperature maintained at the top of the columm, 
With this hotter feed there is less heat to be secured 
by the oil in passing through the furnace and the oil 
is in contact with the fired tubes for shorter periods 
which tends to reduce the amount of cracking by 
local overheating in the furnace. These conditions 
make it possible to reduce the firing in the furnace, 
It is further possible to employ shorter travel 
through the furnace and higher velocities can be 


used with the resultant beneficial effect of reduced} 


overheating without causing excessive pressure drop. 

There are many modifications of vacuum distilla 
tion equipment, either of the conventional fractiona- 
tion column design or the so-called non-fractionating 
column type. The design must be applied specifically 
to the individual job of distillation and fractionation 
as found on the given refinery, and in connection 
with the specific type of crudes or distillates to he 
handled. Where possible, designers wish to secure 
the maximum amount of preheat available from the 
given volume of hot vapors derived from the distil 
lation system, at the same time designing reflux com 
densers which will provide a sufficient portion of the 
vapors as condensate in order to supply the proper 
amount of reflux to the tower to facilitate temper 
ture control of the top of the column. Further, the 
success or failure of a vacuum distillate system & 
contingent upon the knowledge of the designer of the 
problems involved and his ability to produce equip 
ment which will impose the minimum of frictional 
resistance and static head on the volume of vapors 
as they rise through the tower. | 
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Mereury Vapor Process 
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HE Sun Oil Company’s mercury vapor process 
T was developed for the manufacture of lubricat- 
ing oils. 

The process as a whole covers the complete opera- 
tion from crude oil to final residuum or asphalt. 
Crude oil is topped in specially designed pipestills 
under a procedure which substantially eliminates any 
decomposition of the lubricating oil fractions. The 
topped oil is neutralized in special equipment and 
delivered continuously to the mercury vapor heated 
distillation unit. The process flow chart appended 
shows the oil and mercury cycles. 


Referring to the flow chart, the equipment consists 
in a mercury boiler, mercury vapor and condensate 
piping, a mercury heated oil film vaporizer, oil vapor 
piping, fractionating tower, oil deodorizer, oil cooler 
and condenser, reflux pump, product receiving tanks, 
oil pumps and vacuum pump or ejector. 

The vaporizer comprises a cylindrical hood rolled 
through 180 degrees and welded as a cover to a flat 
plate. To the bottom of the plate are welded smaller 
cylinders also rolled to 180 degrees. The longitudi- 
nal axis is inclined at an angle to the horizontal. The 
oil to be distilled enters at the high end and is dis- 
tributed in a thin sheet over the flat plate, flowing 
at high velocity down the slope to the outlet. 


Mercury vapor is admitted to the compartments 
on the bottom side of the plate at controlled rate. 
The mercury vapor transfers its latent heat through 
the flat plate to the flowing oil film and the mercury 
condensate flows, by gravity, back to the boiler. 
Traps are provided to permit different degrees of 
temperature in each vaporizer. “Cleanouts,” or 
gravity sumps, prevent foreign matter entering the 
boiler. Valves control the rate of flow of mercury 
vapor to each vaporizer and thus control the temper- 
ature. Due to the high coefficient of transfer, tem- 
perature differences between oil and mercury are 
very slight, in many cases only five degrees. Ex- 
treme accuracy of temperature control is thus ob- 
tained. 

The fractionating tower is of conventional design 
and requires no detail description. The oil vapors 
leaving the vaporizer are fractionated into a light 
product at the top, partially or wholly used for re- 
flux, a bottom reflux to the vaporizer consisting of 
heavy fractions and entrainment particles and a side 
stream controlled to desired flash, viscosity, color 
specifications. No steam is used. 

The deodorizer consists of an upright box, rec- 
tangular in cross section, provided with inclined stag- 
gered flow plates. The side stream cut from the 


tower flows over these plates in a thin film. Any 


contained gases are removed due to the film effect, 
resulting in the oil leaving the unit free from objec 
tionable odor. 

The oil distillation carried out in the mercury 
units is under a reduced pressure, the full beneficial 
effect of which is obtained in reduction of boiling 
point as, due to the thin film of oil, there is a com- 
plete absence of hydrostatic pressure at the point 
where heat is applied. 

Present plants require approximately one pound 
of mercury in the system for each 1000 B.t.u. de 
livered to the heating system. There is no loss of 
mercury in the process. 

The present mercury boilers operate at 750°F. to 
850°F. as required, with absolute pressures of 30 to 
67 pounds. Boiler fuel efficiency compares favorably 
with steam units. Air preheaters are necessary for 
economy and are successfully used to preheat the 
air to as high as 600°F. 

Operating cycles average 120 days on stream. Shut 
downs are more for inspection than cleaning as with 
substantially complete absence of decomposition, no 
coke is formed. 

The lubricating oil products are finished to speci 
fication, no rerunning or further treatment being re- 
quired except dewaxing in the case of paraffine base 
crudes. 
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Schulze Vacuum Process 
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CHULZE was the first to offer and develop the 

high vacuum system of distillation of lubricat- 

ing oils. Up to 1920 various low vacuum sys- 
tems had been tried and abandoned in America. Be- 
tween 1920 and 1923 several commercial installations 
had been made of the Schulze process. These plants 
were operating at a pressure of from three to 5 m/m 
absolute without the use of steam. 

The process was applied only to asphaltic base 
oils. It was particularly suited to this application on 
account of the elimination of dewaxing problems 
which would have been encountered with paraffin 
base or mixed base oils and also for the fact that a 
very marked result in saving of treating and filter- 
ing was shown by vacuum distillation compared with 
convention distillation and treating. 

The asphaltic crudes are more practical for vac- 
uum distillation since there is a more marked dif- 
ference in the boiling range of the lubricating frac- 
tions of the highest viscosity and that of the asphaltic ma- 
terial. This is partly due to the fact that these crudes carry 
lubricating fractions of much -lower boiling range than of 
those carried in mixed base crudes. Since the asphaltic ma- 
terials have about the same boiling range for both crudes 
better colored distillates can be made with the same appa- 
ratus and under the same conditions when distilling an as- 
phaltic crude than when processing a mixed base crude. 
Due to the higher boiling range in the mixed base crudes 
the conditions of temperature involving cracking are also 
approached when the heavier fractions are taken overhead. 
When distilling mixed base crudes for their heavier lubri- 
cating fractions it will be found that certain color com- 
pounds of the same boiling range as these lubricants are 
found and these must be removed chemically or by other 
means than fractionation, since fractionation is dependent 
upon a difference, in temperatures of boiling of the two ma- 
terials to be separated. 

Schulze, therefore advocated the use of his process on 
asphaltic crudes, and maintained that—the industry was 
making lubricating oils from the wrong crude, and it should 
use the asphaltic crudes for lubricating oils. 

The original Schulze units were shell stills and vacuum 
was maintained by high vacuum pumps of the dry vacuum 
mechanical type. The still, condenser system and receiving 
tanks were all held under vacuum and only the non-con- 
densible vapors were handled by the pumps. The vacuum 
pumps operated in stages, the later pumps pulling a vacuum 
on the clearance of the first stage pump. Shells operating 
under pressure of five to eight m/m absolute pressure were 
quite common. 

The process was usually operated in two stages: First a 
long lubricating cut was taken, sometimes acid treated 
lightly or given a small contact clay treatment. In other 
plants it was merely charged to a second vacuum still and 
re-distilled over caustic, where successive fractions were 
separated. 

In later plants, stills with combination pipe still and 
shell still operating on a circulating principle have been 
built. In some cases a flash chamber has been used, but in 
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no case has high fractionation been resorted to by the use 


of a conventional fractionating column. In some cases 
partial condensers have been used and cuts made by fracto- 
condensation. This allowed a slightly better segregation of 


the lubricating material and by re-distillation sharper cuts 


were obtained. 

Fractionation equipment has not been used because of 
the pressure drop involved. On asphaltic crudes the same 
re-running operation as was practiced with the old plants 
has been used, except that fracto-condensation has been re- 
sorted to for making simultaneous cuts. A modified re-run 
unit which has a special system of fractionation is also used, 


The latest system of handling a mixed base crude would 
be outlined somewhat as follows: The topped crude would 
be charged to the continuous high vacuum unit and flashed 
into a high vacuum vaporizer. Vacuum may be maintained 
with the conventional steam jets, or by a combination of 
jets and pumps. The lube distillate is taken in one long cut 
carrying all the viscous materials. This whole lube cut 
would be given a light acid treat and/or a contact clay 
treatment. This treated lube distillate would then be de 
waxed by the filter-aid system and then re-distilled in a 
slightly modified type of unit with the special fractionating 
system. In this unit the pressure is from 10 to 15 m/m but 
the fractions or cuts are taken simultaneously so as to give 
the various grades of finished oils continuously. 

Most engineers in designing and developing distillation 
equipment have maintained that low effective pressure is 
just as good as low absolute pressure. With this theory, 
they have used large quantities of steam and brought into 
use special column designs and given a system of high 
effective vacuum and high fractionation. The use of steam 
for the reduced partial pressure effect brings in quite a 
vapor burden and allowance must be made for tremendous 
volumes of this vapor by increasing the size of the tower. 
Although high effective vacuum is obtained it is apparent 
that considerable handicap is involved due to tendencies t0 
entrainment of the heavy tar materials resulting in a darket 
distillate. 

High-dry-vacuum makes the smallest equipment demand 
with the minimum vacuum pump requirement. The vapor 
burden and condenser load is eliminated. It is demonstrated 
that equipment can be built that will operate under pres- 
sures of three to five mm. Designers of high-vacuum-high- 
fractionating equipment using steam for partial pressure 
effect usually operate under minimum pressure of from 15 
to 30 mm. at the lowest pressure zone which is after the 
condensers and nearest the vacuum equipment. After pres- 
sure drop due to the fractionation, equipment and devices, 
the absolute pressure of the flash chamber or on the suf- 
face of the oil or tar in the vaporizer section has built up 
to 50 to 80 mm. In this system of vacuum-steam the actual 
effective pressure (theoretical), is between 10 and 15 mm. 
minimum. 

High vacuum of three to five mm. is commercially prac 
tical and gives excellent conditions under which distillation 
may be carried on in order to préserve the quality of the 
raw materials since, when the boiling range of the most 
valuable fractions is approached, simultaneously a critical 
condition of cracking is also presented, which brings im 
complications for separating the asphaltic materials from 
the lubricating compounds. 
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GOOD vacuum distillation unit should be flexi- 
Av economical to operate, easy to control, and 

produce the maximum yields of quality prod- 
ucts. The unit illustrated on the opposite page was 
designed to combine such features by Winkler-Koch 
Engineering Company, Wichita, Kansas. 

The flexibility of the unit is such that it can proc- 
ess any topped crude and has processed topped crude 
oil from Seminole, Garber, Henrietta, and Oklahoma 
City fields. 

The unit can be operated with or without steam. 
Normally the operation is with steam, but in the 
summertime in case the temperature of the water 
supplied to the unit is too high to produce the vac- 
uum necessary while using steam, the unit can be 
operated without the use of steam at a very high 
vacuum so that the overhead stocks are of equal 
quality to the ones produced while using steam. 


The topped crude oil is preheated in the partial 
condensers and raised to the desired temperature in 
the furnace before entering the vacuum tower. This 
outlet temperature from the furnace varies with the 
type of topped crude oil charged and the quality of 
the different cuts taken off. This has ranged from 
675 to 775° F. The higher temperature has been used 
in the manufacture of the higher viscosity bright 
stocks from the different types of topped crude oil 
charged without harming in any manner the qualities 
of the overhead products. The partial condensers are 
specially designed for the maximum amount of heat 
with the least pressure drop possible. This tem- 
perature of the topped crude oil at the outlet of 
the partial condensers varies with the different types 
of operation ranging from 420° to 480° F. This ma- 
terially reduces the fuel consumption of the unit and 
only approximately 2.0 per cent of fuel is required. 
The amount of superheated steam used varies with 
the operation, from 4500 to 5500 pounds per hour. 
The superheated steam used consists of the exhaust 
steam from this and other processes in the refinery. 
No additional live steam is required under normal 
refinery operations. 

The water system consists of two large electrically 
driven centrifugal pumps. One pump takes suction 
from the cooler tower pit and discharges through the 
barometric condenser, coolers, final condenser, and 
ejectors to the hot well. The other pump takes suc- 
tion from the hot well and discharges over the cool- 
ing tower. The maximum quantity of water is used 
in the summertime, when the inlet temperature of 
the water is about 90° F. This amounts to 5000 gal- 
lons per minute with only a rise in temperature of 


Winkier-Koeh Vacuum Unit 


the water of 6° F. With a lower inlet temperature” 
the amount of water used is considerably decreased, 


The oil enters the tower eight decks above the bot- 
tom and six decks below the trap off deck for the 
overhead bright stock. The lower decks serve as 
stripping decks for the bottoms. 


As the major part of the superheated steam used in the 
process is put into the system at the bottom of the tower, 
the bottoms are thoroughly stripped of all desired overhead — 
products. The bubble caps used are of a special design so 
as to obtain as much mixture between vapor and liquid 
with as small amount of pressure drop through the bubble 
decks as possible. In this tower the pressure drop through 
each deck is not more than 1.5 milimeters. 


The two partial condensers may serve to furnish hot re- 
flux by returning all or any part of the hot condenser prod- 
ucts from these condensers back to the tower. Also the 
piping from the condensers is so manifolded that the con- 
densate fractions, two separate fractions from each con- 
denser, may be combined in any desired proportion before 
passing through after-coolers and into the several compart- 
ments of the vacuum drum. In addition to the hot reflux 
from the reflux condenser, cold reflux consisting of any 
one or proportions of any of the various fractions from the 
condensers automatically controls the top temperature of 
the tower at whatever temperature is desired. 


Superheated steam is used in the bright stock stripper to 
strip out the lighter products that affect viscosity and 
flash point. The operation of the unit has been controlled 
to produce bright stock of any viscosity desired between 
75 and 210 seconds Saybolt Universal @ 210° F. depending 
upon the demands of the market. The flash points corre- 
sponding to these viscosities are 500 to 600° F. respectively. 
The color of the bright stock produced from the unit is 
2 Tag. Robinson when making the higher viscosity product. 


Formerly at the same refinery at which this plant is lo- 
cated, it was necessary to use 55 to 60 pounds of sulphuric 
acid per barrel to produce bright stock from a long re 
siduum. Now it is only necessary to use 18 to 20 pounds of 
sulphuric acid per barrel on the overhead raw bright stock 
from the vacuum unit to obtain an equal or better coler 
than before. 

The wax distillate produced is controlled from 75 to 9 
seconds Saybolt. Universal at 100° F. and a pour test of 
75 to 85° F. It is possible to press wax distillate straight 
from this unit of 90 seconds Saybolt Universal viscosity at 
100° F. to 0° F. pour test. 

The steam superheater heats the exhaust steam from 220° 
F. to about 750° F. in a small separate heater. The bottoms 
are removed from the tower by means of a pump auto- 
matically controlled by a liquid level controller in the 
tower. All liquid levels in the vacuum drum are auto- 
matically controlling the pumps discharging the various 
products to storage. The pumps are specially designed for 
vacuum service and the vacuum.of the system for each 
product is broken at the pumps. 

The unit is equipped with recording temperature vacuum, 
and pressure instruments for all important points in the op- 
eration. For the lesser important points indicating instrt 
ments for temperature, vacuum, and pressure are provided 
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Alco Two-Stage Distillation Process 


| LOW COLD TEST CRUDES 


TAHE processing of low cold test crude generally 

differs from that of a paraffine base crude in 
= that the distillation range is lower for a given 
Wiscosity, the product is less resistant to cracking, 
aid the problem of dewaxing is eliminated. The 
libricating fractions may be cut to the desired flash 
aad viscosity from the primary distilling unit with- 
jit the subsequent dewaxing and rerunning. 

The flow chart shows a two-stage atmospheric and 
vacuum unit for processing 12,000 (42-gallon) bar- 
is per day of low cold test crude continuously re- 
@vering gasoline, naphtha, kerosene and light gas 
dl at atmospheric pressure, overhead gas oil, five 
factions of lubricating oil and residual asphalt un- 
def vacuum. Five units of this general type are now 
being fabricated and erected by Alco Products, In- 
crporated, 220 East 42nd St., New York, N. Y. 

In operation the crude charge is taken from stor- 
age at atmospheric temperature and pumped serially 
through the vapor heat exchangers on the overhead 
gasoline stream of the atmospheric stage, the gas oil 
vapor exchanger and side stream exchangers on the 
vacuum stage, then entering the atmospheric tube 
still. The preheated crude flows through the con- 
vection bank of the still, thence through the radiant 
section of roof tubes, thence to the atmospheric frac- 
tionating tower. The overhead stream, consisting of 
gasoline vapors and steam, passes through the 
vapor heat exchanger, thence through the vapor con- 
déiser and is collected in a water separator remov- 
img the condensed steam. The gasoline condensate 
asses through a reflux makeup tank, connected to 
the suction of the reflux pump, and the final yield 


flows through the look box to storage. 


The naphtha, kerosene and gas oil side streams 
a#€@ taken directly from the tower, flow through in- 
dependent external stripping sections where each 
pieduct is brought to final boiling point specifica- 
tins. The side streams flow by gravity from their 
tépective stripping sections through the final cool- 
&$ to the look boxes in the receiving house. 

The bottoms from the atmospheric tower are 
piitped hot through the convection section of the 
vatuum still, thence through the radiant section of 
of tubes and enter the flash zone of the vacuum 
lower. The overhead gas oil vapors and steam leav- 
ig the vacuum tower pass to the Alco unit condens- 
ig system especially designed for high vacuum. 
Hete the vapors pass through the heat exchanger 


and water cooled condenser and at this point the 
temperature is reduced sufficiently to condense all 
of the gas oil vapors. The steam at this temperature 
and at the low absolute pressure remains in the 
vapor state and passes to the barometric condenser 
where it is condensed and the steam condensate and 
cooling water are removed by the tail pipe to the hot 
well. A two stage steam jet ejector maintains the 
vacuum on the system. 

The overhead gas oil condensate is collected in 
the vacuum rundown tank and part of this condens- 
ate flows to the suction of the reflux pump and the 
final yield is pumped through the sight glass to 
storage. 

Five side streams of lubricating oil controlled to 
meet varying requirements of flash, viscosity and 
cold test are brought to final specifications in sep- 
arate stripping sections. Each of these products 
flows through its respective heat exchangers to in- 
dividual vacuum rundown tanks. Individual distillate 
pumps take suction on the vacuum rundown tanks 
and the various products are pumped through the 
final coolers to storage. 

Part of the overhead condensate from each stage 
is pumped over the top tray to maintain the desired 
end point on the overhead streams. The regulation 
of the side streams is accomplished by controlling 
the temperature in the towers at the point from 
which each side stream is removed. 

The tubes in the vacuum tube still are so arranged 
that the reduced pressure is transmitted back to the 
furnace, permitting the maximum amount of latent 
heat of vaporization to be supplied by direct fire. 
The base of the tower, as well as the stripping sec- 
tions for bringing the various products to final speci- 
fications, have been designed for small liquid ca- 
pacity and rapid cooling reducing the time under 
temperature to a minimum, 

Exhaust steam from the pumping equipment is so 
regulated that it is subsequently introduced in the 
superheaters located in the tube still settings and 
superheated exhaust steam is used in the base of 
the fractionating towers and in the various stripping 
sections where flash and initial boiling point speci- 
fications are required. The steam used in the strip- 
ping towers is subsequently reintroduced at the 
point of flash to obtain a low vapor pressure in the 
flash section of each tower. 
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PARAFFIN BASE CRUDE 
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Tie past two or three years of development in 
the industry has resulted in a marked change 
in the methods of processing lubricating oil. 

Effort has been applied in the direction of more 

complete dewaxing with the result that most of the 

major oil companies now produce heavy oils with a 

cold test at or below zero from wax-bearing crudes. 

The rigidity of flash, fire and carbon residue specifi- 

cations, forced upon the refiners of Mid-Continent 

crude by severe competition, has resulted in very 
general application of methods for the production of 
overhead cylinder stocks. 


The accompanying diagrammatic flow chart shows 
a two-stage atmospheric and vacuum unit designed 
for processing 10,000 barrels per day of Mid-Con- 
tinent type crude. Two of these plants are under 
construction by Alco Products, Incorporated, 220 
East 42nd Street, New York, New York, and when 
completed each unit will continuously recover gaso- 
line, naphtha, kerosene and light gas oil at atmos- 
pheric pressure and gas oil, wax distillate, inter- 
mediate wax and overhead cylinder stock under 
vacuum. With this design consideration is given to 
the production of low end point gasoline and possible 
vapor phase, reforming of the naphtha fraction. Pro- 
| visions for the intermediate wax cut were included 
in the vacuum stage in order to be able to vary the 
viscosity of the overhead cylinder stock without 
changing the characteristics of the pressable wax 
distillate for a given wax press operation. 


The crude charge is taken from storage at atmos- 
pheric temperature and pumped serially through ex- 
changers on the overhead gasoline stream of the 
atmospheric stage, the gas oil vapor exchanger and 
the side stream exchangers on the vacuum stage and 
to the atmospheric tube still. The charge flows four 
streams in parallel through the convection bank of 
the still, thence two streams in parallel through the 
radiant section of roof tubes, and the entire charge 
enters the vaporizing section of the atmospheric frac- 
tionating tower. The overhead leaving the tower, 
consisting of gasoline vapors and steam, flows 
through the vapor heat exchanger, through the vapor 
condenser and the condensate is collected in a water 
separator removing the condensed steam. The gaso- 
line then flows through a reflux makeup tank con- 
nécted to the suction of the reflux pump, and the 
final yield flows through the look boxes to storage. 

The naphtha, kerosene and light gas oil side 
streams are taken directly from the tower and flow 
through independent external stripping sections and 
brought to final boiling point specifications. The 
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side streams flow by gravity from the stripping sec- 
tions to separate independent final coolers through 
the look boxes to storage. 

The bottoms residue from the atmospheric tower 
is picked up by a hot pump and the hot reduced 
crude flows through the convection section of the 
vacuum still, thence through the radiant section of 
roof tubes and enters the vaporizing zone of the 
vacuum tower. The overhead gas oil vapors and 
steam leaving the vacuum tower pass to the Alco 
unit condensing system especially designed for 
high vacuum. 

In the unit condenser the vapors pass through the 
heat exchanger and water cooled condenser where 
the temperature is reduced sufficiently to condense 
all of the gas oil vapors. The steam which at this 
temperature and at the low absolute pressure remains 
in the vapor state, passes to the barometric condenser 
where it is condensed and the steam condensate and 
cooling water are removed from the tail pipe to the 
hot well. 

A two-stage steam jet ejector maintains the vac- 
uum on the entire system and balances the pressure 
on the vacuum rundown tanks of the various side 
streams. The overhead gas oil condensate collects 
in the vacuum rundown tank of the unit condensing 
system. Part of this condensate flows to the suction 
of the reflux pump and the final yield is pumped 
through the sight glass to storage. 

A side stream of pressable wax distillate is taken 
directly from a bubble tray in the main fractionating 
tower and flows by gravity through the heat ex- 
changer to the vacuum rundown tank. The inter- 
mediate wax cut and overhead cylinder stock are 
brought to final specifications in independent strip- 
ping sections and flow through individual heat ex- 
changers to separate vacuum rundown tanks. The 
flux bottoms from the vacuum tower is pumped hot 
through the final cooler to storage. Individual dis- 
tillate pumps take suction on their respective dis- 
tillate tanks and the various products are pumped through 
final coolers through the sight glasses to storage. 

Exhaust steam from the pumping equipment is so regu- 
lated that it is subsequently introduced in the superheaters 
in the tube still settings and superheated exhaust steam is 
used in the base of the fractionating towers and in the 
various stripping sections. This process steam used in the 
stripping tower is subsequently re-introduced at the point 
of flash in order to obtain a low vapor pressure in the flash 
section of each tower. The use of exhaust steam for strip- 
ping the products to specifications and subsequently re- 
using this exhaust steam a second time to give the minimum 
vapor pressure at the point of flash, has effected lower dis- 
tillation temperatures than has previously been possible 
within the limits of this type of design. 
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Pennsylvanian crude exclusively is in a New 

York state refinery. This unit, designed by 
Foster Wheeler Corporation, 165 Broadway, New 
York, shown by the photograph on the opposite page, 
handles as much as 7500 barrels of crude per day. 
The crude is fractionated in a single operation into 
gasoline, kerosene, light gas oil, mineral seal oil and 
heavy gas oil, wax distillate, heavy wax distillate 
and cylinder stock bottoms. 


Tee largest two-stage distillation unit running 


Crude oil is taken from storage at atmospheric 
temperature and pressure and is preheated in various 
heat exchangers. It flows first through the heat ex- 
changers on the overhead vapor line of the atmos- 
pheric unit, then through the heat exchanger on the 
overhead vapor line of the vacuum stage and finally 
through the liquid heat exchangers on the wax dis- 
tillate and cylinder stock lines. The crude is thus 
preheated to a temperature of about 350° F. before 
it enters the convection section of the atmospheric 
tube still. 

Crude charge flows through the convection section 
and radiant section leaving the tube still at a temper- 
ature of 600° F. The convection section of the still 
is arranged for two heating elements to carry the 
charge, and the radiant section is arranged for a 
single large element to carry the charge. 

The heated charge is delivered to the atmospheric 
bubble tower near the bottom. The lighter fractions 
pass upward as vapor through the series of bubble 
trays. The heavier fractions are stripped of any en- 
trained vapor by open process of steam and flow 
over baffles to the bottom of the tower. 

The different fractions are condensed in succession 
as the vapors pass upward through the reflux on the 
various trays so that the three liquid side streams, 
kerosene, light gas oil and mineral seal oil are re- 
moved to exact specifications. The quantity of each 
stream is governed by a control valve located at the 
point where the stream is taken off. Once these 
valves are set for any given grade of crude the opera- 
tion is continuous without interruptions, any subse- 
quent control being provided for by the top and bot- 
tom tower temperature. Each of the three liquid side 
streams from the atmospheric tower flow by gravity 
through the shell and tube type coolers, thence 
through the look boxes in the receiving house and 
finally to storage. 

The lightest fractions are taken from the top of 
the tower as overhead vapors. These fractions, which 
constitute the gasoline cut, are partially condensed 
in two shell and tube type vapor heat exchangers. 
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FOSTER WHEELER PROCESS FOR 
PENNSYLVANIA CRUDE 


The balance of the vapors are condensed and the con- 
densate cooled in a shell and tube type final con 
denser and cooler. The condensate then passes 
through a water separator before being delivered to 
the reflux tank from which the desired quantity of 
reflux is pumped back into the tower above the top 
tray. 

The portion of the charge not vaporized in the at- 
mospheric tower is removed from the bottom of the 
tower and pumped to the vacuum tube still which is 
built very much like the atmospheric still except for 
a large steam superheater. Higher temperatures be 
ing required to vaporize heavier fractions, it is ad- 
visable to heat the process steam for the vacuum 
tower to a higher temperature. Vaporization in the 
atmospheric tower reduces the temperature of the 
residuum to about 550° which is the temperature at 
which it enters the vacuum tube still. The reduced 
crude is heated to about 750° F in the vacuum tube 
still and is discharged to the vaporizing section of 
the bubble tower. All fractions lighter than cylinder 
stock are then vaporized when the oil is subjected 
to the high vacuum maintained in the tower. The 
vapors pass upward through various bubble trays 
where the desired fractions are condensed out in sue 
cession, the operation being similar to that in the 
atmospheric tower except for the decreased pressure. 
Ordinarily the only liquid side stream taken from 
the vacuum tower is wax distillate, but provision 1s 
made to take a cut of heavy wax distillate or else 
run to overhead cylinder stock leaving a small per 
centage of flux residuum. The bulk of the crude re 
ceived in this refinery is of such good grade that 
cylinder stock when taken as residuum requires but 
a minimum treatment. 

Superheated steam from the tube still is used for process 
work in the tower, effectively stripping all the lighter frat 
tions from the residuum at the bottom and the lighter frat 
tions from each cut at the successive internal stripping set 
tions. The lighter fractions and the process steam are taken 
overhead as vapor. All the vapor passes through a vapor 
heat exchanger and a final condenser in which the gas oll 
vapors are condensed and the condensate cooled leaving 
the steam in vapor form. This steam is removed from the 
hotwell of the final condenser and cooler by the barometfit 
condenser and two-stage steam jet air pump. The gas oll 
condensate and the liquid side streams flow by gravity # 
vacuum run-down tanks which are also connected to 
condenser and steam jet air pumps by vacuum balance lines. 

Reciprocating oil pumps remove the products of distilla 
tion from the vacuum run-down tanks and from the bot 
tom of the tower. The fractions are pumped through look 
boxes in the receiving house and thence to storage. This 
enables the operator to keep close check upon the coléf 
of various lubricating stocks and assures the recovery of 
premium grade products. 
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Aleo Atmospherie Rerun Unit 
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T= rerunning of pressed wax distillate for the 


removal of gas oil and the recovery of closely 

fractionated neutral oils of controllable flash and 
viscosity may be conducted either at atmospheric pres- 
sure or by vacuum operation. Depending upon the crude 
from which the pressed distillate has been derived, the 
differential in quality of products obtained by vacuum 
as compared with atmospheric operation may, in many 
cases, be so small that the lower capital expenditure for 
an atmospheric unit is frequently the controlling factor 
in the final selection. 

The accompanying flow chart and photograph illus- 
trates an Alco atmospheric type of rerun unit, Alco 
Products, Inc., 220 East 42 Street, New York, New 
York, which operates alternately on pressed wax dis- 
tillate and cylinder stock solution. The plant has been 
designed with a high degree of flexibility which per- 
mits changing the operation without shutdown or loss 
in yield. 

Based upon actual operating data when producing red 
oil bottoms with a viscosity of 240-250 seconds S.U. 
at 100° F. from 3000 barrels per day of Mid-Continent 
pressed wax distillate, the unit operates according to 
the following cycle: 


The charge of pressed distillate is picked up by the 
charging pump which discharges through the heat ex- 
changers on the overhead vapor stream and the bottoms 
stream and enters the lower part of the convection bank 
of the furnace at a temperature of 370° F. The pre- 
heated charge flows continuously through the convec- 
tion bank and serially through the lower row of roof 
tubes, the wall tubes and leaves the upper row of roof 
tubes at an outlet temperature of approximately 700° F. 
While the operation outlined was for the production of 
240-250 viscosity bottoms, it is estimated that the fur- 
nace outlet temperature required for 300 viscosity bot- 
toms will not exceed 750° F. 

From the furnace the charge enters the flash chamber 
section of a single fractionating tower operating at sub- 
stantially atmospheric pressure. This tower is arranged 
for the removal of one overhead vapor stream, two 
liquid side streams and the bottoms, although in actual 


FOR LUBRICATING OILS 








operation only one side stream of 74 viscosity neutral 
was removed. The overhead products from the tower, 
consisting of gas oil vapor and steam, flow to a vapor 
heat exchanger, thence to the vapor condenser whee 
final condensing of the gas oil and steam is effected to 
gether with adequate sub-cooling of the mixed cop 
densate. Separation of the gas oil and water takes plate 
in a water separator from which the gas oil passes to 
a reflux drum. A reflux pump returns a portion of the 
gas oil to the top tray of the tower to maintain a tem 
perature of approximately 535° F. at this point while 
the remainder of the gas oil flows to storage. 

Each side stream flows from the tower to separate 
external stripping sections and the finished products flow 
by gravity through the cooling equipment to the look 
boxes in the receiving house. Specifications of the side 
streams are controlled in the receiving house by mait- 
taining the desired constant temperature in the frat 
tionating tower at the point of removal. 

Low pressure steam is superheated in a superheater 
located in the convection bank of the tube still and 
subsequently introduced into the fractionating tower 
and in the stripping sections. 

It was found that when operating this unit on Mi¢ 
Continent pressed wax distillate the amount of sulfutic 
acid per barrel required to treat the 240-250 viscosity 
product was reduced to one-half of that required for 
the same viscosity product made in a batch shell stil 
operation. This saving in acid represents considerable 
economy for the operation. 

The actual yield of the 240-250 S.S.U. viscosity stock 
was 102 per cent of the laboratory yields as determined 
with a true boiling point column operated at 2.5 mm 
absolute while the actual yield of 74. viscosity stock Was 
100.7 per cent of the laboratory yield as determined hy 
the same method. 

The actual steam consumption was under 18 pounts 
per barrel of charge with a fuel consumption of ap 
proximately 1.9 per cent of the throughput and 75 per 
cent furnace efficiency as a result of the exit flue ga 
being at a temperature only 70° F. above the inlet al 
when firing gas and operating at 11 per cent CO,;m™ 
the furnace. 
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Crude Naphtha Redistillation 
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NE of the most important refinery operations 

in, the manufacture of motor fuels to meet 

present marketing requirements is the proc- 
essing of crude naphtha to reduce treating require- 
ments in the preparation of cracked gasoline. A large 
southern refinery using a high sulphur crude pro- 
duces a premium grade of motor fuel at a minimum 
cost by rerunning the raw naphtha from the crack- 
ing plant before treating. The raw naphtha is run 
through a single stage atmospheric distillation unit, 
designed by Foster Wheeler Corporation, 165 Broad- 
way, New York, recovering in continuous streams, 
gasoline, kerosene and charging stock bottoms. By 
rerunning the crude naphtha before treating a large 
amount of treating is eliminated with resultant sav- 
ing in cost. 

Raw crude naphtha is picked up from storage and 
run first through one of the two heat exchangers in 
the overhead vapor line and then through the heat 
exchanger on the bottoms line. The charge thus en- 
ters the tube still preheated to a temperature of about 
250° F. The crude naphtha then flows through the 
tube still and enters the tower at a temperature of 
550° F, 

The tube still is of the standard Foster Wheeler 
design using the extended surface heating elements 
in the convection or main heating bank. Oil enters 
the lower part of the convection bank where the 
gases are the coolest and flows through two elements 
in parallel. These elements are of seamless steel tub- 
ing with large gilled type rings shrunk on to give a 
maximum heating surface per lineal foot of tube, 
thus compensating for-the low gas temperature and 
relatively low temperature difference between the 
products of combustion and the oil inside the tubes. 
As the charge flows upward through successive rows, 
the size of the rings shrunk above the tubes is de- 
creased so that a fairly constant rate of heat transfer 
is maintained through the entire convection section 
of the heater. 

A few rows below the top of the convection sec- 
tion are two rows of superheater elements for the 
heating of exhaust steam from pumps for process 
work within the tower. The superheater tubes aré 
of the same type of construction as the oil heating 
elements, but are smaller in diameter in order to 
maintain a high steam velocity and efficient heat 
transfer in the tubes. The charge leaving the last 
two elements of the convection section in parallel 
combines into a single stream and enters the top row 
of roof tubes in the radiant heat absorbing section 
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of the still. The tubes in the radiant section are 
larger in diameter than the tubes of the convection 
section and a single tube is sufficient to carry the 
entire flow at the desired velocity. The charge, there- 
fore, flows in series through all of the tubes of the 
top row and finally through all of the tubes of the 
bottom row of the radiant section. 

The flow throughout the tube still is counter current 
and maximum temperature difference is maintained be- 
tween the source of heat and oil to be heated. The 
radiant section extends over the entire roof of the still 
including that portion of the roof above the convection 
bank, thus preventing reflection of radiant heat upon 
the upper row of heating elements in the convection 
section. 

The naphtha enters the tower a short distance from 
the bottom and the vapors constituting about 90 per cent 
of the charge rise through the series of bubble trays 
above the entrance point of the charge. That part of 
the charge which is not vaporized passes to the bottom 
of the tower over several bubble trays and is stripped 
of any trace of entrained vapor by open steam which 
is superheated in the tube still. This steam is the ex- 
haust from the pumps of this distillation unit and is 
heated to a temperature of 550° F. 

Kerosene vapors are condensed by reflux in the tower 
and are removed as a liquid stream from the side. This 
liquid is cooled in a tank and coil type cooler located on 
the roof of the receiving house. The balance of the 
vapor, consisting of gasoline of desired specifications, 
leaves the top of the tower. The vapors are condensed 
in one of two heat exchangers of the vertical shell and 
tube type and the condensate is cooled in the tank and 
coil type heater above the receiving house. 


The overhead vapors from the top of the tower are com 
densed in two vertical, shell and tube type condensers. The 
condensers operate in parallel as shown by the flow dia 
gram appearing on the opposite page. Condensate from 
the condensers is cooled in a tank and coil type cooler. 

After the condensate is finally cooled it passes through 
a water separator into a reflux storage tank from which the 
desired quantity is pumped back into the top of the towef 
above the first tray. The balance of the gasoline not used 
for reflux is delivered to storage tanks preliminary 
treatment. 

The heat exchangers are of standard floating head, re 
movable tube bundle construction. This is true of both the 
vertical vapor heat exchangers and the horizontal liquid 
exchangers. Close contact between the shell and bundle 
is made possible by the use of a split ring arrangement on 
the floating head end. The floating head cover plate and 
split ring may be removed to permit withdrawing the tube 
bundle from the shell, the shell being only an inch or 80 
larger in diameter than the tube bundle. 
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Two-Stage Redistillation 
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7 SWO-STAGE distillation units for the rerun- 
ning of treated pressure distillate to produce a 
a maximum yield of premium grade motor fuel 

are designed by Foster Wheeler Corporation, 165 

Broadway, New York. The purpose of this unit is 

to accomplish rerunning at a temperature so low that 

a minimum amount of treating will be required and 

that the valuable characteristics of cracked gasoline 

will be maintained. 

This unit is in many respects similar to the usual 
two-stage distillation unit for the continuous run- 
ning of crude to overhead lubricating stocks, but has 
been modified to fit the special conditions encoun- 
tered in fractional distillation at low temperatures. 
The chief diversions from the usual scheme being 
recirculation of bottoms and independent flow of 
charge and _ recirculating respectively 
through the convection and radiant heat section of 
the atmospheric tube still. 

The entire distillation takes place without raising 
the temperature of the charge above 275° F. at any 
point in the cycle. Heating of both charge and re- 
circulation stock is accomplished in direct fired tub- 
ular heaters with a result in saving in the cost of 
steam over the older type of steam still. Quality of 
products has not been sacrificed by direct heating 
as can be seen by the tabulation of fractions and 
their properties below: 


residuum 





Charge—Acid Treated Pressure Distillate 
Charge Gasoline Naphtha Bottoms 
SEWN. witness 56.4 66.8 47.2 30.7 
eee ck Wb os waewe b> 92 78 240 390 
ih “tan nhewed see 2 420 343 368 480 
SSA es 468 372 396 518 
No 254+ 254 


Acid treated pressure distillate is taken from stor- 
age at atmospheric temperature and pressure is 
pumped through a heat exchanger located in the 
overhead vapor line from the atmospheric tower. 
This exchanger preheats the charge to 165° F. be- 
fore it is delivered to the radiant heat section of the 
atmospheric tube still. In the usual pipe still the 
charge enters the bottom of the convection section 
and flows through the entire convection section be- 
fore entering the radiant heat section. In this unit, 
however, a balance must be maintained between the 
heat absorbed by the fresh charge and the heat ab- 
sorbed by the recirculating residuum to dispense with 
the complication of an additional heater for reheating 
the residuum. The heated charge is delivered to the 
tube still at a temperature of 275° F. and enters the 
vaporizing section of the atmospheric tower. The 
lighter fractions pass upward through the bubble 
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trays so that only the high gravity gasoline is taken 
overhead. Gasoline vapors are condensed by the heat 
exchanger which preheats the raw charge. The con- 
densate is then cooled in a tank and coil type cooler 
and passed to a water separator and reflux tank. The 
desired quantity is returned to the top of the tower 
as reflux and the balance is sent to storage. 

The heavier fractions in the heated charge drop to 
the reservoir at the bottom of the atmospheric tower, 
They are stripped of the last trace of lighter fractions 
by open steam received from the superheater located 
in the tube still. The vaporization of the lighter frac- 
tions cools the residuum at the bottom of the tower 
to a temperature of about 260° F. To maintain a de- 
sired temperature of 275° F. necessary to obtain 
maximum yield of the lighter products, the residuum 
is reheated in the convection section of the tube still, 
Part of the re-heated residue is returned to the atmos- 
pheric tower and the balance is pumped to the vac- 
uum tower. The ratio of the two streams is auto- 
matically governed by a liquid level controller ac- 
tuated by the liquid level in the atmospheric tower. 


A large percentage of the reheated residuum from 
the atmospheric tower is flashed into vapor when it 
enters the high vacuum maintained in the vacuum 
tower. The vapors are passed through bubble trays 
in the upper portion of the tower condensing out the 
heavier portions so that only the naphtha fractions 
are taken overhead. The naphtha vapors are com 
densed in a shell and tube type condenser of special 
construction, including a packing box expansion head, 
The condensate flows by gravity to a vacuum rum 
down tank below the condenser and is removed from 
the tank by the naphtha removal pump. Vacuum is 
maintained on the run-down tank by a barometri¢ 
condenser and steam jet air pumps. 


Vaporization of reheated residuum from the atmospheri¢ 
still upon entering the vacuum tower cools the remaining 
liquid by the removal of latent heat. The cool residuum 
which collects at the bottom of the vacuum tower is pumped 
through the vacuum tube still and returned to the towef 
Temperature is thus maintained at 275° F. so that all of 
the naphtha can be removed overhead. Bottoms are fre 
moved by a reciprocating pump and are cooled in a tank 
and coil type cooler before being returned to the cracking 
plant for recharging to the cracking units. The advantage 
of fractionating pressure distillate at low temperatures afe 
numerous but are closely interconnected. The low temper 
ature distillation prevents the uniting, polymerizing or d€ 
composing of the various compounds which provide the 
high anti-knock value and octane number of the finished 
motor fuel. Low temperature distillation also prevents the 
forming of sulphur-dioxide or other corrosive compounds. 
The final products are stable to light and low in gum com 
tent. 
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Knowles Process For Coke 
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T= Knowles Process of coking reduces 
topped crude and residum from cracking units 
to a dense coke of unusually high fixed carbon 
content and of firm cell structure. As overhead 
streams it produced appreciable quantities of gaso- 
line distillate of high anti-knock value and all of the 
remaining gas oil present in the charging stock—and 
this gas oil, in turn is cracked to produce addition 
high anti-knock gasoline. 

The flow chart shown on the opposite page depicts 
a six-oven unit of the coking process. Topped crude 
or fuel oil and cracked fuel oil to be coked accum- 
ulate in a sruge tank and from this point the mix is 
charged through a tube still type preheater where the 
temperature is raised to 800° F. The preheater is 
provided with a flash tower and condensing equip- 
ment for the handling of distillates produced at this 
temperature. Bottoms from the flash tower pass 
through a final or second bank of tubes in the pre- 
heater, restoring the temperature to 800° F. 

From this point the preheated oil goes to one or 
more of the six Knowles coking ovens, as shown in 
the diagram. These ovens operate in eight-hour 
cycles, and usually there is one oven receiving oil 
just after being cleaned, with the next three ovens 
in full operation reducing the oil while the fifth and 
sixth ovens are in various stages of being prepared 
for cleaning or cleaning. The ovens are 10 by 30 feet 
in dimensions, floored with special alumina clay tile 
to act aS the hearth. They are fired by gas burners 
with heat distributed by means of 10 eight by six 
inch tunnels. 

Coke accumulates on the hearth to a thickness of 
six to eight inches, in about five hours time, during 
which period the hot oil has been fed into the oven 
through two three-fourths-inch lines extending 
through the refractory lining. Beginning at a temp- 
erature of about 2350° F. the temperature falls as 
the coke accumulates to around 800° F. upon com- 
pletion of the coking cycle. 

The handling of coke follows closely the practices 
standard in the usual by-product coke plant for the 
destructive distillation of coal. The equipment in- 
cludes a ram used for the quick removal of the coke 
from the hearth or floor of the oven, a dump car and 
a quenching station. This is followed by assorting 
the coke by mechanical classifiers to include, lump, 
egg, nut and breeze. 

The process is equally important in the produc- 
tion of high grade gas oil from the residues treated 
or coked. The six ovens are provided with vertical vapor 
lines extending from the still into the common vapor 
header, on whicli a slight vacuum is maintained to 
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assure the upward movement of the vapors into the 
header. Partial cooling or condensing is secured in 
the vapor header by means of injection of prede- 
termined quantities of cold gas oil which flows with 
the vapors down the inclined vapor header and into 
the lower compartment of the bubble type fractionat- 
ing column. This gas oil injection cools the vapor 
stream from 750° F. to about 500° F., and this cool- 
ing assists in maintaining the desired vacuum. 

Two cuts are removed from the fractionator, with 
gasoline distillate taken overhead and gas oil from 
the bottom. The column is controlled by pumping 
back a quantity of the gasoline distillate being pro- 
duced. Gas oil removed from the bottom of the col- 
umn is cooled in an exchanger by water and a part 
of the production is recirculated: through the system 
as described above. Any coke which accumulates in 
the column as a result of operation at cracking temp- 
eratures and above is removed without interfering 
with the operation of the plant. This coke is taken 
hourly from a 12-inch pipe welded into the cone of 
the tower bottom by means of two valves placed in 
the pipe. The coke falls into a sump, to be later 
mixed with oil and consumed by the refinery as fuel. 
Very small quantities of such coke are present. Com- 
plete details of the processing are shown in the flow 
sheet appearing on the opposite page. 

Yields of products from the operation of the in- 
stallation of the Knowles Process at the Drumright, 
Oklahoma, plant of Tidal Refining Company, for 4 
period of one month, are as follows: gasoline dis 
tillate, 44 A. P. I. gravity, 7.93 per cent by weight; 
gas oil, 20.9 A. P. I. gravity, 55 per cent by weight; 
gas, reported 1.0 Sp.-Gr., 19.63 per cent by weight; 
coke, 1.2 Sp. Gr., 16.72 per cent by weight; and loss, 
0.70 per cent. During the period the charging stock 
was composed of 91.81 per cent of 11.5 gravity topped 
crude and 8.19 per cent of 6.5 gravity cracking plant 
tar. The gas produced in the operation is passed througha 
gasoline recovery plant and appreciable quantities of 68/70 
gravity 300 end point gasoline are extracted from it. 

The. gasoline distillate produced at the Oklahoma installa 
tion has the following characteristics: 44 to 47 A. P. I. grav- 
ity, 160° F. initial boiling point, 50 per cent recovery at 
326° F.; 90 per cent recovery at 440° F. and a final boiling 
point of 490° F. The gas oil production, which is charged 
to the cracking units to produce high anti-knock gasoline, 
and yields small quantities of cracking unit tars which afe 
subsequently cokes in the Knowles process, averages about 
19 A. P. I. gravity, boils at 340°*F. and 50 per cent is t€ 
covered at 700° F. 

The Knowles Process, which is fully covered by patents 
in this country and abroad, is jointly owned by Tide-Watet 
Oil Company and H. A. Brassert & Company, through 
Brassert-Tidewater Development Company, Chicago. 
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T Cross cracking process is grouped among 


those classified as high pressure, low temperature 

processes (700 to 1000 pounds, and upward, 
pressure and 750 to 900°F temperature.) The Cross 
process, now often modified to meet specifications of 
individual licensors, is one of the group of widely 
used processes licensed by Gasoline Products Company, 
which, according to latest available information, consists 
of the Cross, Holmes-Manley, Tube and Tank, de 
Florez and Black processes. 

One description of Cross process operation (see ref- 
erences below) in which the original Cross process 
without its later improvements and modificatons is dis- 
cussed states that the charging stock, which may be 
kerosene, gas oil, fuel oil or even crude oil, passes 
through heat exchanger coils located in the evaporator 
and in the bubble tower, and then into an accumulator 
tank. At this point any water or gasoline present in 
the charging stock is released to pass to the bubble 
tower. 

A hot oil pump takes suction from the accumulator 
and discharges to the cracking furnace where the de- 
sired temperature is secured by firing with oil or with 
the fixed gases derived from the process operation, or 
both. The outlet from the furnaces leads to a horizon- 
tal reaction chamber. As the oil passes from the fur- 
nace to the reaction chamber it is said that there has 
been very little conversion into gasoline. The conver- 
sion is said to take place in the reaction chamber where 
the oil is held for a period of about 15 minutes and all 
free carbon which is formed in the cracking reaction 
is here deposited as coke. The reaction chamber is not 
externally heated, but is thoroughly insulated to prevent 
any appreciable loss of heat to the atmosphere. The 
chamber is a solid steel forging with walls three inches 
thick and without welds or rivets. Practically all of 
the drop in temperature in this reaction chamber which 
amounts to about 100°F., is caused by the cracking re- 
action desired. Normal conversion is given as about 
one-third of the charged oil under treatment. The oil 
with any gas that may be formed is discharged as hot 
synthetic crude through the control valve on the dis- 
charge side of the chamber. Liquid level is self-main- 
tained at the level of the outlet from the chamber. 
Pressure is reduced at the outlet to 50 to 60 pounds per 
square inch and the oil passes to the vaporizer. Heavy 
ends are withdrawn from the bottom of the vaporizer, 
the vapors passing to the fractionating column. The 
overhead vapor stream from this tower is raw gasoline 
of any predetermined end-point. The bottoms are re- 
cycle stock and are conducted to the accumulator to pass 
again through the furnace with the preheated fresh 
charging stock. Pressures of 600 to 850 pounds (and 
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sometimes higher) are maintained upon the reaction 
chamber, depending upon the nature of the charging 
stock. The corresponding temperatures are found to 
be between 850 and 950° F. (occasionally higher). 


The later designs of this process crude from storage is 
charged to closed coils in the cracking process bubble 
tower, through exchangers in the top of the evaporator 
and through additional exchangers in the fuel oil line 
from the evaporator tower, preheating the crude suffi- 
ciently to remove straight run gasoline and kerosene 
through the flashing equipment. Bottoms from the flash 
tower are charged to a viscosity breaker which is op- 
erated at sufficient temperature and pressure to produce 
cracked gasoline and quantities of gas oil for use as 
charging stock to the cracking coil. (Ref. & N.G.M. 
March, 1930, page 69.) A blend of gas oil and cycle 
stock is charged to the cracking coil and reaction cham- 
ber as described above. The final fuel oil residuum 
from the base of the evaporator tower passes through 
the crude oil exchangers and through coolers to stor- 
age. In this design the waste heat of the cracking proc- 
ess operation is utilized for straight distillation of the 
crude oil charged to the plant. Another recent modifica- 
tion of this process incorporates additional equipment 
added for running down to a very heavy pitch or tar. 
This was effected by adding to the system a vacuum 
flash tower for taking the fuel oil from the base of the 
evaporator tower and flashing it under a relatively high 
vacuum. In this operation the overhead distillate ob- 
tained from the vacuum tower is available to be either 
further processed in the viscosity breaking tube still or 
use as cycle stock for the cracking side of the unit. 
The resulting heavy pitch or tar from the base of the 
vacuum tower is carried through steam jacketed lines 
to the furnaces of the unit to be utilized as fuel for the 
operation of the plant. The quality of this tar may be 
regulated by the amount of distillate removed from the 
vacuum tower. (D. E. Day, “Cracking Processes,” Pe- 
troleum Eng. Handbook, Second Edition, page 318 
to 336.) 

Through additional improvement and modification and 
the application of scientific and engineering knowledge, 
the Cross process, like the remainder of the group 
licensed by Gasoline Products Company, as well as 
all other important cracking processes, is being installed 
incorporating various different features to suit the needs 
of individual refiners operating such processes, and with 
the view to constantly securing better efficiencies and 


economies of operation. 

References—American Petroleum Refining, H. S. Bell, Second Edition, 
1930 Kansas City Testing Laboratory, Handbook of Petroleum, Asphalt 
and Natural Gas, Bulletin 25, 1931 revision. Petroleum Engineer 
Handbook, Second Edition, D. E. Day, “Cracking Processes,” pages 31 
to 3246 Refiner and Natural Gasoline Manufacturer, annual files, 1922 


to 1931. i 
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ONNELLY Process Corporation, 844 Rush 
1) Street, Chicago, owns and centrols patents and 

patent applications covering a,wide range of pe- 
troleum processing, of particular interest and impor- 
tance in the cracking art applying to coil type cracking 
units and the so-called “reforming” or “transforming” 
cracking units. 

Members of the staff have developed the “quench- 
ing” process for carbon inhibition in coil and other 
type cracking units. Its wide use in Donnelly type 
cracking units attests to the effectiveness of “quick 
cooling”’ or “quenching” in preventing carbon forma- 
tion at the proper point in the cracking reaction. 

Most units of the Donnelly type which have been 
built up to the present are operating with high pres- 
sures on the coil, with temperatures of the order of 
875° to 975° F. A typical unit of this type is shown 
on the accompanying flow diagram. 

The unit shown is designed to charge fresh stock 
at two points. About 35 to 50 per cent of gas-oil en- 
ters the bubble tower, mixing therein with gas-oil 
condensed from the vapors from the separator. This 
mixture constitutes the cracking coil charge and ac- 
cumulates in the lower section of the tower. Fifty 
to 65 per cent of hot reduced crude forms the balance 
of the fresh stock coming to the unit from crude 
stills, and after passing through an exchange of heat 
with vapors from the vapor separator, enters the 
vapor separator, preferably after quenching the coil 
outlet. 

The hot reduced crude “quenches” the discharge 
from the cracking coil in this design immediately 
after the pressure release valve, but the same func- 
tion can be modified so that quick cooling to control 
the vapor separator is performed by reduced crude 
direct, by recirculated cooled residuum oil pumped 
directly into some portion of the vapor separator, or 
other modified forms. 

The proper operation of the vapor separator is a 
fundamental factor in production of merchantable 
fuel oil, and the inhibition of carbon formation in the 
chamber, into which the cracking coil outlet dis- 
charges, is of vital importance in the length of runs 
possible. Donnelly cracking units have a high oper- 
ating cycle factor under capable supervision—a 90 
per cent factor is common and 95 per cent is not un- 
reasonable where the design and operation are syn- 
chronized. One Donnelly unit of this type operated on 
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a 60-day cycle schedule during 1931 making 20 per cent 
per pass (no gasoline in charge). 

The available gas-oil content of the reduced crude 
under governing conditions in the vapor separator, 
will pass as a vapor to the bubble tower and form a 
portion of the composite charge which is picked up 
by the high pressure pump and discharged through 
the heating coil in the furnace. Pressure distillate is 
removed as vapor along with non-condensible gases 
from the top of the tower. These vapors are con- 
densed and separated from fixed gases. A side stream 
of stove distillate may be taken from the side of the 
tower through a steam stripping column. 

Modifications of the fundamental flow diagram of 
the Donnelly still have been used to provide for a 
combination topping and cracking unit. Such a unit 
may also include a pressure distillate rerun operation. 
The individual user’s requirements for each installa- 
tion are of importance in deciding how much or how 
little auxiliary topping and/or rerunning equipment 
it is economical or advisable to add to the cracking 
unit. 

The Donnelly coil type cracking unit has an ad- 
vantage in the production of high anti-knock gaso- 
line when operated under high outlet pressures with 
temperatures from 900° to 950° F., more or less. 
Modification of the pressures on the coil permits op- 
eration at pressures consistent with the temperatures. 
With outlet temperatures from 950° to 1150° F. more 
or less, the octane numbers obtained on the finished 
gasoline make it very valuable as a blending fluid 
for mixing with straight run gasoline to raise the 
anti-knock value thereof. The flow diagram of the 
Donnelly low pressure units is slightly different from 
the high pressure units and different types are used 
for various kinds of fresh charging stock. High aver- 
age octane rating secured from two high pressure cir- 
cuits in separate furnaces with the same overhead equip- 
ment is typical Donnelly operation. 

The Donnelly “reforming” unit may be a high or 
low pressure cracking unit of special design to suit 
the grade of charging stock used. 

The above description gives a brief summary of 
the wide variety of application of Donnelly coil type 
cracking units to various charging stocks and motor 
fuels. The inhibition of carbon formation by control 
of temperature and time factors during cracking and 
separation is common to all units of the Donnelly 
type process. 
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UBBS Cracking Process units licensed by 
D Universal Oil Products Company, Chicago, 

are designed for various types of operation, 
including non-residuum operation, flashing operation, 
low level operation, charging crude oil direct, and 
long periods of operation with high yields of high 
anti-knock value motor fuel. 

The accompanying process chart and photograph 
illustrate one of the later type units designed for 
long periods on stream and for the production of high 
anti-knock value motor fuel, taken direct from the 
unit through the Gray Vapor Phase Treating Pro- 
cess towers. 

Like other Dubbs installations this cracking unit 
falls into the general classification of low pressure- 
temperature cracking operation. This method of op- 
eration differs considerably from the other Dubbs op- 
eration systems. While it operates on the flashing 
system and consists primarily of a furnace, reaction 
chamber, flash chamber, heat exchanger, low pres- 
sure fractionating tower and their auxiliaries, the 
fractionating tower is provided with gasoline reflux 
instead of the dephlegmator cooled by the charging 
stock. The raw oil is preheated by vapors from the 
flash chamber in a large heat exchanger instead of 
being heated by direct injection. Recirculation is by 
pump instead of being under system pressure. 

These units are now operating on Pennsylvania 
gas oil, kerosene, naphtha and gasoline, obtaining 
from 70 to 84 per cent yield of gasoline of 74 octane 
number and higher. 

This gasoline is taken off the unit as a finished 
product. Some of the gasoline does not even require 
any refining. The unit pictured was on stream over 
two months on its first commercial run. 

This type cracking unit, equipped with low pres- 
sure fractionating column and Gray treating system 
obviates the necessity of redistillation of pressure 
distillate and thereby decreases total initial invest- 
ment incident to installation of cracking facilities. 

The Dubbs process, in units constructed during re- 
cent years incorporates many improvements. In 
some of these plants the raw feed enters either the 
flash tower or the dephlegmator or goes directly to 
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the heating tubes, or it may be split between them, 
In either case the feed is mixed with reflux conden- 


sate and introduced to the furnace by either hot feed 


pumps or the hot oil recirculating pump. 
The vapors leave the reaction chamber, entering 
the dephlegmator and the residue is withdrawn to 


the flash chamber. The pressure being reduced, the © 


lighter portions of the residue vaporize and pass to 
the tower where a portion of the vapors is condensed 
and passed to the cracking system by means of the 
hot feed pump. The heavy tar bottoms are with- 
drawn from the flash chamber. 

Vapor entering the dephlegmator meets a portion 
of the feed stock which condenses the heavy ends, 
These heavier ends, together with the fresh feed, are 
removed from the bottom of the dephlegmator by a 
hot oil pump and are again passed through the heat- 
ing coils. Vapors leaving the dephlegmator are 
usually condensed under full operating pressure and 
constitute the pressure distillate which is subsequent- 
ly chemically treated and redistilled for its gasoline 
content. The flow chart and photograph on the op- 
posite page depicting the latest type of unit is a de 
parture from this practice inasmuch as the fraction- 
ating column is refluxed with gasoline; gasoline is 
made direct from the unit, and treated in the vapor 
phase through the Gray system. 

Operating pressures are 300 pounds, more or less, 
with temperatures of the order of 900° F. 

Dubbs process auxiliaries consist of a number of 
scientific control and regulatory instruments, most 
of which are the recording type. Successful opera- 
tion of a cracking system depends upon careful con- 
trol of temperature and pressure conditions. Another 
important auxiliary is the pumping and piping sys- 
tem for both low pressure and high pressure work. 
Pumping systems are installed for handling cooling 
water to the cooling sections cooling residuum and 
to the condenser boxes where pressure distillate of 
gasoline is condensed. Additional systems are em- 
ployed for handling polymers where the Gray system 
of treating is employed, for transferring finished 
product to storage, and so on. Coke handling and re 
moval facilities vary with individual units, as do sys 
tems for handling fuel oil residua and tars. 
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HE Holmes-Manley cracking process has been 
adapted chiefly for the processing of gas oils 
with a view to making the maximum yield of 
gasoline with a minimum yield of coke, cracked fuel oil 
and non-condensible gases. (This material presented 
through the courtesy of The M. W. Kellogg Company, 
225 Broadway, New York.) 

The Holmes-Manley cracking process is a system 
operating at intermediate pressures from 300 to 400 
pounds at moderate temperatures, the cracking reaction 
being influenced more by length of soaking than in any 
other commercial process. Up to about two years ago 
completion of the cracking reaction or the soaking of 
the products from the heater has occurred primarily 
in a liquid state as the vertical stills were operated with 
high liquid levels. Today, however, low liquid levels 
may be maintained in the vertical stills to allow vapor 
phase soaking which contributes to the formation of 
cracked gasolines having improved anti-knock ratings. 

Inasmuch as the vertical stills operate at compara- 
tively high pressures, the liquid product or pressure 
residuum formed in the chambers is highly diluted. 
This stock may be termed a semi-intermediate fraction 
for the reason that by prompt self-distillation it is sep- 
arable into three principal components: firstly, a naph- 
tha distillate; secondly, a gas oil distillate or cycle gas 
oil returnable to the cracking process, and thirdly, a 
fuel residuum known as cycle fuel. 

The fresh feed to the unit is pumped first through 
a reflux exchanger above the pressure bubble tower 
where it acquires preheat before introduction, in whole 
or in part, into-the base of the tower itself. Here the 
virgin stock attains a much higher temperature when 
completing the condensation of the cycle gas oil back- 
trap with which it mixes. 

The pressure of 300-400 pounds imposed on the sys- 
tem-applies to the condenser, pressure bubble tower, 
the vertical stills and the heater outlet. 

The mixture of virgin stock and cycle gas oil accu- 
mulating in the base of the column is pumped through 
the de Florez heater where it attains a temperature of 
800 to 900°F. before entering the vertical stills. 

The cycle gas oil accruing from the self-distillation 
of the pressure residuum is also returned to the heater 
by means of a second hot oil pump. 

The flow of oil is from still No. 1 to still No. 4 in 
sequence through the liquid flow levels. As mentioned 
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previously, the earlier units were designed to operate 
with high liquid levels obtaining in stills, but experi- 
ments have proven that extremely low liquid levels con- 
tribute to improved anti-knock quality of the cracked 
gasolines. 

The vapors from all four stills are equalized through 
the vapor nipples. The vapors are conducted from the 
top of still No. 4 over and down into a point near the 
bottom of the bubble tower, but above the liquid level 
maintained in the bottom thereof. Passing through the 
fractionating trays of the bubble tower, the vapors 
ascend into the reflux exchanger from which an un- 
condensed portion passes on to the condenser box, while 
the condensate knocked down in the reflux exchanger 
runs back onto the top tray of the bubble tower. In the 
bottom of the bubble tower, the condensate is collected 
with the virgin feed and maintained at a level, the ac- 
cumulation being constantly removed by the hot oil 
pump and charged into the heater. 

The cracked gasoline after condensation is admitted 
into.an accumulator operating under reduced pressure 
of approximately 80 pounds. The gases formed pass 
overhead to the collecting system while the distillate 
flows to the rundown system. 

The bottoms of each of the four stills are equipped 
with drawoff piping into a manifold which serves to 
take off the pressure residuum to a tar stripping tower. 
However, it is the practice in operating to draw off this 
residuum from the second, third and fourth stills only. 
This stock enters the lower section of the tar stripper 
which operates under reduced pressure approaching 
atmosphere. A flash distillation and separation of the 
gasoline and gas oil vapors from the heavy fuel oil is 
accomplished under the influence of self-contained heat. 
The degree of vaporization and the quality of the fuel 
oil produced are regulated by the pressure imposed. 

The vapors issuing from the lower expansion cham- 
ber are directed into the upper fractionating column 
where a separation is made between the end point gas0- 
line and cycle gas oil contained in the pressure residuum. 

The gas oil accumulating as a condensate in the uppef 
section of the tar stripper is returned to the cracking 
zone by means of a hot oil pump. 

The cracked gasoline vapors leaving the top of the 
tar stripper are controlled as to end point by the cooling 
effect of the naphtha reflux pumped into the top tray 
of the tower. 
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ENKINS Cracking Process units developed by 
Jenkins Petroleum Process Company, Chicago, are 
designed for multitubular high fluid velocity bulk 

pressure cracking. Cyclic velocity is effected by a spe- 
cially designed propeller driven by electric motor, and 
velocity is controlled so that heat input is effected in 
multiple small increments per passage through the tubes, 
bulk capacity is designed so that the aforesaid minimum 
heat increments will be sufficient to maintain the bulk of 
oil at a predetermined constant temperature. Time 
and temperature treatment are predetermined to ef- 
fect maximum gasoline and minimum free carbon and 
fixed gas yields. 

The process operates on charge oils such as topped 
crude, gas-oil, mixtures of oils, crude oil etc. Operat- 
ing pressures are 200 pounds more or less and tem- 
peratures from 750° F. to 850° F., more or less. 
Yields vary according to the character of charging 
stock and type of products to be made. Single units 
are designed for capacities from 500 to 1500 barrels 
of gasoline per day. Running cycles vary from 30 to 
90 days, length of run being according to the type 
of operation. Any desired end point pressure distil- 
late or gasoline is made by the process; finished gas- 
oline is made direct by vapor phase treatment in clay 
packed towers, thus obviating the necessity of re- 
distillation of pressure distillate. 


The unit proper consists of the above referred to 
multitubular heater and furnace, reflux tower, frac- 
tionating tower, condensers, gas separators, coolers, 
residuum settler. The auxiliary equipment consists 
of regulatory devices such as flow meters, pressure 
and temperature control and recording devices, 
charge oil pumps, etc., lime mixing and pumping 
equipment, Gray vapor treating towers when desired 
by user and high octane number reformer and equip- 
ment when desired by user. 

The accompanying photograph and flow chart illu- 
strate a modern bulk circulation type unit designed 
for long cycles of operation and high yields of high 
grade gasoline and minimum fixed gas yield. 

A brief study of the flow diagram will show the 
operation on this type of process. The charging oil 
stream going to the bulk of oil under treatment 
thorugh heat exchangers and the reflux tower where 
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it acts as a partial temperature control. A mixture 
of oil and lime is continuously fed into the reflux 
tower with the charging stock for pre-treatment of 
the products. The charge oil is treated to cracking 
conditions in the bulk pressure still with a multitub- 
ular heating element as heretofore stated. Residuum 
is withdrawn to a fuel oil settler through a vapor 
separator, the unvaporized portion therefrom going 
to the fuel oil settler and the vapors therefrom going 
through a reboiler heat exchanger in the base of the 
bubble tower, the reboiler condensates being with- 
drawn in heat exchange with charge oil are further 
cooled and returned to the system together with fresh 
charge oil; bubble tower condensates are withdrawn, 
cooled and used as tower temperature control me- 
dium. Vapor is withdrawn from the upper compart- 
ment or section of the reflux tower passing through 
vapor lines to a point near the bottom of the bubble 
tower fractionating column. In the top of this col- 
umn there is placed a reflux control section or bank 
of coils through which trim stock is continuously 
circulated from the trim receiver (after cooling in a 
suitable condense). Gasoline vapors are withdrawn 
from the uppermost section of the fractionating col- 
umn, passing through a vapor line to the condenser 
where they are either separated from fixed gases, or 
from which they are withdrawn to pass through 
vapor phase clay treating towers (not shown on the 
flow chart). 

Gasoline leaving the condensers (where the clay 
towers are not employed) passes to working storage 
for subsequent chemical treatment, redistillation, in 
some cases. or to finished gasoline storage (where 
the clay towers are installed). 

Fixed gases derived from the operation of the 
cracking unit may go directly to the furnace to be 
utilized as fuel, or may be first subjected to gasoline 
extraction in the gasoline recovery system, as the 
case may be. Merchantable fuel oil is withdrawn 
from the residuum settler as shown in the diagram, 
passes through coolers and is taken to storage. The 
small proportion of sludge accumulated after pro- 
longed operation of the cracking system, falls to the 
cone-shaped bottom of the fuel oil settler and is 
periodically drawn from the bottom of this vessel and 
burned. 
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HE Tube and Tank Cracking Process has been 
employed extensively for the production of 

cracked gasolines from heavier petroleum stocks. 
This process has been developed and applied particular- 
ly by Standard Oil Company of New Jersey interests. 

The Tube and Tank Process is one in which the 
cracking reaction usually takes place under relatively 
high pressures ranging from 750 to 1000 pounds, with 
fractionation and separation of products proceeding 
under 60 to 100 pounds pressure. It is applied chiefly 
for the cracking of distillates, although reduced crudes 
are often handled. It employs indirect heat exchange at 
both high and low pressures. 

The unit is usually provided with two fractionating 
towers. Arrangement is made so that a light gas oil 
cut might be removed from the base of the secondary 
tower if desired. Reboiling of the secondary tower 
bottoms is incorporated to facilitate the separation of 
the cracked gasoline vapors from the light gas oil. The 
accompanying diagram, presented through the courtesy 
of The M. W. Kellogg Company, 225 Broadway, New 
York, illustrates the general flow through such a unit. 

The fresh feed to the plant is discharged through a 
series of low pressure exchangers, or partial condensers 
on the overhead streams from the fractionating towers 
to attain preheat before entering the accumulator. Into 
this tank is also directed the heavy and light recycle 
stocks from the primary and secondary towers, respec- 
tively. A high pressure hot oil pump takes suction from 
the base of this accumulator, discharging the mixture 
of fresh feed and recycle stock through a series of 
high pressure exchangers, or partial condensers on the 
vapor stream from the separator to the primary tower. 
The circulating stock then enters the furnace where it 
is heated to a temperature ranging from 900 to 925° 
under approximately 1000 pounds pressure. 

The furnace discharge is subsequently retained in a 
high pressure vertical soaker, where the conversion of 
the charge continues. The feed usually enters at the 
base of the chamber and is released at the top. A full 
liquid head is thus maintained during the completion of 
the cracking reaction. 

The cracking products from the soaking drum, after 
pressure reduction, are directed into the base of the tar 
separator. Here the cracked gasoline and recycle stock 
vapors are flashed from the tar formed during the reac- 
tion, the bottoms temperature and corresponding tar 
quality being regulated by cooled tar recycle returned to 


the base of the column for fluxing purposes. The tar 
elimination is pumped from the separator bottom 
through a cooler to storage. 

The overhead vapors from the separators are cooled 
and partially condensed when passing through the high 
pressure exchangers. The greater portion of the con- 
densate formed in the exchangers gravitates to the accu- 


mulator as heavy recycle stock, while a small portion | 


is returned to the head of the separator as reflux to 
wash the vapors ascending through the column and to 
knock back any tarry substances entrained in the vapors. 

The uncondensed portion of the recycle and the 
cracked gasoline vapors from the high pressure heat ex- 
changers enter the base of the primary tower where a 
great portion of the recycle stock vapors are condensed 
and withdrawn from the base of the tower to the accu- 
mulator tank. The cooling necessary to reduce the tem- 
perature of the feed to this column and to-condense the 
recycle is accomplished in the overhead low pressure ex- 
changers where the fresh feed to the plant absorbs the 
heat from the tower vapors. The condersate resulting 
gravitates back over the top. bubble_tray as reflux. Such 
a temperature is maintained on the vapor outlet from 
the low pressure exchangers on this tower as to allow 
pressure distillate vapors to proceed to the secondary 
tower, where the final fractionation of end point gaso- 
line from a light gas oil is effected. The light gas oil 
condensed in the secondary tower may be withdrawn 
from the system if desired, or else returned to the ac- 
cumulator as light charging stock. 

To assist in the complete separation of endpoint gaso- 
line fractions from the gas oil content of the feed to the 
secondary column, additional heat is supplied to strip 
the recycle bottoms by a reboiling of these bottoms. The 
tower reflux is circulated through a reboiler coil in a 
secondary convection bank of the heater and returned to 
the column and discharged over flash pans. The excess 
gas oil is withdrawn to the accumulator. 

The end point of the overhead gasoline vapor is con- 
trolled by regulation of the quantity of fresh feed cool 
ing medium passing through the reflux exchanger. The 
gasoline vapors are cooled and condensed and _ intro- 
duced into a gas separator from which the fixed gas 
produced is released, and the gasoline production with- 
drawn to storage. 

These units remain on stream for long periods by 
proper control of the total feed gravity which is not 
permitted to fall below a predetermined point. 
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FFICIENCIES of cracking coils can often be 
H, markedly improved through the proper ap- 

plication and utilization of heat exchange 
equipment. In general charging stock from storage 
tank flows in series through various groups of ex- 
changers, first picking up heat from relatively cool 
fluids. In the last stage the incoming stock meets with 
the hottest fluids available, from which it is desired to 
extract i.eat. Thus the charging stock serves the purpose 
of a cooling medium in addition to being preheated to 
the point where appreciable savings in fuel may be 
secured. 





In the example shown by the flow chart prepared 
by The Griscom-Russell Company, New York, the 
charging stock which might be crude oil, fuel oil or 
gas oil, passes first through the tubes of a partial 
condenser where it might be possible to. pick up 
around 200° F. of preheat. In the shell of the con- 
denser would be pressure distillate vapors on their 
way to a final condenser. 

The charging stock then passes through vapor 
heat exchangers in the shells of which are mixed 
vapors from the vaporizor or tar separator. These 
exchangers are placed betwen the separator and frac- 
tionating column. The vapors are usually at com- 
paratively low pressure. Here, it is sometimes possi- 
ble to pick up around 200° to 300° F. of preheat. 

The charging stock then passes through bottoms 
exchangers through which flows the tar or fuel oil 
residues from the bottom of the vaporizer or tar 
separator. At this point an additional 50° F. or more 
can be picked up, depending upon the quantity of 
tar being discharged from the system at this point, 
and upon the operating temperatures. The dimen- 
sions of individual units of exchangers installed at 
the point of partial condensation, at the point be- 
tween vaporizor and fractionating column and in 
connection with the extraction of heat from the tar, 
depends, of course, upon the charging capacity of 
the individual cracking system or unit. 









In connection with extraction of heat from the tar 
or residue it has often been difficult to utilize heat 
exchange equipment to the fullest advantage because 
of the tendency of the tar to rapidly foul the transfer 
sitfaces of the exchanger thus resulting in a rapid 
Citting down of the original transfer rates. Often 
considerable difficulty is encountered in cleaning ex- 
changer units in order to bring transfer rates up to 
ateasonable figure again. 









The Griscom-Russell Company has on the market 
acomparatively new development known as the KC 
Tubeflo Exchanger designed for the purpose of 
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eliminating much of the difficulty previously en- 
countered. The unit consists of four steel tubes 2% 
inch OD with walls 12 BWG thickness, bonded to- 
gether by a series of steel fins—one-eighth inch thick 
and placed one-eighth inch apart. This means that 
both the charging stock and the bottoms pass 
through large tubes at high velocities which are con- 
tinuously maintained during pasage through the ex- 
changer. This results in a maintenance of transfer 
rates for very long periods, and when cleaning is 
necessary the design permits this work to be readily 
accomplished. 

In the system shown in the diagram, when the 
charging stock leaves the bottoms exchangers it then 
enters the fractionating column where the lighter 
ends flash off and pass overhead as pressure distillate 
vapor. Up to this point the charging stock has been 
held at comparatively low pressure—preferable not 
over 200 pounds per square inch, The bottoms from 
this column are picked up by a high pressure hot oil 
pump and frequently pumped through the tubes of 
a high pressure vapor heat exchanger, previously 
mentioned. Exchangers for this service have been 
built good for pressures over 1000 pounds per square inch 
in the tubes, the object being to add further preheat to the 
feed, thus replacing heat lost by flashing in the tower, and 
at the same time doing useful work in cooling vapors be- 
fore they enter the tower. The same hot oil pump also 
handles recycle stock condensed in the vapor heat ex- 
changers. 

The diagram also indicates a modern development in sub- 
merged condensers, which many refiners prefer because of 
the safety feature involved in having condenser surface 
surrounded by a large body of water which would enable 
condensing to continue and prevent pressure building up in 
the system even though the immediate water supply should 
fail. Steel or cast iron pipe coils have been used to some 
extent. Many installations have been made using G-R 
Bentube sections. When used for submerged condensers 
these sections make a more compact layout than can be 
secured with pipe, since one square foot of Bentube 
surface will replace about two square feet of pipe, due to 
the higher transfer rates secured through design charac- 
teristics. Since the sections are available in multipass, pro- 
vision can be made for a long travel for the condensate, 
thereby securing sub-cooling of the condensate to a very 
low final temperature. These sections have been used for 
years in natural gasoline plants and refineries for all types 
of cooling and condensing duties. 

In the flow diagram the charging stock is shown passing 
through low pressure vapor heat exchangers and the bot- 
toms exchangers, then flashing into a fractionating tower 
along with the cracking stock. A variation in practice con- 
sists of flashing the charging stock into a separate frac- 
tionating column and the vapors from this flashing are con- 
densed as a straightrun product which might later go to a 
gasoline reforming unit. This, when crude is charged, is 
sometimes preferred rather than mixing the vapor secured 
by exchanger preheating with the cracked pressure distillate. 
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HE recent demand for high knock rating gaso- 
line has made necessary the production of more 


and better cracked gasoline. At the same time 
the price structure of gasoline and crude petroleum does 
not contribute to large expenditures. Improvements 
which will increase the capacity of cracking coils, and 
at the same time tend to improve the quality of the 
product of existing facilities are desirable. Such re- 
sults can usually be accomplished cheaply through the 
utilization of available high temperature heat. The 
cracked vapors leaving the vaporizer at 700° to 850° F. 
carry more heat than is necessary to secure proper frac- 
tionation in the bubbletower. The temperature at the 
bottom of the bubble tower is limited by the boiling 
point of the recycle stock and the vapors must be 
cooled to approximately this temperature and the re- 
cycle stock condensed by excess reflux at the top of the 
tower. There is often enough excess heat in the vapors 
to heat the total feed to within 30° F. of the vaporizer 
temperature. A means of recovering total heat is shown 
in Figure 1, presented here through the co-operation of 
C. H. Leach Company 11 Park Place, New York City. 
Such utilization of heat make possible the holding of 
a lower temperature in the accumulator for cracking 
light stock without effecting a sacrifice of capacity. 
With the feed heated under pressure the uncracked 
light ends can not enter the finished product. All of 
the charge makes at least one pass through the furnace. 
Experience has shown that often the capacity of the 
cracking coils can be increased from 20 to 50 per cent 
through the proper utilization of the available heat. The 
oil charged through such a system comes to the cracking 
temperature sooner and is given a longer soaking period. 
When such available heat is employed properly the 
coil outlet temperature can be raised without necessarily 
firing the furnace harder, and with such higher coil 
outlet temperature secured, better knock rating of the 
finished motor fuel is accomplished, conversion per pass 
is higher and lighter oils can be cracked in the unit. 
Often overheating of the cracking plant furnace tubes 
can be prevented by decreasing the furnace tempera- 
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ture. Another factor involved is the delayed formation 
of coke in the furnace coils through increasing the 
throughput with its resultant increase in velocity of oil 
through the tubes. These factors contribute to a low- 
ering of the load on the bubble tower or other fraction 
ating equipment, as well as the condenser box, which in 
turn contributes to improvement in fractionation and 
lessening the requirements for water condensing pur 
poses. 

The high temperature heat in the cracked vapors is 
also often utilized for preheating reduced crude charged 
to a pressure pipe still. A typical example of this method 
is illustrated in Figure 2 on the opposite page. Reduced 
crude (20 A. P. I. gravity) at atmospheric temperature 
employed as charging stock for this cracking unit passes 
first through a vapor heat exchanger mounted to utilize 
the heat of the cracked gasoline vapors leaving the top 
of the bubble type fractionating column. Leaving this 
unit, the partially preheated topped crude then passes 
through additional exchangers and is flashed into the 
vaporizer after being preheated to 700° to 750° F. The 
gas oil content of the charge is recovered overhead with 
the recycle while the heavy ends are removed with the 
cracked tar. With 730° F. preheat in the reduced crude 
it can be easily stripped to 6-9 gravity tar. All of the 
feed entering the cracking coil is clean overhead dis 
tillate. This feed, as shown in the flow chart, is accu- 
mulated in the bottom of the bubble tower and by means 
of a hot oil pump is discharged through a separate ex- 
changer and into the cracking coils. Coke formation im 
the coils is retarded and high throughputs and a high 
coil outlet temperature can be secured without coke for- 
mation. This contributes to longer periods on stream 
and lessened shut-downs for cleaning the cracking coil. 

In such a system of cracking it is possible to secure 
the operating convenience of a gas oil charging stock 
while using reduced crude as the source of the gas oil; 
producing the gas oil from the reduced crude in the 
same unit. The exchanger used to heat the hot feed (as 
described also in connection with Figure 1) is shown 
in the second illustration. 
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NFORMATION concerning the de Florez cracking 
| process was first presented before the American 
Petroleum Institute, at its annual meeting, Decem- 
ber, 1929, by Luis de Florez, at which time the report 
covered the operation of a unit of this type in operation 
at Gulf Refining Company’s Bayonne, New Jersey, re- 
finery. Since that time a number of additional units 
have been erected by refineries in this country. The 
design of this unit lends itself to modification to fit 
various refining needs; and differences in design are 
noticed in regard to each operating installation. The 
unit is accompanied by the de Florez vertical furnace. 


In the second edition of American Petroleum Refin- 
ing, H. S. Bell, the author, describes the de Florez 
process as follows: “The charge passes through the 
heat exchanger and then into the mixing chamber where 
the heated charge stock is mixed with the cracked 
vapors discharged from the heater. The mixture of 
vapors and fresh charge enters the dephlegmator tower, 
passing upward through a series of baffles and bubble 
trays. The fixed gases and gasoline vapors are dis- 
charged through the vapor line to the condenser and 
thence to a separating tank where the liquid products 
and gases are drawn off. The tower discharges a 
second overhead stream, the draw-off being located at 
an intermediate point between the connection to the 
mixing chamber and the gasoline outlet. This stream is 
collected in an accumulator tank which is connected to 
the circulating pump. The circulating pump discharges 
the product from the side stream which may be termed 
recycle stock, to the entrance of the heating coil under 
considerable pressure. This liquid is then heated, vapor- 
ized and cracked in the heating coil and discharged into 
the mixing chamber to be mixed with the incoming 
charge. The residuum made during the operation is dis- 
charged through the heat exchanger and thence through 
the cooler to storage. 

“For the purpose of control, reflux is admitted to 
the top of the tower in addition to which a secondary 
reflux is admitted at a lower point in the tower. The 
top reflux is made up of fractionated naphtha obtained 
from the separating drum while the secondary reflux 
is obtained from a tray in the tower and subjected to 
cooling before it is returned. 

“One of the features underlying the operation of the 
system is to obtain a clean circulation by producing a 
cycle stock which has been distilled and condensed to 
make possible its vaporization without deposition of 
carbon and at the same time permit accurate measure- 
ment and high entrance pressures to the heating coil 
which will result in high tube velocities and minimize 
carbon formation. 

“Tt will be seen from the flow sheet appearing on the 
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opposite page that not only are the cracked produets 
subjected to accurate fractional condensation, but such 
part of the charge stock which is taken into the accum#- 
lator drum and thence passed through the heating coil, 
must have been vaporized and condensed. This ar- 
rangement permits operation on any type of charging 
stock, the variations and character being compensated 
for by varying the amount of circulation, the tempera- 
ture outlet of the coil and the amount of heating per- 
formed in the heat exchanger. The control and opera- 
tion both in the quality of the cycle stock and the over 
head is affected by the primary and secondary reflux. 
Due to the production of the cycle stock within the unit 
itself, very good results are claimed from any type of 
charging stock.” 

Under another method of construction and operation 
the de Florez process is equipped with coking drums 
for running heavy charging stocks to coke. The opera 
tion may be varied to produce the most satisfactory 
grade of coke from the plant. In this operation the 
charge instead of passing to the flash tower, is charged 
directly to the top of the evaporator tower. The bot 
toms from this tower are circulated with a circulating 
pump to the transfer line at the outlet of the heater, 
and the combined discharge from the heater and from 
the circulating pump is charged to the coke drums. Coke 
drums can be switched without shutting down the unit 
and in this design also, the only stock passing through 
the heater is clean gas oil distilled overhead from the 
tower. The rate of circulation can be changed to pro 
duce the desired quality and amount of coke, and the 
transfer line temperature of the heater may be varied 
to produce gasoline of varying anti-knock properties, 
this value being also dependent upon the circulating 
rate through the heater. 

Another installation of the de Florez process consisting 
of four units equipped with upshot furnaces, has the inter 
esting additional feature of the use of an absorber tower 
for absorbing the rich gas from each unit, with one stabil 
izer tower for stabilizing the gasoline from all four units. 
The reboiling section of the stabilizer tower consists of 
four separate reboilers, each reboiler being operated on 
cycle stock from one of the four cracking units. In this 
way the operation of the stabilizer is not dependent upon 
synchronization of the cracking units and can be operated 
without affecting the operation of the cracking units their 


selves. Final control of the stabilizer reboiler is obtained 
by a small steam preheater. (David E. Day, “Cracking 
Processes,” Petroleum Engineering Handbook, Second Edt 
tion, Page 318-336). : 

De Florez units, licensed by Gasoline Products Company, 
modified to suit operating technique of various refineries, 
are employed to crack tar from other processes, to product 
coke or various grades of fuel oil along with gasoline, @ 
charge crude to the unit of such types as Venezuela, charg 
ing topped crude or fuel oil and for reforming heavy 


naphtha. 
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Gyro Vapor Phase Process 
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r NHE early development of vapor phase cracking 
was retarded by the many difficulties in its opera- 
tion, consisting mainly in the large production of 

coke, the excessive formation of gas, low gasoline yields, 

the large amount of fuel produced and consumed and 
the apparent impossibility of finding a satisfactory 
method of treating and finishing the cracked distillate. 

Gyro Process Company (Gyro Process Company, 2520 
David Scott Building, Detroit, Michigan), a pioneer in 
this field, recognized the requirements of the future and 
endeavored to produce an ideal motor fuel which would 
answer all requirements. The difficulties were solved 
satisfactorily and the commercialization of vapor phase 
cracking rapidly followed. 

The Gyro Process is a low pressure vapor phase 
cracking process, handling any grade of charging stock 
and producing a motor fuel having an exceptionally 
high anti-knock rating. Referring to the flow sheet, the 
charging stock enters the system through a spray nozzle 
in the arrester C, where it comes in contact with the 
hot vapors from the converter I, reducing the tempera- 
ture from approximately 1100 to 600° F. The liquid 
from the arrester, together with the uncondensed vapors, 
passes by gravity to the hot oil reservoir D in the bot- 
tom of the fractionating tower J. The distillate or con- 
densed vapors from the top of the fractionating tower 
have a boiling range comparable with the motor fuel 
desired. The boiling range is controlled by means of a 
refluxer O, which may be operated for the production 
of steam used in the process. The steam produced is 
more than enough to operate the pumps and to supply 
process steam. Gas from the separator L is led to the 
compressor for the recovery of liquefiable motor fuel. 

The unvaporized fresh charge and condensate from 
the fractionating tower collecting in reservoir D is 
pumped to the economizer F, a constant level in the 
reservoir and the quantity of hot oil to the economizer 
being regulated by automatic control. The rate of flow 
is sO maintained that the converter is constantly supplied 
with the correct amount of vapor. Any excess hot oil 
may be returned through heat exchangers to the charg- 
ing stock tank A. 

The oil leaves the economizer at about 700° F. tem- 
perature and enters the evaporator G where the fuel 
oil or residuum is withdrawn from the system through 
heat exchangers and a cooling coil to tank R. Super- 
heated steam is introduced through perforated coils in 
the bottom of the evaporator in quantity not to exceed 
three per cent by weight of the vapor produced. The 
vapor and steam leaving the top of the evaporator pass 
through a separator H which removes entrained par- 
ticles of liquid, thence to a series of drier tubes which 
insures only dry vapors entering the converter I. In 
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passing through the converter the temperature of the 
vapors is raised to approximately 1100° F. and thé 
conversion or cracking into lighter hydrocarbong 
takes place at this point. The vapors are distributed 
by appropriate means through the converter tubes, 

This process will handle any grade of charging stock, 
ranging from heavy, straight run naphtha to reduced 
crude. It is equally well adapted to cracking highly 
refractory cycle stocks such as are produced in liquid 
phase cracking operations and which cannot be eco 
nomically further cracked in the liquid phase. Gyro 
gasoline from this source has very high anti-knock prop- 


erties, with an octane number of approximately 90, j 


Kerosene, naphtha bottoms and other more or less re 
fractory light stocks yield readily to vapor phase crack- 
ing. By means of new deevelopments in the Gyro 
Process, topped crude is being run so as to produce 5§ 
to 60 per cent of 420 end point distillate. The dry gas 
is being converted into gasoline. The yield of gasoline 
from this source ranges between 3.5 and 5.0 gallons per 
thousand cubic feet. Such gasoline has an octane num 
ber of about 95 and yields readily to treatment. 

With these newest commercial developments, the Gyro 
Process is producing from topped Mid-Continent crude 
between 65 and 70 per cent of 420 end point distillate. 
This distillate is being refined into a water white, stable 
product of about 85 octane number, with a treating and 
rerunning recovery of 90 per cent or better. 


The distillation range of finished Gyro motor fuel 
differs from ordinary gasolines, being richer in low 
boiling point fractions, thereby increasing its value asa 
blending agent. Partly due to its greater volatility but 
largely because of its aromatic character, Gyro motor 
fuel has a lower viscosity than gasoline. Its low sulphur 
content, in comparison is also worthy of mention. This 
is of special interest when the source of charging stock 
is from high sulphur crudes. It contains 40 to 45 per 
cent of aromatics, 45 to 50 per cent of olefines and the 
balance naphthenes, with paraffines almost entirely absent 

By careful regulation of the temperature and time of re 
action, the production of fixed gas has been greatly re 
duced. Although its actual volume is still double that of 
liquid phase cracking, this extra gas is made at the expense 
of the fuel oil production rather than a reduction in the 
quantity of motor fuel made. After the removal of the mo 
tor fuel content, the specific gravity of this gas is about 1.0 
and its fuel value approximately 1700 B.t.u. 

The following table, taken from Gyro records, will give 
an idea of the yields that may be expected from different 
grades of charging stock. 


Van Zandt Seminole 
topped crude _ topped crude Kerosene 


% Dist. 64.0 638 60.7 582 576 634 61.3 585 G2 
% Fuel 88 141 141 17.7 #174 119 122 104 10 
% Gas 242 268 216 260 245 254 232 320 303 


Pennsylvania 
gas oil 
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Leamon Cracking Process 
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ARLY experimental work and final develop- 
kK ment of the Leamon vapor phase cracking 

process was carried out by W. G. Leamon, at 
the plant of the Stellar Refining Company, New- 
ark, Ohio. Several units of this process are now 
operated in various sections of this country and Can- 
ada, most of which are owned by Northwest Stel- 
larene Company, Inc. 

Incorporated in the design of this process are fac- 
tors developed for the production of a product con- 
sisting essentially of unsaturated hydrocarbon oils,— 
the naphthene series with unsaturated side chains 
predominating. The process is classified as of the 
catalytic type, and consists of passing superheated 
vapors through a bed of solid catalyst. 

As indicated in the flow chart appearing on the 
opposite page the charge stock consists of all oil con- 
densed as reflux in the bottom of the bubble type 
fractionating column, commonly called recycle 
stock, all of the heavy oils intermediately condensed, 
together with the fresh charging stock,—all of which 
are mingled and mixed in the feed tank. 

The pump takes oil from this tank and forces it 
through the economizing units, that is, heat exchang- 
ers, and to the heating coils in the furnace. At a 
predetermined temperature (700 to 1000°F.) the 
mixture of oil and vapors pass out of the heater into 
the tar drum. Accurate control of this temperature 
is secured by means of a pyrometric controller con- 
nected to a solenoid vale on a by-pass around the 
heat exchangers. In the tar drum any tars or ex- 
tremely heavy oils not converted into vapors, are 
dropped out and allowed to escape through a so- 
lenoid valve on the escape line which is operated by 
a constant liquid level float regulator. 

The vapors pass back into the additional coils in 
the heating element where they are raised to as high 
a temperature as possible without carbonizing the 
tubes in the heater—this temperature being around 
1000 to 1050°F. In another design vapors and oil 
leaving the heater pass through a larger device called 
a vapor-liquid separator, where the liquid constitu- 
ents are removed. Vapors leaving this separator con- 
tain a small amount of oil in liquid phase, which is 
vaporized in a vapor dryer before entering the super- 
heater coils, in order to avoid liquid phase cracking 
with consequent carbon deposits. 

From the coils the vapors are discharged directly 





CATALYTIC VAPOR PHASE SYSTEM 


into the catalytic chamber where the conversion to 
the desired product occurs. (The nature of the cata- 
lyst is not disclosed). The source of heat for the re 
action is entirely the superheat of the vapors, as the 
catalytic chamber itself is not heated. 

Passing from the catalytic chamber the hot vapors 
enter a series of heat exchangers where they are par- 
tially cooled while preheating the incoming mixture 
utilizing as charging stock to the still. From this 
exchange the vapors pass into the bottom of the 
bubble type fractionating column, where the temper- 
ature of the top of the column determines the end 
point of distillation range of the crude product. This 
is accomplished by pumping the cool “yellow naph- 
tha” over the tower as recycle stock. Yellow naphtha 
with this system is analogous to pressure distillate 
or synthetic crude of other cracking processes. The 
heavier product condensing in the bubble tower, 
passes into the bottom section and is gathered in the 
feed tank to be charged to the cracking coil. 

Vapors passing upward through the bubble tower 
consist of the desired yellow naphtha and the uncom 
densible gas. This gas production contains as high 
as four gallons per thousand cubic feet of extractable 
gasoline, which is recovered in the gasoline recovery 
system operated in conjunction with the cracking 
system. Any entrained liquid in these vapors is re 
moved by means of a mist-extractor as the vapors 
leave the column and before they pass to the recov- 
ery plant. The fixed gas is returned to the still and 
consumed as fuel. 

The yeilow naphtha vapors leaving the fractionat 
ing column are condensed in the conventional mat 
ner and removed to storage. This naphtha is subse 
quently chemically treated and redistilled in a unit 
somewhat similar to regular skimming plant facili 
ties. The motor fuel thus produced is fractionated 
in a bubble tower, condensed, and taken to storage, 
where it is blended with the lighter motor fuel ex 
tracted from the fixed gases in the gasoline recovery 
plant. 

The usual close supervision demanded by cracking 
operations is not required with this process because 
operating conditions are automatically maintained 
throughout and failure of the controls to function 
correctly does not prove hazardous inasmuch as the 
system does not operate under pressure. 
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HE flow chart appearing on the opposite page 
represents a typical adaption of the Pratt vapor 


phase cracking process, as designed by the Auto- 
motive Distillate Corporation, 3615 Olive Street, St. 
Louis, Missouri. The crude flash tower may be provided 
for skimming the crude oil of its straight run gasoline 
by utilizing heat from the cracking process. During the 
cracking operation the charging stock of crude oil, fuel 
oil or gas oil is converted into high anti-knock raw vapor 
phase distillate, or blending fluid, heavy residuums and 
wet gases. The raw blending fluid is discharged to the 
raw blending fluid tank and the residuums are drawn 
off to a residuum storage tank. The wet gases con- 
taining recoverable amounts of high anti-knock blend- 
ing fluid are discharged to the absorption plant. 

The wet gases entering the absorption plant are 
stripped of their entrained blending fluid vapors which 
are recovered as liquid raw blending fluid, which is then 
discharged to the raw blending fluid tank where it is 
le with the blending fluid from the gas separator 
of the “Vapor Phase Cracking Process.” This blend is 
sent to the stabilizing plant. The dry fixed gases re- 
maining after the blending fluid vapors have been re- 
covered are of high calorific value and are used as fuel 
for the cracking tube still and for other fuel purposes. 
During this operation the raw blending fluid is boiled 
under pressure and is subjected to a scrubbing and re- 
fluxing action whereby practically all of the entrained 
fixed gases are removed. The freeing of the blending 
fluid of these fixed gases prevents substantial loss in 
volume of the product in storage under atmospheric 
pressure. The fixed gases removed during this: opera- 
tion are returned to the absorption plant where any en- 
trained blending fluid vapors are recovered. The blend- 
ing fluid is then discharged to the stabilized blending 
fluid tank. 
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Pratt Vapor Phase Cracking Process 






The stabilized blending fluid contains a considerable 
amount of gum as well as chemically combined sulphur. 
To remove this the stabilized blending fluid is drawn 
from its storage tank and run through the treating plant. 
The blending fluid is subjected first to an acid treat- 
ment, whereby the gum content is reduced to an unob- 
jectionable amount and the combined sulphur is sub- 
stantially removed, and next to a caustic treatment to 
neutralize any remaining acid. The blending fluid is 
then pumped to the treated blending fluid tank. During 
the acid treating operation, a heavy acid sludge con- 
taining the objectionable gum and sulphur is separated 
by centrifugal force from the blending fluid and is col- 
lected in the sludge acid tank from whence it is taken 
to be burned or otherwise disposed of. 

The treated blending fluid has an objectionable color 
and may contain heavy fractions which should be re- 
moved. To remove these and to clarify the product 
the treated blending fluid is drawn from its storage 
tank and is sent through the rerun plant, where the 
blending fluid is subjected to a low temperature dis- 
tillation, whereby the product of desired end point is 
distilled from the heavier fractions. Some wet gases 
separate from the liquid blending fluid during this re- 
running operation and are returned to the absorption 
plant for recovery. The heavier fractions which sepa- 
rate during the rerunning are returned to the gas oil 
accumulator to be used as recycle stock in the “Vapor 
Phase Cracking Process.” The finished blending fluid 
is discharged to storage to be used for blending with 
straight run or natural gasoline, in proportions as de- 
sired. 

J. P. Devine Manufacturing Company Inc., are au- 
thorized sales and contracting engineers for the Pratt 
Vapor Phase Cracking Process. 
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To T. V. P. Process is a purely vapor phase 


process in which no cracking at all in the liquid 

phase can occur. It is licensed by Petroleum 
Conversion Corporation, 136 Liberty Street, New 
York. 


As is natural with all vapor phase processes op- 
erating above the temperatures practicable in liquid 
phase cracking the products are rich in aromatics and 
of high octane ratings. Owing to the fact that the 
application of heat to the vapor is direct no over- 
heating occurs, there is less gas formation for a given 
temperature and a smaller formation of gums and 
other undesirable materials which must later be re- 
moved by the treating process. Treatment of the dis- 
tillate by acid, clays, or silica gel, is simpler and 
leads to lower losses than similar treatments on other 
vapor phase products. 

The attached flow sheet gives the outline roughly 
to scale of a unit capable of producing approximately 
3000 barrels per day of finished gasoline. Beginning 
at the left of the flow sheet the process can be sum- 
marized as follows: The oil heater, or vaporizer, re- 
ceives as its charging stock a preheated overhead 
distillate which represents either a gas oil system 
charging stock or a total overhead distillate above 
gasoline from any other type of system charging 
Stock. In practice the charging stock for this pipe 
still comes from the bottom of the rectifier, which 
appears further to the right in the diagram. 


There is practically no residue from the material 
vaporized in the oil heater and the total overhead 
distillate passes to a flash drum which separates out 
any liquid which may be entrained, and the relatively 
clean vapors pass to another pipe still called a super- 
heater, which produces a dry, superheated oil vapor 
ata temperature of 850 to 900° F. 

In the stoves which are of the regenerative type, 
an inert gas consisting largely of hydrogen and me- 
thane produced by the cracking system itself is 
heated by hot brick checker work. In the diagram, 
Stoves 1 and 2 are being heated by the combustion 
of gas while stove 3 is being used to heat the cyclic 
§as, the mixture of hydrogen and methane referred 
t@ above. Hot gas from this stove passes into the 
hot blast main and from there to a small reaction 
chamber termed “mixing chamber.” In this mixing 
chamber the hot gas and the superheated oil vapor 
a mingled to yield the predetermined reaction tem- 
perature. 


From this mixing chamber the mixture of cracked 


and uncracked oil vapors and cyclic gas passes 
through the two brick lined reaction chambers 
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Cracking Process 


shown, the size of which has been designed to give 
the correct time of reaction. 

From the second reaction chamber the still gaseous 
mixture passes into a scrubber counter current to a 
descending stream of liquid, which is the raw ma- 
terial for the process. This raw material may be 
crude, topped crude, residuum, or gas oil. The bot- 
toms from this scrubber are a heavy fuel oil, the 
gravity of which is controlled by the amount of re- 
circulation from the scrubber oil receiver over the 
top of the scrubber. A small proportion of bottoms 
is drawn off continuously from the scrubber oil re- 
ceiver after it has passed through heat exchangers 
to give up its heat to gaseous, or liquid materials 
requiring to be heated. 

The overhead from this scrubber consists of un- 
condensible gas, gasoline, kerosene, gas oil, or higher 
fractions, as the presence of a large volume of inert ° 
gas has the effect of a steam distillation though one 
which is much more effective than that produced by 
steam. 

This total overhead passes into a rectifier which, 
by proper recirculation of bottoms and refluxing, de- 
livers an overhead of any desired endpoint as, for 
instance, 400, 420 or 460° F. and a bottoms of every- 
thing above gasoline. This bottoms, after passing 
through proper heat exchangers to acquire a rise in 
temperature, is pumped to the oil heater as the charg- 
ing stock. 

The overhead from this rectifier passes through a 
condenser, the top coils of which are cooled by the 
system charging stock and the lower coils of which 
are cooled by water. The condensate is collected in 
an accumulator and constitutes the heavy gasoline. 
The uncondensed material which is disengaged in 
this accumulator then passes to an absorber which 
removes the light ends by means of absorption oil. 

The absorption plant has its own stripping still which 
delivers to its own accumulator the light gasoline which 
is then blended with the heavy gasoline obtained in the 
first accumulator. 

Lean gas escaping from the absorber is the cold cyclic 
gas and after heating by passage through heat exchangers 
returns to the stoves to be raised in temperature to provide 
the heating medium for the cracking cylinders. 

Excess gas is bled from the system to a gas holder not 
shown. Circulation of gas within the system is provided 
for by compressors shown situated between the heavy gas- 
oline accumulator and the absorber. With proper opera- 
tion there is no accumulation of carbon and runs of in- 
definite length may be expected. 

It should be noted that the stoves, the reaction chamber 
and the scrubber are brick lined, heat insulated and re- 
sistant to all kinds of corrosion. System pressure is low 


and is maintained at about 50 pounds to give an economical 
size of equipment. 
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HE Blaine Process perfected by Neil F. Blaine, 
director of Vulcan Refining Company, Limited 


of Los Angeles, employs a combination of 


skimming and vapor phase cracking principles. It 
employs about 60 per cent convection and 40 per 
cent radiant heat to reduce fuel consumption. Sev- 
eral advantages are claimed for the process, such as 
the rerunning of the fuel oil to obtain Diesel and 
road oil, the conversion of much of the original 
charging stock into anti-knock gasoline. 

During 1931, Vernon Oil & Refining Company, 
through its engineering subsidiary, Vulcan Refining 
Company, Limited, took over the Blaine Process in 
California and built a 1500-barrel unit in the Vernon 
district of Los Angeles. The process was chosen be- 
cause it was suited to handle crude which would be 
available, to meet marketing possibilities of different 
products, and could be built readily on the small 
amount of space available. 

The fractionating and distilling unit for the process 
was developed after years of study along vapor phase 
cracking lines. A feature of the process is that 
through preheat obtained by heat exchange, the nor- 
mal gasoline present in the crude is taken off, the de- 
nuded crude passed through a heater and brought to 
the correct temperature to flash down to road oil or 
other desired bottoms. The remainder of the product 
is gas oil, Diesel oil, lube distillate and other inter- 
mediate products in vapor phase. This is cracked so 
that the aggregate products taken off the distilling 
unit are straight run gasoline, cracked gasoline, 
Diesel oil and road oil. The process has operated 
successfully on Santa Fe Springs. of 32 gravity and 
On 22 gravity Playa del Rey crude. Use of super- 
heated steam in the towers makes necessary only a 
mild treat to remove the sulphur compounds present 
in the Playa del Rey crude. 

As shown by the flow chart oil is picked up from 
Storage by a crude pump, metered to a heat ex- 
changer, exchanging heat with the off-coming 
Straight run gasoline. The crude goes from the gaso- 
line heat exchanger to a Diesel oil heat exchanger, 
then travels to an asphalt heat exchanger, leaving 
this point at a temperature of 500° F., and goes to a 
bubble tower where the normal gasoline passes over- 
head and gives up its heat to the incoming crude 
though the first mentioned heat exchanger. 

A hot oil pump takes off the denuded crude from 
the bottom of the tower at a temperature of about 
40°F. and sends it into the crude heater. The oil 
leaves the heater at a temperature of approximately 
M0° F. and enters the second bubble tower. From 
the bottom of this tower, the asphalt is drawn off 

















Blaine Cracking Process 
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COMBINATION SKIMMING AND 
VAPOR PHASE CRACKING 


and passed through a heat exchanger and to storage. 
From the top of this bubble tower, the vapors pass 
into a vapor heater at a pressure of about 40 pounds. The 
vapors are heated to a final temperature of 950° F. to 1050° 
F., depending on the nature of the charging stock. They 
then travel to a final fractionating tower, where the gaso- 
line is taken off overhead and the Diesel oil is taken off 
the bottom. The Diesel oil can either be recycled for a 
further cracking or passed out to storage. 

A part of both the straight run and cracked gasoline 
taken off overhead is used to reflux the bubble towers. 
Penetration of the road oil taken off the bottom of the 
second bubble tower is controlled by the use of 1200° F. 
steam. This steam is also used in the bottom of the other 
two bubble towers to strip all of the gasoline out of the 
tower bottoms. It has been found with a reflux ratio on 
the straight run gasoline of approximately one to one and 
a reflux ratio of one and one-half to one in the cracked 
gasoline, a fractionating contangent as high as .37 to .42 can 
be obtained. 

The crude heater was designed to conserve fuel and to 
give the utmost efficiency. The tubes are 60 per cént con- 
vection type and 40 per cent radiant, the convection tubes 
being in two banks, separated by an arch, and the radiant 
tubes being on the floor and roof of the furnace proper. 
The vapor heater is similarly designed, the exceptions be- 
ing that there are no floor tubes; and instead of return 
bends to connect the tubes together, junction boxes are 
used, to permit easy cleaning of the tubes. 

The process employs the use of various apparatus. In 
addition to the crude heater and vapor heater previously 
described, the Vernon installation includes Foster Wheeler 
Corporation’s steam superheater, oil heaters, H. R. T. Boil- 
er, Armstrong and Trerice steam traps, Engineering Com- 
pany oil burners in the crude heater and Leahy oil burn- 
ers in the vapor heater. Natural gas burners are used in 
the superheaters to burn the plant’s fixed gas, and South- 
western fractionating towers, exchangers and condensers. 
Union centrifugal . pumps; Deming-Mueller... centrifugal 
pumps, American-Marsh hot oil pumps, and Worthington 
duplex crude charging pumps are also used. The control in- 
struments used are Republic steam flow meter and recorder, 
Republic pyrometers, Tagliabue recorder controllers for 
gasoline and point control, and oil meters for crude oil to 
the plant. This is the principal miscellaneous equipment 
needed. 

Fuel consumption and heat balance were studied closely 
when observing the process, and during a 60-day operating 
period the plant showed a distinct economy of operation, 
since only one heat was necessary to do the work of mak- 
ing the finished product mentioned. Formerly each prod- 
uct was handled, reheated and refined separately. 

The end points on the straight run and cracked gasoline 
are both controlled at about 420° F. The Diesel oil made 
by this process has a gravity of about 30, a flash of 235 
and a fire of 290, Santa Fe Springs crude has been run 
down to a 15 gravity bottom with a flash of 450 and a fire 
of 525. Venice crude has been run down to a road oil con- 
taining about 85 per cent of 80 penetration asphalt. Cracked 
gasoline manufactured from both Santa Fe Springs and 
Playa del Rey crude has shown high anti-knock qualities. 
Straight run gasoline from crude from the former field is 
very low in anti-knock rating. 
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HE Pratt process for simultaneous skimming, re- 

forming, vapor phase cracking and rerunning, 

developed by The Automotive Distillate Corpora- 
tion, Continental Life building, St. Louis, Missouri, also 
jncorporates in its design facilities for absorption gasoline 
recovery, stabilization of distillates produced and continu- 
ous chemical treatment of the blending fluid as shown in 
the flow chart appearing on the opposite page. 

Skimming: Crude oil is charged to the unit through a 
refluxing and preheating exchanger to the crude flashing 
tower where the preheat secured effects distillation of the 
gasoline and topped crude accumulates in the bottom of the 
tower. Temperature is controlled by means of cold gas oil 
passing through the reflux condenser. Gasoline accumulates 
in the straight run gasoline separator, wet gases passing to 
the absorption plant. 

Reforming: At an intermediate point in the crude flash 
tower a cut of heavy naphtha is removed as a side stream, 
is cooled and taken to the gas oil accumulator tank. This 
fraction comprised the reforming stock which is charged 
through the cracking tube still with the gas oil and con- 
tributes to the production of high anti-knock blending fluid. 

Vapor Phase Cracking: Topped crude is continually with- 
drawn from the bottom of the crude flash tower by the 
evaporator charging pump which discharges through pre- 
heating exchangers into the evaporator preferably below 
the liquid level, where it is brought into intimate contact 
with cracked gas oil vapors entering the evaporator from 
the cracking tube still. Gas oil is the charging stock of 
the tube still, and during periods of normal operation no 
gas oil is required from outside sources either for starting 
or subsequent operation. Gas oil is pumped from gas oil 
accumulator through gas oil heat exchanger, a vapor heat 
exchanger, and residuum heat exchanger, entering the tube 
still at a high degree of preheat. In passing through the 
tbe still it is heated or vaporized, reaching a vapor tem- 
perature of 1100° F. and passing into the bottom of the 
evaporator below the liquid level. 

These high temperature (1100° F.) cracked gas oil vapors 
sfttire intimate contact with the relatively cooler preheated 
topped crude charging stock (preheated to about 550° F.) 
in the bottom of the evaporator. Residuum is maintained 
at about 780° F. At this point the topped crude charged 
is further distilled and partially cracked, the topped crude 
charged and cooling gas oil admixture condenses a portion 
Othe high temperature cracked gas oil vapors from the 
ttibe still which condensed vapors collect in the bottom of 
the evaporator with the residuum, and the blending fluid 
Yajors, the recycle destillate gas oil vapors and the fixed 
SSeS pass out at the top of the evaporator. Conditions 
a#€ more closely controlled through refluxing by means 
of told gas oil which passes into the evaporator below the 
li@tid level. The residuum passes from the evaporator 
through heat exchange apparatus where it heats the incom- 
mE gas oil charge, then passes through coolers to residuum 
Storage. 

The co-mingled distillate gas oil, blending fluid and fixed 
888€3 leave the top of the evaporator through the preheating 
&thanger and the crude oil exchanger, where they are 
led to about 700° F. They then pass through a vapor 

exchanger, preheating gas oil charging stock for the 
lube still. Here they are reduced in temperature so that 


‘ome of the heavier fractions are condensed and this con-. 


SKIMMING, VAPOR PHASE CRACKING, 
REFORMING AND RERUNNING 


dcnsate with the remaining vapors pass through another ex- 
changer into the bubble tower at a point near the bottom. 
Here the blending fluid vapors and fixed gases pass out at 
the top of the column while the heavier gas oil and distillate 
vapors accumulate and are drawn off from the bottom. 
Temperature of this condensate is about 530°F. and is 
termed gas oil. 


This hot gas oil is sent to the absorption plant to heat re- 
boilers and preheaters, and to the stabilizing plant to heat 
the reboiler kettle, and then to return through a heat ex- 
changer to give up most of its remaining heat to cold in- 
coming gas oil charging stock for the cracking tube still. 
After this it is cooled and passes to the gas oil accumulator. 


Vapors leaving the top of the bubble tower are held at 
around 300° F. either by means of cold gas oil circulated 
through the reflux condenser, or cold blending fluid through 
the refluxing and preheating exchanger, or both. Vapors 
leaving the exchanger apparatus are substantially con- 
densed in a water cooler condenser, from which the con- 
densed portion, along with the uncondensed vapors, pass 
to the raw blending fluid separator. Here the wet gasses 
are removed and sent to the absorption plant. Back pres- 
sure is maintained on the separator and is employed as a 
mechanical means of discharging liquid condensate to stor- 
age, not as a necessary adjunct to the cracking operation. 


Absorption and Stabilization: In the absorption plant 
the wet gases are stripped of their valuable motor fuel com- 
ponents. The dry gas is usually sent to the burners of the 
cracking tube still furnace for fuel. This blending fluid 
and that derived from the cracking operation are com- 
bined in a tank and then charged to the stabilizing system 
for removal of any light products not desired in the fin- 
ished blending fluid. Details of these two units are shown 
on the accompanying flow chart. Following stabilization 
the blending fluid is passed into the treating system where 
it is in contact with acid, centrifuged for acid removal, neu- 
tralized with caustic soda solution, to accumulate in the 
treated blending fluid tank. 

Rerunning: The treated stock is charged through a heat 
exchanger, through a bubble tower reflux condenser into 
the primary rerun bubble tower at a point near the bottom 
and at sufficient preheat to vaporize the lighter portion of 
the blending fluid. The vapors are taken through a heat 
exchanger and a water cooled condenser and then liquefied. 
The portion not vaporized in this tower accumulates at the 
bottom to be finished in the vacuum rerun tower. Due to 
the pressure difference between the vacuum and primary 
rerun towers the liquid bottoms are transferred under con- 
trol from one column to the other. In the second column, 
a reboiler, heated by hot gas oil flowing from the bottom 
of the bubble tower, effects distillation of the desirable 
blending fluid, while the heavy polymerized portions drop 
to the bottom. These bottoms are withdrawn, cooled and 
pass into the gas oil accumulator. 

The finished blending fluid vapors pass out of the top of the 
vacuum tower, are condensed, passed through a gas separator, 
and then pass to the finished blending fluid tank. Separated 
gases are conserved for gasoline extraction. A steam jet pro- 
duces the vacuum necessary for operation of the rerun system 
as described. The finished treated and redistilled blending 


fluid is now ready to blend with straight run gasoline to pro- 
duce the finished motor fuel of desired quality. 

J. P. Devine Manufacturing Company, Inc., Mount Vernon, 
Illinois, are authorized Sales and Contracting Engineers for the 
process described above. 
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N November, 1929, Standard Oil Company of 

New Jersey and I. G. Farbenindustrie A. G. 

entered into a contract which replaced the 
earlier development contract drawn in 1927, and 
which provided for a definite and permanent merger 
of interests in the hydrogenation development. By 
the terms of the 1929 contract, patent rights, present 
and future, of Standard Oil Company of New Jersey 
and I. G. Farbenindustrie A. G. relating to hydrogen- 
ation of coal and oil for the world outside of Ger- 
many were assigned to a new Delaware corporation 
—Standard-I. G. Corporation—in which Standard Oil 
Company of New Jersey owns the majority of the 
stock. 

The early negotations of the American and Ger- 
man companies as well as the later inclusion of Royal 
Dutch-Shell group and Imperial Chemical Industries 
of Great Britain, are familiar history. As matters in 
hydrogenation stand today, Standard-I. G. has largely 
fulfilled the purpose for which it was organized and 
will confine its future activities to the collection of 
fixed and running royalties on the process from two 
patent companies. I. G. Farbenindustrie A. G. con- 
trols rights to the process in Germany. Hydro Pat- 
ents Company controls rights in the United States. 
A new company, International Hydrogenation Pat- 
ents Company controls right to the process in the 
remainder of the world. 

With the major groups possessing patents and ex- 
perience in this process working in full collaboration, 
development work may be expected to proceed 
swiftly and on an efficient basis. The commercial ap- 
plication of the process in Germany can be accepted 
as fact. I. G. Farbenindustrie A. G. but recently en- 
tered into contract with the largest German producer 
of petroleum, Burbach, A. G. for its petroleum out- 
put—which is evidence of contemplated continuous 
operation of the Leuna works at Merseburg in the 
hydrogenation of petroleum. 

The following explanation of the process is given 
through the courtesy of Standard Oil Development 
Company, New York, New York: 


N the hydrogenation process the charging stock, 
together with sufficient hydrogen, is pumped 
into a reaction vessel containing catalyst where 

at the desired temperature and at about 3000 pounds 
per square inch pressure the reaction is allowed to 
take place. 

A panoramic view of the large-scale plant at the 
Baton Rouge, Louisiana, refinery of Standard Oil 
Company of Louisiana, is shown in the accompany- 


ing photograph. 


Hydrogenation Process 





Hydrogen may be produced by any of the usual 
processes. Since the hydrogen does not need to be 
sulfur-free, its production from coal or coke by the 
water-gas process is somewhat simpler than when 
the hydrogen is to be used for the production of 
ammonia. Hydrogen may also be produced by lique 
faction and distillation of the easily condensable 
gases from by-product coke ovens, or electrolytically 
when the economies permit. For the oil industry, 
with its generous supply of refinery and natural gags, 
hydrogen may be made by the treatment of hydro 
carbons with steam in accordance with the following 
reactions : 

CH, + H,O = CO ~ 3H, (1) 

CO + H,O = CO, + H, (2) 
After scrubbing out the carbon dioxide, the hydrogen 
is of sufficient purity. Catalysts are helpful and are 
generally used in carrying out each of the above re 
actions. 

The oil and previously compressed hydrogen are 
mixed together and delivered through heat exchang- 
ers to a coil furnace and thence to a catalyst-contaim 
ing reaction vessel. The degree of hydrogenation & 
carefully controlled depending on the results desired, 
control in general being maintained by alteration of 
catalyst or operating conditions. 

From the reaction chamber the combined final 
products and gases pass through heat exchangers 
and coolers to a high-pressure separator, where the 
liquid product is separated from the unconsumed 
hydrogen and other gases. The liquid product 
finally reduced to atmospheric pressure and sent 
run-down pans. 

Much of the sulfur in the feed stock appears as hydfo 
gen sulfide in the unconsumed hydrogen leaving the high 
pressure separator. This combined gas may then De 
scrubbed with oil under pressure to remove the hydrogen 
sulfide and “boosted” back to full operating pressure m 
a booster compressor which operates through a pressure 
interval equal to the pressure drop across the system. This 
unconsumed gas mixes with the feed oil and fresh hydrogen 
just before the exchanger inlet. 

Since no coke is formed in the process, and since the 
catalysts employed are extremely rugged, the process § 
virtually continuous. Runs of as long as eight months 
duration have been made in the United States and in Ger 
many on full-scale units. 


BIBLIOGRAPHY OF HYDROGENATION 


The Hyrodgenation of Petroleum: R. T. Haslam and R. P. Russell, Rei. 
x N. G. M., Vol. 9, No. 10, Oct. 1930—Page 116. : 

The Hydrogenation of Mineral. Oils; ‘Part 1, I. N. Beall, Ref. & N. 
G. M., Vol. No 9, No. 8, Aug. 1930—Page 77. 

The Hydrogenation of Mineral Qils, Part 2, I. N. Beall, Ref. & N- 
G. M., Vol. 9, No. 9, Sept. 1930—Page 66. ; 4 

The Hydrogenation of Mineral Oils, Part 3, I. N. Beall, Ref. & N. 
G. M., Vol. 9, No. 10, Oct. 1930—Page 147. 

Lubricants and Motor Fuel by Hydrogenation, R. Ts Haslam and W. ¢. 
Bauer, Ref. & N. G. M., Vol. 10, No. 2, Feb. 1931—Page 110. 

Hydrogenation Looks Ahead, George Reid, Ref. & N. G. M., Vol. 10, 
No. 8, Aug. 1931—Page 69. 


Refiner & Natural Gasoline Manufacturer—V ol. 11, No. ? 





[ if — Cracking ] 





usual 
to be 
ry the 
when 








on of 
lique- 
isable 





ically 
uSstry, 
l gas, 
y dro- 
wing 


DIAGRAMMATIC FLOW SHEET 
OF 3 
HYDROGENATION PROCESS 


HYDROGEN OIL 
MANUFAC TURE STORAGE 
f 


HYDROGEN 
STORAGE 
Y ' 


HYDROGEN omne 
COMPRESSION | _ PUMPING 
y 


; 


a Vib dl [emer Unele) ha-(o)l 
iL POINT 
It to 















































yy 


imed 





! 





HEAT EXCHANGERS 


y dro- 





I 
COIL FURNACE 








sf 


REACTION 
CHAMBERS 

















HEAT nonce 








eolel mi, le & 
CONDENSING 


J 


PRODUCT | 
STORAGE _ | 








; 




















[ If — Cracking | 





COMPANY 


ENGINEERING 


VACUUM FLASH PROCESS 
BURRELL-MASE 


STEANT 


COURTESY, 














BAROME TR 
If LI VS < 





























— 
a 


ower 
ASPHA ree 
Var Lo ly aiey ado Va Ae 














* , 
VACUUAT f+ cake y 








BROsSs £4 


SROM « 














Refiner & Natural Gasoline Manufacturer—V ol. 11, No. 2 











ye 


Vacuum Flash Process 


V 


T is desirable in many cracking systems to with- 
| draw considerable quantities of residuum oil 

from the main chamber, and under this method 
of operation, if this oil is properly “flashed” it will 
yield relatively large proportions of light oil or gas 
oil characteristics suitable for recycle charging stock 
to the cracking units. In addition, the heavy ends 
secured upon flashing can be sufficiently reduced to 
be used as road oils or asphalts. Ordinarily fractiona- 
tion methods are not applicable in this type of pro- 
cessing because of the nature of the product. 


EQUIPMENT USED 


The flashing system as described by Burrell-Mase 
Engineering Company, Pittsburgh, and Tulsa, con- 
sists essentially of a high vacuum flash drum 
equipped with a few bubble plates and baffle plates. 
Auxiliary facilities consists of the necessary conden- 
sers, vacuum jets, pumps, coolers, control and regu- 
latory devices and the like. 

The cracking still residuum is flashed into the main 
drum which is held at 60 mm. of mercury, absolute. 
At this reduced pressure the sensible heat evaporates 
a large portion of the oil. The heavier portion, usual- 
ly representing approximately 35 per cent of the 
total, flows downward through the several bubble 
plates or seive plates to the base of the unit. 

If it is desired to reduce this heavy oil to road oil 
specifications open steam (preferably slightly super- 
heated) may be introduced through a perforated coil 
submerged in the oil in the base of the column. 

The base product is withdrawn from the unit 
through a pump and cooler. The pump is indicated 
in the accompanying flow chart on the inlet side of 
the cooler. If the cooler is designed for a low resist- 
ance this pump can be installed on the discharge 
side of the cooler, thus keeping the pump removed 
from the hot zone. A liquid level control can be 
utilized at this point if desired. 

From the point of admission to the vacuum flash 
tower the vaporized portion of the incoming resid- 
uum passes upward through the column through 
Several baffle plates and a few bubble plates. The 
ordinary function of the baffles is that of removing 
entrained liquid particles, that is, spray. The bubble 
plates may be run dry excepting for “natural” reflux 
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FOR CRACKED RESIDUUM 


(condensing on the plates under operating condi- 
tions) in which case the bubble trays serve as addi- 
tional means of removing the oil spray or mist. Un- 
der other conditions the bubble trays may be supplied 
with reflux derived from the condenser installed at 
the top of the column. If such reflux is employed, 
less oil but a closer fractionated cut will be secured 
overhead from the column. 

A partial condenser is installed at the top of the 
column and the drainage from this unit is so handled 
that it may be totally withdrawn to the receiving 
drum, or part or all of the condensate may be em- 
ployed for the purpose of refluxing in the flash 
column. 

The oil vapors and the steam (if being used) pass 
from the partial condenser to the final oil condenser, 
which is mounted outside of the main vacuum flash 
tower. At the high vacuum in use the oil will con- 
dense at this point, but the steam will not. The 
steam then, at 60 mm. absolute pressure or less passes 
on to the barometric condenser where it is quenched 
with cooling water. 

Vacuum is held on the system by a two-stage jet 
arrangement. Steam from the first jet in the line is 
quenched. Steam from the final jet, or second stage, 
may be sent to the boiler feed water heater or other 
low pressure use. 

The condensed oil derived from the top of the flash 
column and subsequently condensed, is withdrawn 
from the run-down drum by a pump which is con- 
trolled in its operation by a liquid level control on 
the drum. Thermostatic control may be applied at 
the top of the main or flash drum and the final oil 
condenser if desired. Automatic control can also be 
applied to the vacuum jets, although this is not ordi- 
narily necessary. 

This type of unit often serves as an important 
source of revenue since it increases the percentage 
of gas oil charging stock for the cracking unit, thus 
increasing the gasoline recovery from the original 
charge and it adds another product, either road oil 
or asphalt, in various grades. In the operation these 
units contribute to the solution of another problem, 
namely, that of profitable disposition of cracking still 
residues. 
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Foster-Wheeler Vacuum Flash 


V ASPHALT FROM CRACKING STILL RESIDUE 


NE of the problems of modern refineries is the 

profitable disposal of cracking plant resid- 

uum. To meet this problem a vacuum flash 
system has been developed for converting cracking 
plant residuum into usable and salable products. The 
illustrations on the opposite page show a plant re- 
cently installed by Foster Wheeler Corporation, 165 
Broadway, New York, in a mid-western refinery for 
removal of asphalt from 1000 barrels per day of 
cracking still residuum obtaining overhead gas oil 
which is used as cracking still charging stock. The 
unit is economical in operation inasmuch as no oil 
heater is required and the equipment is of the simple 
design. The apparatus includes a vacuum flash tower, 
a vacuum actuating system, a steam superheater, a 
pump and instrument house. 

Hot residuum is received from the cracking plant 
at 720°F. and is pumped from insulated surge or 
storage tanks into the flash tower. When the charge 
is subjected to the high vacuum maintained in the 
tower the lighter fractions flash into vapor and flow 
up through the tower to the overhead vapor lines. 
The balance of the charge drops to the reservoir at 
the bottom of the tower where it is effectively 
stripped of all gas oil by open process steam. Asphalt 
residuum at the bottom of the tower is removed by 
hot oil pumps governed by a liquid level control. 

The effective removal of all gas oil from the as- 
phalt is governed by the high vacuum maintained in 
the tower. Absolute pressure in the tower at normal 
operation is 50 mm. of mercury. Only half of this 
pressure is due to oil, the other half being the par- 
tial pressure of open steam used for stripping. 
Thus the absolute oil pressure is only 25 mm. of 
mercury. At this pressure the gas oil is extremely 
volatile and quickly flashes from the asphalt. 

The flash tower has no bubble trays, but is 
equipped with a series of internal baffles for re- 
moval of any entrained liquid in the gas oil vapors. 
These baffles assure both a maximum yield of as- 
phalt and a good grade of cracking still charging 
stock. A second series of baffles is placed in the 
tower below the point at which the charge enters to 
retard the flow of residuum to the bottom of the 
tower and break up the stream, exposing as large a 
surface as possible to the action of the process steam. 

The condensate is removed by reciprocating pumps 
from the vacuum rundown tanks and put first 
through heat exchangers and then to storage for use 
in cracking still charging stock. Steam and any non- 
condensible gases entrained in the liquid charge to 
the tower are removed by the vacuum actuating 


system from the hot well below the condenser. Con: 
densate from the hot well flows by gravity to a vae- 
uum rundown tank immediately below. The vacuum 
actuating system includes a barometric condenser 
complete with two-stage steam jet air pumps. The 
condenser removes all of the process steam used in 
the tower and the steam jet air pumps take out the 
non-condensible gases and draw the high vacuum of 
50 mm. absolute pressure on the entire system in- 
cluding the vacuum run down tank. 

The condenser is cf the standard barometric type 
in which the steam comes in direct contact with the 
cooling water. The circulating water and conden- 
sate flow out of the condenser and tail pipe by grav- 
ity to the hotwell below. 

With all the steam condensed it is possible to 
maintain a vacuum of the entire system by the use 
of a steam jet air pump which removes any non-con- 
densible vapors in the system. The steam jet aif 
pump is a simple and very efficient device made up 
of a series of nozzles which direct high velocity jets 
of steam through an orifice. These-high velocity 
streams create a suction and carry with them all gas 
present. In the two-stage steam jet used in this in- 
stallation the first jet increases the pressure of the 


non-condensibles from a high vacuum to a moderate 


vacuum and discharges to a small barometric con- 
denser where the steam used in the operation of the 
jet is condensed. The second steam jet takes gas and 


‘vapor from the small condenser and increases: the 


pressure enough to discharge it to atmosphere. 


Probably the most important feature of the system is 
the use of highly superheated steam to prevent cooling the 
residuum at the bottom of the flash tower. The steam used 
is the exhaust from pumps heated to a temperature of 
750° F. in a separately fired superheater of the extended 
surface type. The superheater is equipped with a small fur- 
nace designed for oil or gas firing, with heating elements 
divided into convection and radiant banks. The convection 
tube bank is for preliminary heating of the steam and re- 
moval of as much heat as possible from the gases of com- 
bustion before they pass up to the stack. The radiant heat 
absorbing tube bank which is located in the furnace of 
the superheater, accomplishes the final heating of the steam 
and at the same time prevents excessive furnace temper- 
atures. The absorption of radiant heat from the furnace 
prevents the refractory of the superheater from deteriorat- 
ing rapidly under efficient combustion conditions. 

This vacuum process system has been in operation for 
several months and is manufacturing 150 penetration as- 
phalt without trouble. The quality.of asphalt is such that 
it has secured a good price even under the present poof 
market conditions. The revenue obtained from the sale of 
asphalt is clear profit as the gas oil recovered for cracking 
charge more than pays for the operation charges on the 
processing equipment. 
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Air Preheaters For Stills 


/ 


HE biggest source of heat lost in refinery still 

or furnace operation is in the escaping flue 

gases. Reclamation of this heat permits dif- 

ferent arrangements of the air preheater for effecting 
the fuel saving. 

For the purpose of calculation and comparison be- 
tween the different methods of connecting air pre- 
heaters to oil stills, the following assumptions have 
been made: Heat in fuel oil: 18,000 B.t.u. per pound; 
Temperature of flue gas leaving oil stills, 850°F., 
and temperature of outside air, 80°F. 

Alternative Number 1 (See Figure 1, opposite 
page, prepared by the Air Preheater Corporation, 40 
East 34 Street, New York), assumes that the fuel 
oil can be burned with fairly low excess air, using 
preheated air without exceeding a practical tempera- 
ture, the still being provided with sufficient heating 
surface exposed for radiation to absorb excess heat 
before the gas reaches the tubes. Assuming com- 
bustion with 40 per cent excess air, and calculating 
still efficiency without preheater at about 65 per cent, 
and then with 65 per cent recovery of the available 
heat in the flue gas leaving the still, the increase in 
still efficiency is approximately 14 per cent and fuel 
saving effected is about 18 per cent. 

Alternative Number 2, (See Figure 2) is based on 
the assumption that the furnace temperature is not 
allowed to exceed 2400°F. and that heat correspond- 
ing to decrease in gas temperature of 800°F. is ab- 
sorbed by radiation. In such case, more excess air 
is required and more heat is lost in the flue gas, as 
more pounds of gas escape per pound of fuel burned. 
Therefore, in comparison with the Alternative Num- 
ber 1, still efficiency without the preheater will be 
about 58 per cent. By recovering 65 per cent of the 
heat in the flue gas with a preheater, more air must 
be utilized to keep furnace temperatures controlled. 
The increase in still efficiency is about 15 per cent; 
fuel saving may be as high as 20 per cent. 

Alternative Number 3 (See Figure 3) assumes that 
furnace temperature is the same as in Alternative 
Number 2, but instead of high excess air, the proper 
excess is used, cooling the furnace with outside air. 
The relation between air and gas through the pre- 
heater differs from conditions discussed in Alterna- 
tives Nos. 1 and 2. Air used for cooling mixes with 
the combustion gas and escapes through the stack; 
therefore, the amount of gas is considerably more 
than the amount of air. and the heat stored in the gas 
is too high to be absorbed by the air. (Approximately 
50 per cent heat recovery). This arrangement will 
increase still efficiency approximately 11 per cent and 
the fuel saving will be about 16 per cent. 


Alternative Number 4 (See Figure 4) is similar 
to Alternatives No. 2 or 3, excepting that cold gas is 
used instead of cold air for keeping the furnace tem- 
perature to the desired degree. Here the oil can be 
burned with the proper amount of excess air and 
only the flue gas corresponding to fuel burned es- 
capes to the stack. Gas used for furnace temperature 
control is circulated in a closed cycle. Fuel saving, 
under these conditions will approximate 22 per cent. 


Another advantage is that the air handled by the 
forced-draft fan corresponds to the air required for 
combustion at a proper percentage of excess air. The 
gas can also be recirculated from between the still 
and the inlet to the preheater. In this case, how- 
ever, the fan must handle gas at the higher temper- 
ature, thereby considerably increasing power re- 
quirements for driving the fan. This arrangement 
permits a smaller amount of gas through the pre 
heater and therefore, the temperature of the gas 
leaving the preheater might be too low. 


Such examples are, of course, correct only for the 
conditions assumed, and each installation should be 
the subject of individual investigation. The discus- 
sion indicates, however, that Alternative 4 is best 
both from a fuel saving and an operating point of 
view. 

The amount of heating surface in the preheater de- 
pends upon such factors as cost of power for driving 
the fan, cost of the preheater installation and the 
temperature of flue gases leaving the still. 


In selecting preheaters, consideration must be given to 
the fact that the fuel used is very often rich in hydrogen, in 
hydrogen combinations and also in sulphur. 


The sulfuric gases from the combustion of such a fuel 
increase the condensation temperature of the water vapor 
formed in the combustion of the hydrogen or the hydrogen 
combinations. Design of the preheater therefore requires 
that the temperature of the heating surface be kept at least 
up to the average between the air temperature and the gas 
temperature. A regenerative type of preheater in which the 
air and gas pass through the same space meets these re 
quirements. 


The preheater should be designed with straight flow for 
both air and gas to avoid dead pockets which might be 
overcooled. The preheater should also be arranged to 
have a higher velocity on the gas side than on the aif 
side to keep the temperature of the metal closer to that of 
the gas than to that of the air. This arrangement has to be 
made without crowding of the gas spaces, for restrictions 
tend to cause clogging. 

A regenerative type of preheater may be arranged for any 
desired relation between the velocities of the air and the 
gas. The preheater design should permit replacement of 
the heating surface or part thereof at reasonable cost, 
should corrosion make such replacement necessary. 
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Aleorn Carbofrax Furnace 


/ 


ECENT developments in various cracking and 
distillation processes now in use in the petro- 
leum industry have necessitated very definite 

improvement in furnace design and general heat dis- 
tribution. Larger size units have necessitated larger 
furnaces, with much higher rates of heat input. 

The furnace described by Alcorn Combustion Com- 
pany, Philadelphia (see photograph), which was 
completed and went on stream early in December, 
1931, is of interest because of the simplicity of de- 
sign. By taking full advantage of the separation of 
radiant from convection heat, relatively high average 
rates of heat input are secured with low furnace 
temperatures and without excessive peaks. 

The diagrammatic layout shows the general tube 
arrangement and oil flow, as well as the method of 
firing and the travel of the gases. It will be noted 
that the tubes directly over the “Carbofrax” muffles 
as well as the floor tubes, receive heat substantially 
solely by radiation, since these tubes are located en- 
tirely out of the path of the gases of combustion. 
The rear wall and roof tubes, while reeciving a con- 
siderable part of their heat by radiation, are at the 
same time heated by direct contact with the gases; 
while the economizer section, on the other hand, is 
heated almost entirely by convection from contact 
with the gases as they pass to the stack. 

The oil flow is so designed that the entering or cold 
oil receives heat by convection from countercurrent 
gases traveling at high velocity, while the oil after 
it has been raised to relatively high temperatures, 
passes through the floor tubes where it is subjected 
only to radiant heat. In this way the temperature 
of the combustion gases is very much reduced be- 
fore such gases come in contact with the tubes. This 
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every tube doing its share of the work,—eliminates 
iocal overheating, and results in high yields of high 
octane gasoline, without excessive gas losses and ob- 
jectionable gum formation. 

The furnace is fired with either gas or oil, the short 
“Carbofrax” muffles insuring complete combustioa 
with a minimum of excess air. Preheated air at a 
temperature of from 500° F. to 600° F. is supplied by 
a fan and preheater directly at the burners, insuring 
rapid combustion and while temperatures of the or 
der of 2500° F. result inside the “Carbofrax” muffles, 
the tops of these muffles (which radiate heat directly 
to the tubes) show a temperature of approximately 
1700° F. The gases of combustion leaving the “Car- 
bofrax” muffles pass over the floor tubes (losing 4 
large part of their heat by radiation to these tubes) 
and spread out before they reach the rear wall so 
that they wash almost all of the wall tubes. The pull 
of the stack, which is purposely held low, finally 
turns the gases and they pass out of the furnace, 
washing the roof tubes as well as the tubes in the 
economizer section. 

Under normal operation with the oil entering at 
around 550° F. and leaving at 925° F., the thermo- 
couples on the rear wall indicate a temperature of 
approximately 1450° F., while the gases leave the 
furnace at a temperature of about 1000° F. These 
gases are further reduced by the preheater to ap- 
proximately 500° F., which with the small amount of 
excess air required, insures a high overall efficiency. 

Figure 3 shows a temperature curve based on 
thermocouple readings, while Figure 4 shows the cor 
responding heat input curve based on an assumption 
of 100 B. t. u. per pound for vaporization and crack- 
ing, and making allowance for the variation in spe 
cific heat due to temperatures. 
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Pipe Still Temperature Control 


V TWO-PASS, CHAIN GRATE STOKER FIRED 


AXIMUM heat output, with proper control over 

distribution of same, giving maximum effici- 

ency and fuel economy, is the ideal objective 
of the present day furnace designers of oil heaters. 
The tendency toward radiant heat furnaces and the 
desire to utilize the sensible heat in the products of 
combustion, as in (the employment of) a two-pass oil 
heater, a problem of furnace control has come up, the 
solution of which is of considerable interest and value 
to the refining industry. With oil or gas fired furnaces 
various degrees of success have been attained from at- 
tempts employing recirculated flue gas, extended tube 
service and differing fuel atomizing principles, while 
with coal fired furnaces very little has been done. 


Compelled by a foreign government regulation to 
utilize coal as fuel, and not wishing to sacrifice the 
efficiency, heat distribution or oil temperature control 
features recognized in oil or gas fired heaters, The 
Arthur G. McKee & Company, 2422 Euclid Avenue, Cleve- 
land—the designers and constructors, met this government- 
al requirement and worked out a novel design for this coal 
fired furnace, maintaining equal efficiency of heating and 
control, with that usually found in the oil or gas fired fur- 
naces, so much used in the United States. 

The following details explain a method used to ac- 
complish the desired control of oil outlet temperatures by 
heat distribution in a heater used in connection with a vac- 
uum distillation unit for manufacturing asphalt from Mex- 
ican crude oil. 

The accompanying diagram is a typical transverse section 
of this furnace, showing the essential features to be dis- 
cussed. The furnace proper is supported on a sub-structure 
of reinforced concrete columns and beams, thus providing 
working space above yard level for ash handling in the 
open with perfect safety; no underground flues, ducts or 
stack breeching were used and a simple rail system for han- 
dling quenched ashes was installed. 

A centrifugal low pressure type blower was installed to sup- 
ply the necessary air for combustion. The blower is electric 
motor driven, and discharges through an efficient air preheater 
to the main stoker duct. This primary air is heated by the flue 
gases passing through the air heater to the stack. The main 
stoker duct leads to the front of the furnace where two feed 
ducts (marked Stoker Ducts Numbers 1 and 2) branch off and 
pass under the fire bed of the furnace. 

The proper amount of air for efficient combustion is con- 
trolled by a CO, automatic recording controller located in 
the path of the flue gases passing up the stack. The con- 
troller regulates the speed of the blower, which in turn va- 
ries the volume of air supplied for combustion, thus main- 
taining the desired CO: percentage in flue gas constant. 

Electric motors drive the stoker grates and automatic coal 
gates. Thermo-coupie TC-1 records the flue gas (Bridge- 

- wall) temperature of gases passing down through the con- 
vection or rear bank tubes. This thermo-couple also oper- 
ates the controls to the motor driving the stoker grates and 
the coal gates. Accordingly, therefore, as the temperature 
at the Bridgewall is above or below that desired, the con- 
trols slow down or speed up the stoker grate travel. The 
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depth of coal bed is controlled by the automatic coal gate, 
Regulation of the stoker grate speed and the air supply is 
a means of controlling the sensible heat output of the fur 
nace. 

The special ignition or deflecting arch and the location of 
stoker ducts marked Numbers 1 and 2 with reference to 
same, furnish the means for controlling the radiant heat 
output. Thermo-couple TC-2 records the temperature at 
the radiant bank and through controls attached to electric 
motor operated air distributing dampers at entrance to 
stoker ducts 1 and 2. The correct amount of air being sup- 
plied by the main blower and the controller operated by 
TC-2 only regulating the distribution of same. 

These facts reveal a means for controlling the oil tem- 
perature at the outlets from the radiant and convection 
banks independently of each other. In this furnace the 
first pass is the radiant heated bank, the second pass, the 
sensible heated or convection bank. 

As an example, assuming the preheated air to be supplied 
at a constant temperature and in sufficient and constant 
volume to maintain a 12 per cent COs: flue gas at stack, in- 
troducing the greater portion of the air through duct 2, the 
combustion takes place at a greater rate on that portion of 
the grates centering at arrow from duct 2, which gives the 
greatest angle of exposure for radiant heat to the roof bank 
since the focul point falls completely outside of the ignition 
or deflecting arch. This focul point is at the admission 
point for air from the duct and is, therefore, the “Brightest 
spot” or center point of the source of radiant heat. Should 
the greater portion of the volume of air be supplied through 
duct 1, that portion of the fire bed under the ignition or de- 
flecting arch becomes lighter. A portion of the radiant 
heated bank is then shielded from the “main source” of rfa- 
diation. The radiant heat reflected by the deflecting arch 
is then utilized in secondary combustion. The thermo- 
couple TC-2 controls the location of this “focal point” of 
radiation. The Bridgewall temperature, indicating the total 
sensible heat at TC-1 remains constant so long as the speed 
of the grates and the air supply remain constant, regardless 
of the shifting of the focal points of radiation within or 
without the area of the ignition or deflection arch; the 
sensible heat being subject only to the changes in rate of 
combustion; that is, stoker speed and total volume of aif 
supplied. Thus, should the sensible heat become deficient 
the thermo-couple TC-1 immediately actuates the controk 
lers to speed up the grates, which in turn speed up the coal 
feed (or vice versa, if temperature is excessive). This 
change in speed of the stoker grate is immediately reflected 
in the CO, content of the flue gases and this controller ae 
tuates the motor for the blower controlling the air supply 
as required to maintain a constant CO: percentage. These 
adjustments are made, therefore, independent of radiant 
heat and affect only the sensible heat output. Thus there 
is, in a multiple-pass furnace, coal fired, through independ 
ent controls, the much desired efficiency, heat distribution 
and control of radiant and sensible heat independent of 
each other. 

The results of the heat control at the furnace are reflect 
ed in the finished products. Over a six month’s period the 
tests show, when making a 25. penetration asphalt, a maxi 
mum to minimum variation of only seven points, when making 
a softer grade “flux” a variation of 10 points was recorded for 
the entire period. 
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Recireulating Flue Gases 
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HE majority of the oil heating furnaces of latest 

design are more or less conventional tubular de- 

sign including both radiant and convection heat- 
ing surface. Different designers use varying ratios of 
radiant surface to convection surface, this being to a 
great degree dependent upon the temperature range of 
the oil being processed, and the purpose for which it is 
to be processed. 

In the operation of a furnace of the type referred to 
and diagrammatically shown on the accompanying draw- 
ing, without the recirculation of flue gases, a large vol- 
ume of excess air is used so that the products of com- 
bustion passing over the bridge wall and coming into 
direct contact with part of the roof tubes and convec- 
tion tubes will be at a temperature such as will not pro- 
duce a tube temperature above the critical metal tem- 
perature. If this temperature is increased beyond certain 
definite limits the result will be that formation of carbon 
will occur in the tube due to overheating parts of the oil 
being processed, which ultimately leads to tube failure. 

The proper application of flue gas recirculation as 
applied by B. P. Lientz Company, 3409 East 18 Street, 
Kansas City, to this same furnace is illustrated on the 
accompanying drawing. Preheated air for combustion is 
provided and excess air is reduced to a minimum, thus 
increasing the heat absorption in the radiant tubes, and 
diluting the fresh products of combustion with recircu- 
lated gases, after combustion has been completed and 
before passing over the bridge wall into the convection 
section. The heat absorption into the convection tubes is 
very greatly increased due to the large volume of gases 
being passed over the surface at a high velocity. This 
cycle of operation, even though increasing the heating 
capacity of the entire unit 50 per cent or more, will re- 
sult in a lower gas temperature entering the convection 
bank and a higher gas temperature leaving the convec- 
tion bank, than existed;gn the operation of the same 
furnace without the recirculation of flue gases. 

It should be readily seen how this rate of heat absorp- 
tion would be greatly increased, even at a lower bridge- 
wall gas temperature, as the volume of gases passing 
over this surface has been increased at least three times 
the volume available without recirculation. Increased 
velocity of the gases results in a more intimate contact 
with the heating surface. 

Increasing the heat input per unit of heating surface 
at lower gas temperatures results in proportionate in- 
crease in the velocity of the oil being treated in the 
tubes which is very desirable, as it decreased overheating 


of certain portions of the oil with the ultimate result 
of a larger yield of higher quality products. 

There are many cases in cracking processes where 4 
unit properly equipped with flue gas recirculation defi- 
nitely can be compared with a duplicate unit, so far ag 
heating surface is concerned. The proper application of 
flue gas recirculation to the unit shows not only a greatly 
increased rate of throughput but a substantial increase 
in the yield of gasoline as well as a higher octane num- 
ber on the gasoline. Where the recirculation of flue 
gases is embodied in the original design of an oil heater 
the application can be made to a greater advantage 
than to an existing furnace where recirculation was 
not originally contemplated. The installation cost will 
be substantially lower on the new unit than on the old, 
as provisions would be made to properly handle the 
volume of gases required to process a given quantity 
of oil to definitely predetermined temperatures. 

The use of preheated air for the combustion of the 
fuel is the source of a large saving in fuel, and used 
with proper gas or oil burners becomes a very neces- 
sary part of the complete flue gas recirculation system, 
It is important to secure complete combustion of the 
fuel with very short flame and a high temperature. 

In the recirculation of flue gases the equipment used 
is subject to the most severe service. The preheater 
must be so designed as to recover the greatest amount 
of heat from the gases passing to the stack and with 
stand the effects of expansion and contraction with no 
leakage of air. The Lientz type air preheater meets 
these conditions as is evidenced by the hundreds now 
in use on many types of units. 

The hot gas recirculating fan should be so designed 
and constructed as to handle flue gases, in some cases 
as high as 1300° F., with maximum efficiency. The 
Lientz hot gas fan is the result of many years develop 
ment work, This fan takes its suction from both sides, 
either top, bottom or horizontal direction, and discharges 
the gases in any direction as is required for the most 
effective application to the individual unit. The fam 
wheel is constructed of high temperature non-corrosivé 
metal, mounted upon a shaft which is water cooled it§ 
entire length, the shaft being supported by a bearing at 
either end, both of which bearings are surrounded by 
the outside atmosphere and are not connected in any 
manner to the fan housing. The fan housing is in se@ 
tional form and is so constructed as to amply provide 
for the wide range of expansion to which the equipment 
is subject. 
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HE development of the tubular oil heater in 

refining is largely responsible for the increas- 

ing amount of care which must be taken in the 
selection of proper equipment for burning the neces- 
sary fuel. The manufacturers of such equipment 
must keep pace with the changes taking place in 
heater and furnace design and changes in process 
which affect rates of combustion of the fuel, mate- 
rials of construction, time element in control, and 
quality of residual liquid or gaseous by-products 
which are returned to the furnace and become avail- 
able as fuel. This material is presented through the 
courtesy of Peabody Engineering Corporation, 40 East 
41 Street, New York. 


Until recent years, tube-still furnaces were of the 
conventional box design with heating surfaces ar- 
ranged to receive part of the heat by radiation and 
part by convection. Heat absorption load on the 
tubes was distributed, usually, by admission of ex- 
cess air to the furnace in sufficient quantity to keep 
temperatures below what were considered safe max- 
ima. In some designs, however, efforts were made 
to reduce the quantity of excess air through re-dis- 
tribution of the heating surface in the radiant section 
and by the application of turbulent forced draft com- 
bined gas and mechanical oil burners which would 
admit of proper control. Furthermore, it was import- 
ant that similar furnace conditions be obtained when 
burning either gas or oil, and that certain tempera- 
ture conditions be maintained in the economizer sec- 
tion. By the use of well designed, flexible firing 
equipment, satisfactory operation was obtained with 
these furnaces, resulting in greater uniformity of 
product, flexibility in process and operation, in- 
creased average duty on tubes with equal or lowered 
maintenance with consequent increase in output per 
unit, and a saving in fuel. The adoption of higher 
furnace ratings has been paralleled by the more gen- 
eral use of instruments to indicate and record com- 
bustion conditions in order to make full use of the 
efficient action of the burners. 

One of the newer designs of heater and furnace, 
which is illustrated on the opposite page, depends 
upon the turbulent type of forced draft burner to pro- 
duce the furnace conditions necessary to its success- 
ful operation. The development of this type of heater 


proceeded from the desire to utilize to its fullest 
extent the effect of heat radiation from the flame to the tubes 
by reducing excess air to a minimum but in such a manner that 
all surfaces exposed to the flame would absorb heat at approxi- 
mately equal rates. In this manner the total duty on the heat- 
ing surface is materially increased without subjecting any por- 
ticn of the surface to unduly severe conditions. In this type of 
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Combined Burner System 


FOR FIRING OIL STILLS 


furnace, although flame temperatures may be in the neighbor- 
hood of 3000° F., the furnace temperature near the tubes sel- 
dom exceeds 1500° F. and is usually found to be between 
1200° F. and 1400° F. These temperatures permit of combining 
the radiant section with an economizer section built according 
to conventional design. 


Burners for this type of heater must be capable of meeting 
a variety of conditions as to methods of firing. They must be 
designed so that their performance will be dependable to such 
an extent that the heater designer can accurately predict con- 
ditions in the furnace, economizer, and air heater. Where 
average duty on the heating surface is several times that met 
in ordinary designs, any effects of irregularities in firing are 
greatly magnified and it is of prime importance that the burn- 
ers meet a fixed set of conditions and maintain them. The 
burners must have built-in flexibility in order to provide for 
changes in process necessary to improvement of product, and 
must admit of simple adjustment and accurate control. 


The combined gas and oil burner shown in the illustration 
consists, essentially, of a gas burner of annular form which 
distributes the gas across the throat in the form of a thin 
sheet; an air register with curved, adjustable doors which im- 
part a whirling motion to the air; and an oil burner designed 


to operate over a wide range of capacity at constant oil supply 


pressure and without decrease in atomizing efficiency. The 
front panel is heavily insulated to protect the operator from 
high temperatures when using preheated air; also to prevent 
heat loss by providing for total insulation of the windbox. The 
throat is composed of molded refractory blocks, properly shaped 
and finished to form a smooth surface. 

As indicated, the burners are designed for operation with 
either liquid fuel or gas, or both fuels simultaneously. This 
type of burner may be constructed to fire pulverized solid fuels 
alone or in combination with liquid and gaseous fuels. The 
liquid fuel burner will handle refinery fuels as a mechanical 
burner, or if it is desired to operate with steam atomizers, the 
mechanical burner may be converted by substituting a steam 
atomizing tip for the mechanical atomizing tip. All fuels are 
under close control; air quantities and velocities are subject te 
close regulation, making for rapid and fine adjustment of 
burners to maintain proper furnace conditions regardless of the 
type of fuel being fired. Length of flame, percentage of excess 
air, and consequently heat distribution throughout the radiant 
section and between this section and economizer, may be 
changed to suit the fuel fired, heater design, process changes, 
and other variables which enter into the design and operation 
of the stills. 

Each design or application of heater requires careful study 
to determine the proper burner installation. Many units afe 
best fired with a single burner; in others a multiplicity of bur 
ers will give best operating results. In either case the design, 
construction, and arrangement of burners must be such as 1 
avoid stratification and inequality in distribution of products of 
combustion in the furnace. In this connection, the ideal method 
of firing the circular furnace is with a single burner which, 
when properly designed and constructed, will be symmetrical 
with respect to the absorbing surface. When a number of bufir 
ers are employed this ideal condition is most nearly approached 
by grouping a few burners closely together about the axis of the 
furnace. This arrangement of the burners has been found, in 
actual practice, to give most satisfactory furnace conditions. 
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HE process for the production of zero pour 
bright stocks from paraffinic crude developed 


by Texas Pacific Coal and Oil Company, Fort 
Worth, was the first to produce such bright stocks 
on a commercial scale. (Patent No. 1,803,941.) It 
dates back to Spring of 1927, when the first batches 
testing zero pour were manufactured. 

Paraffinic crude oil is topped in a continuous bat- 
tery of five shell stills, or in a properly designed pipe 
still. The bottoms from the topping operations are 
controlled so as to have a Saybolt Universal viscosity 
at 210° F. of 80 to 100. Care must be taken during 
the distillation to avoid overheating which would 
render part of the wax crystalline and would cause 
difficulties in the subsequent centrifugal wax re- 
moval. The “long residuum” after aging, is treated 
with an adequate proportion of sulphuric acid at tem- 
peratures not exceeding 125°F. 

The acid treatment is carried out in two steps. The 
first acid dump or cutter acid, which consists of 
about one-third of the total used, settles quickly. 
The sludge is drawn off immediately and mixed 
with heavy fuel oil to be burned under the crude stills. 
The second dump or body acid “takes” much slower 
and after settling and drawing off is hydrolyzed 
with water at about 140° F. A considerable amount 
of dilute acid of 15 to 20 per cent concentration is 
recovered which later on is used for activating the 
contact clay. Although this recovered acid has a 
dark color it is as effective for activation as fresh 
acid. 

The acid oil after withdrawal of the second sludge 
is centrifuged to throw out as much of the pepper 
Sludge as possible. The acidity before contacting 
ranges from two to 15 mg. KOH per gram of oil. 
Whereas the acidity is no accurate measure of the 
clay required for neutralization it is desirable to 
maintain the former at the lowest practical figure. 
Over a long period high acidity would be reflected 
in high clay consumption. 

The raw clay, of Bentonite or sub-Bentonite char- 
acteristics, is ground in pulverizers so that 80 to 85 
per cent passes through a 200 mesh screen. The re- 
covered acid and clay are mixed in weight propor- 
tions of two parts of dry clay to one part of 100 per 
cent sulphuric acid of 15 to 20 per cent dilution. The 
mixture is cooked under slight agitation in a lead 
lined tank. The batch is then transferred into large 
cone-bottom tanks where the clay is washed three 
times with water and decanted. After the last wash 
Water has been drawn off, a pulp of 20 to 25 per 
cent solids is left behind, which has an acidity of 
about two mg. KOH per gram of pulp. 
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Low Cold Test Oil Process 


The pulp is mixed with the acid oil and circulated 
through a pipe still at great speed; steam is injected 
at certain sections of the heater. The water is driven 
off in a flash tower and the contacting temperature 
is raised to 420° F. In this contacting operation the 
acid oil is completely neutralized and decolorized, in 
one step. Samples of the contacted oil show acidities 
from zero to not more than .05 mg. KOH per gram 
of oil. The success of this operation depends to a 
great extent upon the quality of the clay. 

The mixture from the pipe still is now cooled, di- 
luted with an equal part of naphtha, and filtered. 
The first filtrate from the filter press is run through 
a secondary press, precoated with filter cell to re- 
move fines which at the beginning of each filter 
cycle run through the main press. Such fines, if al- 
lowed to remain in the oil, are liable to interfere with 
proper wax removal and demulsibility of the finished 
oils. 

The filtered diluted oil is further diluted with 
naphtha and then chilled—first slowly in chilling 
tanks by means of circulating brine or by exchang- 
ing heat with wax free oil—and then more rapidly 
by direct expanded ammonia in specially built chill- 
ers at —60° F. The oil solution with solid wax in 
suspension leaves the chillers and goes into a level 
tank from where it is fed by gravity into centrifuges. 
These centrifuges rotate at 18,000 to 19,000 r.p.m. 
They remove the wax completely in one pass if prop- 
erly adjusted. It is necessary that the machines are 
carefully watched and their operation continuously 
controlled by laboratory tests, as a single machine 
being off adjustment is liable to ruin an entire tank 
full of dewaxed solution if allowed to go for any 
length of time. Such laboratory control, in order 
to be of any value, must by necessity be quick. Re- 
sults should be known in 15 to 20 minutes. Samples 
from the centrifuges are topped in 250 c.c. distilla- 
tion flasks till the vapors reach a temperature of 
440° F. The oil is then cooled—first in a small pan 
and then in a pour test jar directly immersed in brine 
of 15 to 20° F. below zero. While this procedure does 
not follow A. S. T. M. requirements it is quick and 
reliable. Pour tests obtained in this manner average 
5° F. higher than A. S. T. M. pour points. 

The dewaxed solution from the storage tanks is 
taken to a pipe still in which the naphtha is removed 
and enough neutrals taken overhead to produce un- 
blended, straight run bright stocks of various vis- 
cosities with pour points from minus 15 degrees 
Fahrenheit to zero pour. 
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Carbondale Refrigeration Process 


| ATMOSPHERIC AND DOUBLE PIPE TYPES 


chinery is based on the fact that pure water 

readily absorbs ammonia gas. Various types of 
refrigeration machines are employed and the atmos- 
pheric and double pipe types shown schematically on 
the following page, presented through the courtesy of 
The Carbondale Machine Company, Carbondale, Penn- 
sylvania, are, in principle, identical in their cycle of 
operation, the difference lying merely in construction 
details of various component parts. 

Pure anhydrous ammonia boils at 28%4° F. below 
zero, under atmospheric pressure. Water boils at 212° 
F. above zero. A mixture of the two will boil some- 
where between the two temperatures given, depending 
upon the strength of the aqua ammonia solution. The 
quantity of ammonia absorbed by water depends upon 
the pressure under which absorption takes place, the 
temperature of the solution and the efficiency of the 
absorber. 

A strong solution of aqua ammonia is pumped 
through the exchanger into the generator, where steam 
heated coils drive off the ammonia gas, through the 
rectifier and into the condenser. From this point the 
liquid anhydrous ammonia passes to expansion coils, or 
brine cooler, through the feed valve. Here it evapo- 
rates, gathering heat from, and thus cooling the sub- 
stance to be refrigerated. 

Since strong aqua ammonia is continually pumped 
into the generator at the rate of about one-half gallon 
per minute, per ton of refrigeration, and the gas driven 
off from this aqua into the condenser, a continuous sup- 
ply of weak liquor leaves the generator through the 
exchanger and weak liquor cooler to the absorber, 
where it absorbs the ammonia gas liberated by the cool- 
er or expansion coils. The resultant strong aqua am- 
monia passes from the absorber, is forced through the 
exchanger into the generator again, ready to repeat the 
cycle. 

The exchanger acts much as a feed water heater in 
a steam boiler plant. In it, hot weak liquor from the 
generator heats the cool strong liquor from the absorb- 
er. Cooling water enters the condenser, passes through 
it and goes to the absorber. After leaving the absorber 
it divides ; a portion entering the rectifier, and the rest 
going to the weak liquor cooler. In this way the water 
is used four times, each at a somewhat higher tempera- 
ture than the preceding time, which effects a marked 
saving in water requirements. 

Choice between the types of absorption machines, at- 
mospheric or double pipe types, is governed by the space 
available and the characteristics of the cooling water 
available. Where water is warm or muddy the atmos- 
pheric type is recommended. In this machine 


Te operation of absorption refrigeration ma- 
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the exchanger is either double pipe or shell type. 

To carry out the process of wax removal from petro- 
leum lubricating oil stocks it is necessary to have well 
planned refrigeration machinery, and the process re- 
solves itself into proper staging of units and, whether 
the central unit is an absorption machine or a compres- 
sion machine, it is customary to use a booster ammonia 
compressor to take the low temperature gas from the 


chilling towers, which often is as low as —80°, and dis-- 


charge this gas to the main compressor or absorption 
machine at atmospheric pressure. In other words, the 
complete cycle for chilling diluted lubricating stock from 
100° to 50° is a problem in itself and must be done by 
efficient methods and care taken not to shock chill this 
stock and thus make a finished oil with the maximum 
yield for a given throughput 

For many years the petroleum refiners considered a 
wax plant quite necessary in connection with complete 
refinery equipment. In other words, equipment for 
light oils was first considered and then a wax plant 
for the separation of wax from paraffine distillate. 
At the present time, a complete refinery must have for 
wax-bearing lubricating stocks, not only a wax plant, 
but also a Bright stock plant. 

The methods of applying refrigeration to the older 
wax plant process is well-known among the refiners. 
During the recent decade the demand has been for low 
cold test oils and, therefore, added refrigeration and 
two or more stages of chilling have been used. In order 
to save and economize in the refrigerating units, pre- 
cooling is done by means of wax-free oil and the final 
chilling of lubricating stocks is done by direct expan- 
sion of ammonia on the flooded principle, controlled 
by float valves. 

In the operation of a wax plant in order to obtain 
a finished zero neutral oil, double pressing is resorted 
to and in many cases in the de-waxing plant in order to 
obtain low finished cold test, double centrifuging is re- 
quired. There is such a variance in the nature of wax- 
bearing distillates that the apparatus must be planned 
for each individual case. In a wax pressing plant the 
application of refrigeration must be made to chill the 
unpressed distillate from an initial temperature of 90° 
to 15° and, if double pressing is required, apparatus 
must be arranged to further chill the distillate to, say, 
—10° or —15°, to give a zero cold test neutral oil. 

In a centrifuge plant, the dilution consists of about 
60 per cent naphtha and 40 per cent lubricating stock, 
but this varies with certain kinds.of bright stock. The 
mixture in this case is a comparatively thin fluid at all 
temperatures. Before the application of refrigeration, 
the mixture is heated until a clear solution is obtained 
and this temperature is about 100° F. 
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Frick Split-Stage Refrigeration 


/ 


OMBINATION systems can be worked out using 
carbon dioxide for the low temperature stage 
and either brine or ammonia for the higher cool- 

ing stages. In either case, it is advisable to condense 
the carbon dioxide by means of direct expansion am- 
monia instead of water. This linking of the carbon 
dioxide and ammonia systems is known as the 


‘ 


‘split- 
stage’ principle, and is designed by Frick Company, 
Waynesboro, Pennsylvania. 
Split - stage operation, 
with vacuum, possibility of valve trouble, and oil pump- 


when used, does away 
ing by which the booster compressor is handicapped. 
Temperatures down to minus 60° F., and even lower, 
are obtained with carbon dioxide, and by cooling the 
CO, condensers with ammonia, only moderate pressures 
are encountered in the carbon dioxide system. The 
compression cycle for both stages is therefore main- 
tained within very desirable limits. 


OPERATION 

The carbon dioxide compressor operates under a suc- 
tion of 120 pounds absolute and a discharge of 261 
pounds, in the case given; the discharge gas passes 
through oil filters containing flake asbestos, wherein all 
traces of oil are removed, so that the condensers and 
CO, evaporators are kept absolutely oil free. This pro- 
cedure is also used in the manufacture of CO, snow or 
carbonic ice, where it is imperative to keep all traces of 


oil out of the product. The CO, ammonia-cooled con- 
densers stand vertically, and are kept as nearly flooded 
with liquid ammonia as practicable, by means of a float 
valve. The pressure of the ammonia suction on the CO, 
condensers is at or near atmospheric, there being two 
stages in the ammonia system. The brine cooler is op 
erated at this same suction pressure, the brine being 
delivered to the oil chillers at minus 20° F. Under 
these conditions the condensers and CO, receiver are 
cold enough to be frosted and hence are enclosed with 
insulation. 

In the brine system outlined in this split-stage 
diagram, a compound ammonia compressor is employed, 
The discharge gas from the low pressure ammonia 
cylinder passes through an intercooler, and thence to a 
liquid ammonia cooler before being drawn into the high 
pressure cylinder. 

In laying out a split-stage system of this kind, it is 
important to proportion the carbon dioxide stage to the 
ammonia stage or stages to correspond with the rela- 
tive amounts of high and low temperature work, so that 
the combined system will operate with economy. 

The ammonia at atmospheric pressure extracts from 
the CO, condensers both the heat of vaporization and 
the heat of compression from the carbon dioxide ma- 
chine. In practice it works out that this duty is very 
nearly equal to that required of the ammonia when used 
directly in the low temperature oil chillers. 
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Diagram Showing Arrangement of Equipment in a Frick Plant to Produce Low 
Temperatures on the Split-Stage Principle. 
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Frick Ammonia Refrigeration 


y 


HE two systems of removing wax from lubricat- 
ing oils by refrigeration, as described in the fol- 
lowing, while suggestive of the latest methods of 
attacking this problem, are not intended to cover every 
possible arrangement of apparatus, and do not include 
the combination system in which both brine cooled and 
direct expansion ammonia cooled chillers are used to- 
gether. The large number of brine cooled chillers al- 
ready installed make it advantageous to obtain the lower 
temperatures coming into vogue by the addition of di- 
rect expansion chillers utilizing either ammonia or car- 
bon dioxide. 

Direct expansion chillers using ammonia must with- 
stand pressures up to about 60 pounds gauge with 
safety, and where carbon dioxide is used the chillers 
must withstand 500 pounds pressure. 


OPERATION 

In plants using direct expansion ammonia throughout 
as built by Frick Company, Waynesboro, Pennsylvania, 
the cooling work is divided into three stages, with suc- 
cessively lower temperatures and suction pressures. In 
the case illustrated in the diagram, the oil is cooled in 
the first stage from plus 45° F. to plus 15° F., the 
ammonia evaporating temperature for this stage being 
10° F., corresponding to a suction pressure of 38.51 
pounds absolute. In the second stage, the oil is cooled 
from plus 15 degrees to minus 15° F., the ammonia 
temperature being minus 20° F., and its suction pressure 
being 18.3 pounds absolute. The third stage carries the 
oil down to minus 40° F., using ammonia at a tempera- 
ture 10 degrees colder than the oil at the outlet, as in 
the two previous cases. 


As the suction gas from the third-stage coolers is 


at an absolute pressure of 7.67 pounds, it is drawn into 
a booster compressor. This discharges the gas at 183 
pounds absolute into a liquid cooler, where it mixes with 
suction gas at the same pressure, coming from the see 
ond stage chillers, the whole being drawn into what ig 
termed the low pressure machine cylinder. Some liquid 
ammonia is also evaporated in the liquid cooler, the feed 
being under float valve control, and this gas is added 
to that coming from the booster machine and second 
stage chillers ; by cooling the liquid ammonia in the two 
stages shown on the diagram, in this manner, its tem- 
perature is dropped to minus 20° F. before entering the 
third stage cooler. Liquid ammonia at 10° F. is made 
available by the first liquid cooler for use in the second 
stage chillers. 

The process described is duplicated at higher tempera- 
ture with the high pressure cylinder, which discharges 
directly into the ammonia condenser, which is water 
cooled. Here the pressure will depend upon the quantity 
and temperature of condensing water available. Mounted 
above the ammonia receiver is a noncondensable gas 
separator or purger, which is essential for eliminating, 
without loss of ammonia, the air almost certain to enter 
a system operating under vacuum. Float valves are im 
stalled to regulate the ammonia feed into each set of oil 
chillers, these saving the engineer the trouble of com 
stantly watching hand-expansion valves. The use of di- 
rect expansion throughout eliminates the temperature 
drop which is inherent in a brine cooling system. In 
many, if not in most cases, the load on the low and high 
pressure cylinders can be equalized so that they will be 
of the same size, permitting a standard duplex unit to be 
employed instead of a compound refrigerating machine, 
A duplex compressor can be more easily applied t0 
other refrigerating work met at the refinery if required. 
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Vogt Absorption Refrigeration 


/ 


HE beneficial effect of low temperature on dis- 
tillate stock an accidental discovery 
through the necessity of storing an over-supply 
of stock in outdoor tanks in the winter time. When 
it became necessary to pump down the tanks it was 
noticed that the stock had undergone a marked 
change. It seemed to have separated, a clear bright 
liquid having gathered on the top while the bottoms 
The one devel- 


was 


were a turbid waxy looking mass. 
oped into the commercial lubricating oil of today, the 
other into the many by-products of paraffin. 

It was not until some years later, however, that 
practical use was made of the affect of low tempera- 
ture on the distillate stock by using artificial refrig- 
eration to take the place of nature. 

As the demand for more and better oils grew, the 
idea was conceived of chilling oil artificially in the 
summer time and it was thought that if this was 
successful, lubricating oil could be made al! of the 
year instead of only in the colder months of winter. 

A tremendous impetus was given to the demand 
for lubricants by the advent and astounding growth 
of the automobile industry. The automobile in its 
early days was a very seasonal vehicle and as unre- 
When winter came, cars 
were put up. No one thought of running them. They 
could not be started; neither could they be lubricat- 


liable as a Missouri mule. 


ed; the oil would not move. 

Quietly, in the laboratories of more than one re- 
finery, work was going on to make the oil run freely. 
Chemists knew what the substance was that made 
it thick when it got cold; but did not know how to 
remove it. They knew that the substance was par- 
affin, so knowing what had to be done and knowing 
what to take out, they cast about for ways and means. 

Soon this demand was met by enterprising manu- 
facturers in the development of first a mechanical 
means of cooling a continuous stream of paraffin 
laden oil by bringing it in contact with brine that 
had been chilled to a low temperature of about 0°F. 
and then the further step of separation was accom- 
In the later unit the 
chilled oil was pumped through a series of perforated 


plished by pressure filtration. 


plates clamped together and covered with canvas 
cloth. The oil penetrated the cloth while the wax 
crystals adhered to the surface of the cloth. 

So the cycle of operation thus briefly described was 
developed to completion and the diagram on the op- 
posite page pictorially shows one of the applications 
of refrigeration to the production of low pour-test 
lubricating oil by double pressing and by settling or 
by mechanical separation. 
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The development of refrigeration machines and the 
mechanical units for handling the oil during its chilk 
ing treatment has kept pace with the demand for 
lower pour test oils as the cry for them from the au 
tomotive industry and the field of aviation grew. — 

Two systems of producing the refrigerating effeet 
are in use, one being the exhaust steam absorption 
refrigeration machine and the other the compression 
refrigeration machine. Either is effective and is sé 
lected to best fit the needs and conditions existing if 
the refinery where the work is to be done. Both aré 
manufactured by Henry Vogt Machine Company, 
Louisville, Kentucky. Temperatures, where they 
are required, as low as minus 70°F. may be secured, 

The flow chart appearing on the opposite page is that of 
a wax plant arranged for double pressing with the off 
cooled by a modern absorption refrigerating unit. As will 
be noted, the production of anhydrous ammonia is by the 
usual twin cycle of circulation of anhydrous ammonia and 
aqua ammonia. This cycle begins with the separation of 
anhydrous gas from aqua ammonia at the generator and 
the two strengths of ammonia again unite at the absorber 
where the combined liquor is picked up by the ammonia 
pump and discharged into the generator for redistillatiom 

In the oil cycle, the wax distillate from refinery storage 
is pumped into the first section of the chiller. In this series 
of chilling exchangers the oil is pre-cooled by an exchange 
of temperature with cold or chilled lubricating oil whieh 
has already been circulated through the plant system. If 
this chilling equipment the distillate being processed 
then further reduced in temperature by the direct expair 
sion of anhydrous ammonia. It leaves the first chilling ex 
changer bank cooled to a temperature of about 40° F. 

In the system shown the next step is that of filtration 
wherein the larger wax crystals are removed by the press 
The large crystals are transferred directly to the sweat 
pans or may be mixed with the wax from the second pres# 
ing operation and then sweated. 

Oil leaving the first chilling and filter pressing is then 
conducted to a second battery of chillers. These are cooled 
by direct expansion of ammonia and in this final chilling 
the temperature of the outgoing oil is reduced to abot 
minus 10° F. & 

Following this second chilling the oil passes into the 
second filter pressing operation where the further removal 
of wax results in the production of a finished lubricating 
oil with a pour test of zero F. 2 

Much lower temperatures are frequently required and it is a 
simple matter to equip an exhaust steam absorption unit with a 
properly balanced steam or power driven booster compresso™ 
This unit takes the evaporated gases at low temperatures and. 
high vacuum and discharges into the absorber at or above 
atmospheric pressure. In this way the absorption machine mail 
tains its rated capacity unde? normal operating conditions f 
pressure and temperature throughout the absorption cycle. The 
booster unit can be added readily to existing absorption Te 
frigerating plants, converting them without loss of capacity to 
low temperature machines. 
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Vogt Compression Refrigeration 


/ 


HE flow diagram appearing on the opposite 

page, shows a bright stock plant, wherein the 

compression system of refrigeration is used 
with a booster or auxiliary vacuum compressor to 
secure the desired low temperature, as incorporated 
in the design of the system by Henry Vogt Machine 
Company, Louisville, Kentucky. The arrangement 
of continuous flow tank and coil heat exchangers 
permits the lowering of the temperature of the in- 
coming oil at a fixed rate of about three degrees per 
hour down to as low as may be desired, depending 
upon the characteristics of the oil, before it is intro- 
duced into the multitube direct expansion chiller. 

Here the oil may be more rapidly reduced in tem- 
perature since any danger of shock chilling has al- 
ready been removed. 

Shock chilling, as the term implies, indicates a too 
rapid exposure of the oil stock to the refrigerating 
temperatures. It is a matter of dispute among re- 
finery engineers as to the vital importance of pro- 
tecting the oil throughout the entire cycle of chilling 
against this condition arising but it is also generally 
conceded, as has been just stated, that after the dis- 
tillate has reached 0°F. the paraffin crystals have 
been formed and the temperature can be lowered 
much faster than in the forepart of the cycle. 

Oil chilling plants of the type illustrated are ar- 
ranged for the separation of the wax by either of 
two methods: gravity settling or centrifugal separa- 
tion. Both depend on two identical factors, low tem- 
perature and the difference in specific gravity be- 
tween the oil and the paraffin. 

To promote this difference in gravity and also to 
keep the liquid readily flowable at the low tempera- 
tures employed, some of the lighter fractions such as 
naphtha or gasoline are blended. Such a blended 
stock is the kind considered in the diagram. 

The stock from the storage tanks is brought to the 
first of the coil and tank towers at a temperature usu- 
ally of 100° to 110°F. The cooling work is equally 
divided among the eight tanks and is carefully con- 
trolled at a fixed rate until it has reached a tempera- 
ture of 0°F. 

Up to this point all the refrigeration work has been 
done most economically since the effect has been se- 
cured by an exchange in temperature between de- 
waxed oil which has to be heated up for further 
treatment and the warm blended stock. 

At 0°F. the blended stock has reached the multi- 
tube chiller which is of the direct expansion type. 
Here the temperature of the oil reaches its minimum 
stage, as low as —70°F. if necessary, and passes di- 
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rectly to the separator. It is here, too, for the 
time that the oil to be chilled comes directly into 
contact with the refrigerating system. | 


The production of low temperatures is an interest 
ing thing. It has long been known that low temper 
atures could be secured by the expansion of anhy 
drous ammonia in a vacuum. The only stumbling 
block was a mechanical means of inducing the vaé 
uum and removing the evaporated ammonia gas. e 

That difficulty was overcome by the use ofa 
“booster” gas pump which is nothing more or legs 
than the adaptation of the vacuum pump principle 
which has been employed for years in steam engr 
neering in connection with large surface condensefs, 


The “booster” unit does not in any way increase the & 
pacity of the main ammonia compressor. It acts really a 
a third stage enabling the compressor to carry the full load 
under suction and discharge pressures required without an 
excessive expenditure of power in handling what otherwise 
would be an extremely high compression ratio between the 
minimum evaporating temperature and the maximum com 
densing temperature of the ammonia. 

The main compressor in these systems normally works 
between a suction pressure of 0 pounds gage to a discharge 
pressure of 185 pounds gage. The booster unit picks ip 
the expanded gas at a vacuum corresponding to a tempér 
ature of —75° F. and pushes it up to the intake pressurgl 
the main compressor. 

The diagram does not attempt to show anything other 
than the essential parts to illustrate the refrigerating cyéle 
Many devices have been developed to promote economy 
and ease of operation with a corresponding saving in power 
consumption by the motor driven compressor. Two-staging 
in the main unit with clearance control pockets on both 
ends of each cylinder enable it to be run efficiently at three 
quarter and one-half load. The power consumption at fhe 
fractional capacity is directly in proportion to the outputi@ 
refrigeration. Flash gas receivers and intercoolers add ma- 
terially to the accurate control of the refrigerant in that 
part of the cycle prior to expansion in the oil chilling sat 
faces. 

Insulation plays a most important part in these process 
It can be readily understood that when dealing with su 
low temperatures as are necessary, radiation losses wou 
be tremendous excepi for adequate protection afforded 
modern insulating materials. On the chilling tanks 
thickness varies from two to eight inches backed by an? 
space and covered without by hollow tile. The direct € 
pansion chillers are still more heavily insulated being gem 
erally enclosed in a sheet steel jacket densely packed 
fine regranulated cork or material of equal insulating v: 

So that the refrigerating plant can operate to the Dé 
possible advantage, an adequate water supply is vital. In 
the majority of the Mid-Continent fields and in the soutir 
west the water consumption will average from five to eight 
gallons per minute for each ton of refrigeration developt 
Some of the large refineries have a refrigerating capaq 
of over a thousand tons. A very fair size city will use 
water than such a plant will circulate in their refrigerating 
plant alone each day. # 
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ILTER- AID Dewaxing produces 

low pour-test lubricants from any type of wax- 

bearing oil. The lubricants produced are wax- 
cloud stable, remaining brilliant to, or below, the 
solidification point. 

The process involves adding an inert filter-aid ma- 
terial to a wax-bearing oil-solution to increase the rigid- 
ity of the precipitated wax structure and subsequently 
removing the wax and filter-aid material from the oil- 
solution by filtration. Commercial plants in the United 
States are using diatomaceous earths as filter-aids, such 
as “Hyflo Super Cel” and “Dicalite White Speed 
Flow.” This material is presented here through the 
courtesy of Oliver United Filters, Inc., 33 West 42nd 
Street, New York, New York. 

A simple, compact unit continuously recovers the fil- 
ter-aid material for re-use and maintains it indefinitely 
at 40 per cent to 60 per cent efficiency, based on new 
unused material and the cost of recovery is only a 
small fraction of the total dewaxing cost. Elimination 
of solvent losses and fire hazard is obtained by enclos- 
ing the entire system in a vapor-tight, inert gas arrange- 
ment. 

Flexibility of this dewaxing process is most advantageous 
as it is capable of handling either distillate or residual oils 
of any viscosity. The wax in the oil may be any character 
—such as crystalline, “slop” or “armorphous.” Decolorizing 
treatment of the oil may precede or follow dewaxing. 

Two types of plants are used. One is a continuous vac- 
uum filter plant which is very simple, compact and almost 
automatic in operation. This vacuum plant is most efficient 
on certain types of oils only. The other is a pressure filter 
plant and, while somewhat more equipment is involved, is 
most flexible. The flow-diagrams appearing on the oppo- 
site page represent these two types of plants. 

Naphtha is the solvent or diluent most commonly used. 


The end point of the naphtha should not exceed 350°F. 
and should be of relatively low viscosity. If the oil has 
been previously processed, (such as clay-contacted) in a 
diluted state, the treated solution can be delivered to the 
filter-aid dewaxing plant and more naphtha, if needed, can 
be added. Otherwise the raw wax-bearing stock and the 
solvent naphtha is pumped by separate pumps proportioned 
and controlled by flow meters, to a solution tank, where 
the mixture is heated to dissolve all wax. 

The amount of naphtha used depends on the viscosity of 
the stock charged. A constant solution-viscosity is main- 
tained on practically all stocks, regardless of stock viscos- 
ity, in order to maintain an optimum rate of flow through 
the filters. This amount of naphtha may vary from 45 per 
cent of the solution on low viscosity oils to as much as 70 
per cent of the solution on very high viscosity stock. The 
average stock dewaxed is usually “cut” about 60 per cent. 

From the solution tank a solution pump forces the liquid 
through heat exchangers, chillers, and on to the cold mix 
tank. A special design float arrangement in the cold mix 
tank actuates the control on this solution pump. Cold de- 
waxed solution coming from the dewaxing filters inter- 
changes with the incoming warm oil in the exchangers. The 
chillers may be of the double pipe design and usually scrap- 
ers are used to keep the exchange surface free of wax film. 
A relatively high rate of heat transfer is maintained. 

“Shock (or rapid) chilling” can be used in most cases. 
Since the process does not depend. on the density of the 


wax - free, 
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Filter-Aid Dewaxing Process 


precipitated wax this saving in heat-exchange surface can 
be realized. In some cases it has been found that lower 
rates of flow through the filter are obtained when the oj] 


is “shock” chilled, but even in the majority of these cases 
it has been found more economical to install sufficient filter 
area to gain plant capacity, rather than sufficient heat ex- 
change surface to gain slow chilling. The rate of chilling 
usually runs from about 50 to 100° F. per hour. Direct 
ammonia expansion is used on the chillers. 

In both vacuum and pressure systems the flow, described 
above, from the solution tank to the cold mix tank is used. 
From here on the systems differ somewhat. In the continu- 
ous vacuum system the cold mixture of oil solution, wax, 
and the filter-aid flows by gravity from the cold mix tank 
to the filter. A special level-control apparatus has been 
perfected and is being used with success commercially to 
control the level of mixture or slurry in the cold filters. 

The continuous vacuum filters are of either the drum or 
vertical disc type. The filter elements move continuously 
through the mixture to be filtered. While the filter ele- 
ments are immersed in the cold mixture the solution of oil 
is drawn through the filter medium and a cake or layer of 
wax and filter-aid is deposited on the surface of the filter 
medium. The filter medium continues to revolve out of the 
mixture and into a drying area where cold gas is pulled 
through the filter cake and the surplus oil-solution drawn 
out by gas displacement. After the cake is dried it con- 
tinues to revolve to a discharge point where a slight back 
pressure of gas is used on the inside of the filter element 
to distend the filter medium and discharge the cake overa 
discharge scraper arrangement. The clean filter medium 
then continues to revolve and re-immerse in the cold mix- 
ture in the bowl of the filter. In this manner the flow of 
undewaxed oil solution mixture passes to the filter and the 
dewaxed oil solution flows from the filter continuously. 

The dewaxed solution passes to the vacuum receivers 
from which the liquid is pumped through the heat exchang- 
ers and thence out to storage or to solvent strippers. 

In the pressure filter system the cold wax-aid mixture is 
pumped by a triplex pump to the pressure filter, which ts 
enclosed in an insulated cold room maintained at low tem- 
peratures by ammonia coils. Vertical filter discs are used in 
this pressure filter, each disc being composed of separate 
filtering sectors mounted on a rotating shaft. The pressure 
charge-pump forces the oil solution through the filter sec- 
tors, depositing on their cloth covers a layer of wax and 
aid. Pressure is gradually increased until 150 pounds per 
square inch is reached and there pressure maintained until 
a filter cake of about one-inch thickness is formed. 

The feed to the filter is then shut off and pressure main- 
tained on the cake while the excess unfiltered mixture re- 
maining in the shell of the filter is blown back to the cold 
mix tank and the cake dried. Gas pressure is then released 
and by putting a slight back pressure on the inside of the 
filter bags the cloth is distended so that the cake ‘drops 
into the bottom of the filter where it is removed by means 
of a scroll. Filter discs rotate during the entire operation. 
The filter is totally closed and is not opened to discharge 
the cake. 

In both systems the filter cake is delivered to a slurry 
tank located below the filters. Here sufficient wax wasi- 
naphtha, coming from the aid-recovery filter, is added to 
the cake to form a mixture that can be pumped. This mix 
ture is heated to dissolve the wax in the cake slurry or e& 
traction tank and thence pumped up to the vacuum com 
tinuous aid-recovery filter. Here in one operation the wax 
solution is separated from the aid, the aid-cake washed 
free of oil and wax, the aid dehydrated and dried and de 
livered back to the cold mix tank for re-use. 

No conveying or mechanical means is used to handle the 
aid. The entire system is automatically controlled by ther 
mostats, level and flow coritrollers, etc. 

Re-circulation of vapors is maintained in the vacullm 
system by vacuum pumps and in the pressure system by 4 
compressor. The entire system floats on a gas-holder. A 
very small inert gas generator only operates intermittently 
to supply any make-up inert gas required. This system’ 
also automatically controlled. 
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HE illustration shows an installation of a high 
efficiency continuous chilling system for de- 
waxing Bright Stock at low temperatures in 
four stages, cooling 2500 barrels of solution per day 
with a temperature of minus 56 degrees as designed 
by York Ice Machinery Corporation, York, Pennsyl- 
vania. The diagram shows the flow sheet of a 1200- 
barrel plant. 

In the first stage, the blended solution is cooled 
from blending temperature in a suitable exchanger 
using water as the cooling agent, or if dewaxed solu- 
tion goes direct to a re-run still or a tight storage, 
this solution can be used for this stage instead of 
water. 

In the second stage, further cooling is done by de- 
waxed solution from the centrifuge machines. Each 
tower in this stage is equipped with a temperature 
control device consisting of a tank having a thermal 
element in it which automatically controls the flow 
of dewaxed solution from the supply line into the 
tank, or shuts it off. 

In order to secure the proper velocity in the cool- 
ing coils of each tower, a pump withdraws solution 
from the control or tempering tank, forcing it 
through the coils and returns it to the tank. Addi- 
tional cold solution required to maintain an even 
temperature, is admitted under control of the ther- 
mostatic valve. A float valve in the tempering tank 
bypasses an equal amount of warm solution to the 
next tempering tank located on the higher tempera- 
ture side of the stage, where the same action is car- 
ried out. By this means the proper temperature of 
the cooling medium is constantly maintained under 
automatic control at the desired temperature to in- 
sure an even cooling rate without shock chilling. 

The third stage chilling can be done with wax free 
oil or brine that has been cooled in a shell and tube 
cooler, the cooling here being done with a high 
temperature ammonia system, consisting of either a 
compression or an absorption refrigerating machine. 
The same thermostatic control with tempering tank 
and pump is used, the operation being the same as 
that in the first stage except that the warmed oil 
or brine from the coils of each tower is passed into 
the return line, instead of into the next tempering 
tank. 

In the fourth stage, cooling is done by admitting 
ammonia directly into the heat exchanging coils, us- 
ing a York patented ammonia recirculating system. 
The ammonia is withdrawn from a low pressure am- 
monia receiver with a liquid ammonia pump which 
discharges into the top of the coils in sufficient 
quantity to carry the gas evaporated in the coils 
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downward with the liquid into the receiver. This 
flooding in the coils insures the constant wetting 
of the evaporating surface with liquid ammonia, mak- 
ing it active throughout, and at the same time elim- 
inates static head of the liquid ammonia in the coils, 
As the towers used for the bright stock system are 
of considerable height, the effect of static head is 
quite large when using a gravity feed ammonia sys- 
tem. Static head imposes additional pressure on the 
evaporating liquid, producing higher temperatures 
in the coils at the bottom of the tower where it 
should be the lowest. To secure the desired final 
temperature of solution it is then necessary to re- 
duce the evaporating pressure sufficiently lower tc 
compensate for this static head, requiring that th 
gas be pumped through a longer range with a conse 
quently increased power requirement. The Yor 
Patented Liquid Recirculating System enables th 
work in this stage to be done with high suction pres 
sure, using considerably less horsepower for opera 
tion. 

Gas separated from the liquid in the low pressur 
receiver is taken by a booster ammonia compresso* 
discharged to a direct expansion gas and liquid cool- 
er, scrubbed with liquid ammonia at the tempera- 
ture due to the booster discharge pressure, and goes 
to a high temperature compressor in a dry saturated 
condition. Under some conditions a water-cooled gas 
cooler is placed in the booster discharge main be- 
tween the booster and the gas-liquid cooler, to tak 
up the superheat or heat of compression before en- 
tering the gas-liquid cooler. 

All liquid ammonia used in the system is passed 
from the high pressure receiver through coils in the 
liquid-gas cooler, the coils being surrounded with 
ammonia at a temperature equal to that due to the 
booster discharge pressure. 

After the ammonia is cooled it is fed under float 
control into the shell of the gas-liquid cooler, low 
pressure receiver and other ammonia cooled apparatus. 

Any superheat in the low pressure side of the ammonia 
system reduces the capacity and increases the power fe 
quired for any refrigerating machine. This system assures 
the delivery of gas to the suction of both stages with little 
or no superheat, maintains a practically automatic operat- 
ing condition in the cooling system, and eliminates the pos 


sibility of liquid ammonia reaching and damaging the com- 
pressors. . 

The stage cooling of liquid and discharge gas is highly 
successful when used in connection with the high stage 
absorption machine. The gas-liquid cooler, due to its scrub- 
bing of the gas with low temperature ammonia, receives all 
oil from the booster discharge gas and deposits it in the 
bottom of the shell, from which it is easily removed with 
little or no loss of ammonia. 
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LACK wax taken from the filter presses contains 
sy a large percentage of oil, which is removed by 

chilling the wax to a solid mass and then gradually 
raising the temperature. In solid state wax crystals 
have innumerable interstices and voids which hold the 
oil and as the temperature is raised these cells expand 
and the entrained oil is drained away—and the process 
is termed “sweating.” 

The equipment used consists of a series of shallow 
steel pans erected in banks several units high, enclosed 
in a well insulated “sweat” room. Former practice in- 
volved the use of sweating pans about eight by 20 feet, 
about eight inches deep at the ends and sloping to a 
depth of 14 inches in the center. They were assembled 
in stacks, eight high, with one or two stacks per room 
or oven. Modern practice in larger refineries includes 
the use of pans from 50 to 60 feet long, 10 feet wide, 
with bottoms arranged in the shape of a series of in- 
verted pyramids, and oven capacity is increased through 
the use of more pans per stack. In these large pans 
instead of the former galvanized iron wire mesh of one 
inch squares overlaid with a brass wire cloth of 50 
meshes per inch, modern practices indicate a growing 
use of relatively inexpensive perforated metal plates— 
usually No. 14 B.W.G. sheet steel, perforated with 
three-thirty-seconds-inch round holes on_ three-six- 
teenths-inch centers. A coil for cooling the wax is laid 
over this screen or plate. 

After the pans are charged with slack wax water is 
pumped into the pans to a depth sufficient to cover the 
screen or perforated plate and the hot wax is then 
pumped in to a depth of five or six inches. By pump- 
ing cold water through the cooling coils the wax is 
chilled below its melting point and becomes a solid 
cake. The oven is then tightly closed, water is with- 
drawn from the pans and by the use of steam coils 
along the walls of the oven the temperature is raised. 

In the larger modern installations hot water is used 
for sweating purposes, by circulation through the coils 
in the pan, thus replacing the use of steam in the side 
coils of the oven. However, such steam coils are to be 
recommended for the reason that their use will prevent 
the chilling of the foots oil in the run-down line, and 
also oven temperature can be maintained about the same 
as that of the sweating wax cake. Further, the coils can 
be used to assist in melting down the wax after sweat- 
ing. The addition, further, of an open steam spray sys- 
tem under the screen is a valuable aid in melting down. 

The oil sweats out of the wax as the temperature is in- 
creased, drains through the screens or perforated plate 





Sweating Process 


and is led to storage through outlets placed at the low 
center of the pans. 

Two cuts are made, usually, the first being straight 
foots oil, and the second a mixture of oil and wax in 
about the same proportion as that of the slack wax on 
the pans. This cut is introduced directly into slack wax 
and re-sweated. The process is continued at a certain 
temperature until the oil is thoroughly sweated out. The 
remaining wax is known as scale wax and will have a 
melting point approximately at the temperature at which 
it was sweated. In this manner the melting points of 
the waxes are controlled. The scale remaining on the 
screen is melted down by turning steam through the 
coils and is drained from the bottom of the pan to a run 
down tank for further treatment. 

Details of the sweating process and equipment are 
shown in the diagrams appearing on the opposite page 
which are taken from American Petroleum Refining 
by H. S. Bell, second edition, 1930, chapter on “Wax 
Plants.” 

Where hot water circulation is employed the tempera- 
ture of the water may be regulated automatically by 
introducing live or exhaust steam into a tank containing 
the circulating water. The control is by a regulator, 
controlled by the temperature of the water in the tank, 
which actuates a diaphragm valve on the steam inlet 
line. 

In a closed system of water circulation it is difficult 
to determine which coils are functioning properly and 
for this reason each coil should discharge separately 
into an overflow trough placed above the top pan and 
arranged to drain back to the tank for recirculation. 

With hot water circulation, automatic control of tem- 
perature, unrestricted outlets, and better ovens the time 
cycle has been materially reduced from former results 
secured in old type sweaters. 

Some types of waxes are chemically treated in in- 
sulated agitators before finishing. Others need not be 
treated, although the treatment generally consists only 
of a weak soda solution wash, followed by a hot water 
wash and blown dry with air. Following such treatment 
the wax is filtered to obtain a clean white product. 
Usually fullers earth is employed for filtration, using 
shallower beds of earth than are used for lubricating 
oil filtration, and the rate of filtration is also much 
higher. A few-refiners still employ bone black for wax 
filtration, but the work, for the most part is done with 
fuller’s earth. After filtration the wax is ready for re 
moval to final storage from which it is taken to the 
packaging room and prepared for shipment. 
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UCH has been written of the Nichols-Herre- 
M schoff furnace since this multiple hearth fur- 

nace was first adapted to the oxidation of 
fullers earth. It is a familiar sight among refiners 
and so no detailed explanation of its construction 
and operation will be made at this time. However, 
a cross sectional view of the furnace prepared by 
G. G. Brockway Company, Philadelphia, is shown 
for reference. 

There have been many discussions among opera- 
tors regarding the proper temperatures for roasting 
fullers earth. From observations made of the dif- 
ferent conditions under which temperatures are pro- 
duced and taken, it would not be advisable to give 
the impression that if the temperature curve varied 
slightly from temperatures suggested as a general 
guide, that the earth will be ruined. There are a 
number of factors which have to be considered in this 
connection. For example, the variation in the char- 
acter of the several types of clay, the amount of 
volatile and carbonaceous matter in the clay fed to 
the furnace, and the method of taking temperature 
readings. 

MAXIMUM LIMITS 

The Bureau of Mines recommends temperatures 
of 700° F. for new earth: 1000 F. for first reburn: 
1050° F. for second reburn and 1100° F. for all other 
burns. From experiments, we may expect the rough 
surfaces of earth to smooth over slightly around 
1300° F. Something less than that then, forms our 
maximum limit. 

The purpose of heat in the reactivating process is, 
first to drive off moisture and volatile matter, which 
is present in limited quantities. This requires a 
temperature of 600° F. Then comes the oxidation of 
the carbon. Conditions for rapid oxidation are, 
temperature above the ignition temperature of coke; 
circulation of preheated air over and through the 
material at ignition temperature; continual and fre- 
quent stirring to expose new surfaces to the oxidiz- 
ing conditions for a sufficient length of time. Average 
furnace conditions require temperatures of over 950° 
F. to produce the flickering blue flames, which in- 
dicate rapid oxidation is taking place, although car- 
bon matter will burn out at somewhat lower temper- 
ature. 

HEARTH TEMPERATURES 
If thermocouples are inserted in the “cool” spots 


162 


Nichols-Herreschoff Furnace 
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of the furnace; i. e., between the gas outlets and the 
burners, the burner gases traveling away from the 
couples, and the couples registering gas tempeta- 
tures, the following temperatures will be found to 
be a safe guide; Hearth number 1—500° F.; Hearths 
numbers 2, 3 and 4—1000° F. to 1100° F.; number 5 
will drop to around 800° F.; number 6—600° F 
number 7—400° F. and earth outlet temperature will 
be 200° F. or less. This latter temperature depends 
largely on the thoroughness of oxidation. Tempera- 
ture of completely oxidized earth will drop very 
rapidly, whereas earth still oxidizing as rabbled from 
the oxidizing zone will likely be so hot when dis- 
charged as to give trouble on the conveyor belts. 

Generally, temperature readings of the gases only 
are considered, rather than of the earth itself, for 
various reasons. Roasting practice has always been 
“control the temperature to which a material is ex- 
posed, and the temperature of the material itself 
may be positively controlled.” 

The first consideration is always to prevent over- 
heating. The temperature of the material as it en- 
ters the furnace will rise in endeavoring to reach the 
furnace temperature indicated on the pyrometer 
chart. Should the carbon content of the earth be so 
great that the heat rise is too great and rapid, the 
chart will record it without delay. When this excess 
temperature is taken care of by turning out the burn- 
ers or otherwise, it is immediately recorded. Therefor § 
under all conditions, pyrometers recording gas temp- 
eratures, record them on the hot side, which means 
the safe side. They record every change immediately 
and correctly. 

Contrast this with the time loss in indicating a 
rise in temperature, when the couple is imbedded 
deep in the earth. Earth on the hearth oxidizes 
mostly on its surface. Suppose this surface for some | 
reason gets too hot. The slow penetration of heat 
is finally indicated on the chart. Then operating cor- 
rections are made, but considerable earth may have 
been overheated meanwhile. Further, supposing that 
at the time the corrections had been made, the con- 
ditions causing the excessive heat had corrected them- 
selves. Before this could be indicated on the chart, 
there would be a quantity of earth insufficiently 
heated in addition to the earth that had been heated 
too much, all as the result of the one fluctuation im 
temperature. 
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Grease Making Plant 


mystery arts until the advent of the chemical 
technologist into the oil refining field. The 
old plants were of poor design, and frequently were 
operated with an air of secrecy; consequently, little 
more information seeped into them than leaked out. 
Modern plants are examples of good engineering and 
the equipment is designed to fill the needs of the 
present high speed production methods and to in- 
sure the user that the grease will not clog modern 
high pressure, automatic dispensing equipment. 
While no attempt is made to discuss the tech- 
nology of grease making, it is well to briefly outline 
the manufacture of the main grease products made 
and sold in quantity. During the past few years, 
machinery has been designed for pressure lubrica- 
tion, both in the automotive and industrial plant 
fields. This has resulted in a decrease in consump- 
tion of “cup grease” and has led to a great demand 
for “high pressure grease.” The manufacture of cup 
grease and fibre grease will be described in order to 
make clear the operation of a modern grease plant 
indicated by the accompanying flow diagram, pre- 
sented on the opposite page through the courtesy 
of Alco Products-Inc. 220 East 42 Street, New York. 
For convenience of operation the plant should be 
laid out so that the kettles face one side of the build- 
ing permitting windows to be placed opposite for 
ventilation and light. In the rear the oil storage 
tanks are placed so that the oil will gravitate to the 
kettles. A separate room should be set aside for the 
crushing of the rock lime and its attendant air classi- 
fier and screens. At the opposite end, a hot room 
should be provided so that the fat can be readily 
melted and run to weigh tanks for addition to the 
kettles. If a pressure mixer is used, it can be placed 
on the level of the kettles or on a balcony. The ket- 
tles should be so set in the floor that the tops are 
about 30 inches above thte floor level. The bottoms 
of the kettles should be about eight feet above the 
main floor level so that pumps can be attached with 
Short feed pipes. This eliminates jacketed lines and 
plugged lines between runs. Most modern plants 
are equipped with grease filters so that all rust, lime 
specs, foreign material and the like are removed be- 
fore the grease is run to cans, barrels or other ship- 


ping packages. 


(G mer making was held to be one of the 


MANUFACTURE OF CUP GREASE (LIME BASE): 

The materials used are lime, horse fat, mineral 
oil, dye, oil of myrbane and water. The first step is 
the saponification of the fat by the lime. 


February, 1932—A Gulf Publishing Company Publication 





y 


The melted fat is weighed and poured into the 
kettle and an equal volume of a 100 viscosity oil 
of light color is added. Ground rock lime, mixed and 
poached with about four times its weight of water 
and screened, is added to the stirred mix of oil and fat. 
Steam is turned on the jacket and held until the mixture 
shows a temperature of 250 degrees F indicating that most 
of the water has been evaporated from the mix and that 
saponification has proceeded beyond 96 per cent. The steam 
is temporarily shut off and the mineral oil added in fine 
streams with good stirring. At the same time warm water 
is sprayed into the mix. The temperature of the mix is 
allowed to drop to just above 212 degrees F. The dye is now 
added, dry, and the mineral oil added at such a rate that 
the mass has an unctuous appearance, no strings or lumps, 
and a minimum temperature of 175 degree-180 degree F. 
is maintained. This is made possible by keeping the oil 
afdition and steam to the jacket balanced. The grease 

ier adds oil of myrbane and keeps stirring the grease 
until he is ready to pump it through the screens in the 
grease filter to the shipping packages. The points to be 
watched are avoiding of lump formation, smoothness of 
texture, the uniform addition of, the water necessary to 
form the emulsion of the soap and the mineral oil. 


High pressure grease is made in the same manner, the 
difference in the two products being in the viscosity of the 
mineral oil. Instead of employing 100 viscosity oil, an oil 
of 300-400 is used and less soap is incorporated. 


SODA SOAP OR FIBRE GREASE 


In order to manufacture fibre grease either a fire heated 
kettle is necessary or a kettle equipped with high pressure 
steam. Welded construction throughout is almost a ne- 
cessity due to the fact that absolutely no water contamina- 
tion (from steam or otherwise) is permissible. Another 
requirement is a powerful drive on the stirrer and that 
the latter should be of the close fitting, plough type. 

The manufacture of a soda base grease is described for 
convenience in contrasting the production of lime and soda 
greases. The kettle is charged with 1000 pounds of a sa- 
ponifiable fat and an equal volume of mineral oil. After 
thorough mixing a 50 degree Be’ solution of caustic is ad- 
ded and steam admitted to the jacket. It is cooked for 
about eight hours and allowed to stand for eight to 10 
hours. Stirring is started again and the mineral oil added 
slowly so that a uniform mixture is effected. The kettle 
is “turned” once in 24 hours under normal conditions. The 
steam pressure should not fall below 135 pounds during the 
operation. The finished grease is pumped out and stored in 
open barrels until needed for blends or shipping. 

Special greases are usually made from mixtures of lime 
and soda bases made from oils with special characteristics 
such as high viscosity, low color, low pour test or the like. 
By varying the percentages of soap or the viscosity and 
cold test of the oil, greases showing unusual flowing char- 
acteristics at low temperatures or through long coils of 
pressure feeding pipes can be readily produced. Greases to 
withstand extreme tooth pressures in gear work are usually 
made from a base having super load carrying characteristics 
mixed with mineral oil. This product may be thickened 
with either calcium or soda. soaps if a grease is desired. 
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Pressure Saponitfication Process 


V IN GREASE MAKING 


grease production, differs so markedly from 

open kettle saponification that it deserves spe- 
cial comment. Four different applications are de- 
scribed below, as designed by Sowers Manufacturing 
Company, Buffalo, New York. 

The simplest, though not most common, use of a 
pressure mixer is shown in Figure 1. Into the closed 
steam jacketed kettle, equipped with a double-motion, 
scrapping type agitator, are charged measured 
amounts of (a) the fat to be saponified; (b) the sa- 
ponifying agent usually made into a cream with oil 
or water; (c) water if needed and if the fat is so free 
from fatty acids that insufficient water will be formed 
by the reaction; (d) all of the lubricating oil needed 
to make the finished grease. 

The pressure mixer is closed, agitator started and 
steam turned into the jacket. After a predetermined 
time steam is turned off and the jacket vented and 
slowly filled with cold water; then, while agitation 
continues, cooling water is circulated through the 
jacket until the grease has cooled sufficiently to be 
drawn off without losing its moisture. This cooling 
may be continued, if desired, until the grease is cool 
enough to be run directly into packages. 

Advantages of the method shown in Figure 1 are 
that the uncertainty of the human element is re- 
moved since the entire process is standardized; using 
the same raw materials each batch of finished grease 
is exactly like each previous batch. The disadvan- 
tages are that each batch can be only as large as the 
capacity of the pressure mixer; that certain oils are 
darkened by prolonged heating; and that the pres- 
ence of the large volume of oil needed for the fin- 
ished grease slows up the reaction of saponification. 
In consequence this method is used chiefly for hard- 
to-make specialties which bring good returns, such 
as lead base transmission lubricants,. water pump 
rather than for low priced products 


P  erese or saponification, the modern aid to 


greases, etc., 
made in large volume, such as cup greases. 

Figure 2 is a modification of the method just de- 
scribed. Here the base is made under pressure with- 
out the oil being present, oil under pressure being 
later added and worked in before the pressure is re- 
leased. This works well where saponification cannot 
be carried out properly when reacting agents are di- 
luted by the oil, yet where the moisture content must 
be so carefully controlled that it is not practical to 
work the oil into the base in an open mixer. 

Figure 3 shows the most generally accepted 
method. Here the pressure mixer makes only the 
base. finishing being done in open kettles. Since sa- 
ponification and finishing are thus carried on sepa- 
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rately, they may be carried on simultaneously, one 
pressure mixer being used to supply base alternately 
for two or more open kettles. 


The pressure mixer is charged only with the fat, 
the saponifying agent, a little water, and in some 
cases, a little oil so that the resulting base will not 
be too heavy or too hard to work oil into later on, in 
the open kettles. 


With steam in the pressure mixer jacket at 125 to 
150 pounds an internal pressure of 50 to 85 pounds 
is developed. (One large pressure mixer is operating 
satisfactorily with steam in the jacket at 80 pounds.) 
Saponification is practically complete in 15 to 20 min- 
utes, although usual practice is to hold the base un- 
der pressure for 30 to 60 minutes. One user of this 
method has reported that he has never found more 
than one-tenth of one per cent of unsaponified fat 
after holding under pressure for 30 minutes. 

The base is then discharged into one of the open 
kettles, losing much of its moisture by “flash evapor- 
ation” in discharge. This gives a nearly dry base to 
which definite amounts of oil and water are added for 
finishing. 

Most installations are made with the pressure 
mixer mounted on the floor above the open mixers 
so that the soap drains by gravity out of the dis- 
charge lines. A few recent installations, as shown by 
Figure 4, have the top of the pressure mixer level 
with the tops of the open mixers, using the pres 
sure generated in the pressure mixer to force the 
soap up into the tops of the open kettles. The dis- 
advantage of having to remove soap from the lines 
after each batch is blown is more than offset by the 
simplified installation and the convenience in opera- 
tion resulting from having all mixers on one floor. 

Including time required for charging and discharg-_ 
ing the pressure mixer and for bringing the batch 
up to temperature and pressure, a six-barrel batch 
of base is usually made in from one to two hours, 
with larger amounts requiring somewhat longer time, 
For finishing the grease in open kettles with double-motion, 
scraping type agitators, from 1% to three hours are re 
quired. In practice, the combination of these operations 
results in two,-and in some cases, three batches of greasé 
from each open kettle per day; as compared with the older 
practice of making only one batch per kettle per day. 

The use of pressure saponification not only improves the 
uniformity of the grease, reduces the chance of lost batches” 
and permits grease manufacture by less experienced opera- 
tors, but also further reduces manufacturing cost by cutting 
down the “cost-per-pound-of-grease” that must go for 
equipment, maintenance, steam, power and labor. 


ILLUSTRATIONS 
Upper photograph on opposite page shows mixer used for lead basé 
lubricant, entirely under pressure. Lower photograph shows pressuré 
mixer installed over open kettles that were already in plant. 
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Cannon Sweetening Process 
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ONTINUOUS treating processes for the chem- 
C ical refinement of all types of petroleum dis- 

tillates are designed by H. H. Cannon Company, 
Los Angeles, California, and the organization is now 
specializing in the work of sweetening gasoline through 
the use of the Cannon Sweetening Process which 
utilizes calcium plumbite in lieu of the usual sodium 
plumbite solution familiar to operators using the “Doc- 
tor” treating method of sweetening gasoline. 

The sweetening of sour gasoline is directed to the 
elimination of a group of bodies known as mercaptans 
or alkyl hydrosulfides. These bodies are of objection- 
able odor and are quite active in their attack on metals, 
particularly copper and brass. While the sweetening 
process eliminates the mercaptans which are hydro- 
sulfides, it does not actually remove the sulfur from 
the oil, but only changes its manner of combination, con- 
verting the mercaptans into the corresponding disulfides 
which are sweet, non-corrosive and of a pleasant 
ethereal odor. 

A number of treating processes are in use in the in- 
dustry, and exprerience has shown that in the design 
of such processes—most of which must handle a cor- 
rosive and caustic solution which must be prevented 
from degenerating in storage—steps must be taken or 
included tending to avoid emulsions formed between 
chemical and oil and the high losses due to such emul- 
sions, and better economy of operation must be secured. 
Certain types of continuous treating processes where in 
acid and alkali, and filtration are employed for the 
treatment of such products as straightrun gasoline, pres- 
sure plant gasoline and pressure distillate are shown on 
the opposite page. 

In the Cannon sweetening process only the alkaline 
reagent is employed. In this process the litharge re- 
quired is used an indefinite number of times without 
regeneration, the reaction being a cycle in which the 
lead and alkali compound is continuously consumed 
and continuously regenerated. The process involves the 
substitution of calcium plumbite for sodium plumbite, 
that is, instead of using a mixture or compound of lead 
oxide with sodium hydrate, this process uses a mixture 
of the same lead oxide with calcium hydrate. This ap- 
parently slight change, however, involves an entirely 
different technique, due to the fact that the calcium 
reagent is used in the form of a dry powder instead 
of solution and is obviously based on an entirely differ- 
ent set of chemical reactions. It produces economy of 
reagent due to the fact that the lead is continuously 
and automatically regenerated from the sulfide. 

In treating with this reagent the mercaptan radicals 
combine the harmless disulfide while the lead is precipi- 


tated as a sulfide. This sulfide, however, in the presence 
of the lime is itself broken down forming a new supply 
of calcium plumbite—the sulfur from the lead sulfide 
combining with further lime to form calcium sulfide. 

The reagent used is a powder consisting first of a fine- 
ly divided porous earth known under the trade name of 
“Supercel” which is used to carry and extend the con- 
tact surface of the active ingredients which are the 
ordinary slacked lime of commerce. This should be of 
the best quality and very finely divided. The other in- 
gredient is the commercial lead monoxide or litharge, 
as previously mentioned. The reagent also carries a 
small proportion of water which is preferable added in 
the form of a solution of sodium hydrate which fune- 
tions as an accelerator to cut down the time of reaction, 
The small quantity of water used for this purpose does 
not produce a wet reagent as “Supercel” has the ability 
of absorbing several times its own weight of water 
without becoming water soaked hence the reagent is 
termed a dry powder even though it may carry up to 20 
per cent of its weight in water. 

The only requirement for the successful manipulation 
of this powdered reagent is that it be contacted with 
the oil being processed in the presence of a sufficient 
amount of sulfur to effect the conversion of the lead 
mercaptide into the lead sulfide, or in other words, an 
amount of sulfur equal to one-half the quantity con- 
tained in such mercaptans as may be present. This free 
sulfur is continuously introduced in the form of a solu- 
tion of sulfur in gasoline. 

In plant operation this contacting can usually be ac- 
complished in the conventional continuous doctor treat- 
ing plant with a minimum of changes in equipment, 
hence it is not necessary to “junk” existing apparatus 
and to install new equipment where such changes are 
made. 

Due to the fact that a cyclic reaction, as described 
above, of the lead is obtained the consumption of lead 
monoxide or litharge is very small. Experience in both 
laboratory and commercia! plant runs have repeatedly 
shown that one pound of lead oxide in this reagent 
will sweeten several times the quantity of oil that one 
pound of litharge as used in the doctor solution will 
sweeten. This means that the overall treating cost is re 
duced to only 15 to 20 per cent of the cost of sweeten- 
ing gasoline by the doctor method. 

One ton of reagent will sweeten from 20,000 to 100,- 
000 barrels of oil, and this quantity can retain less than 
its own weight of oil; therefore the losses from sludg- 
ing are practically nil. No water washing is required. 
The emulsion losses are eliminated and the reagent has 
the advantage of not being corrosive. 
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Cold Treating Process 


y 


ess as a source of motor fuel in recent years has 

brought to the refiner many new and difficult 
problems. Due to the high sulfur content of a large 
portion of the stocks used for cracking, one of the 
major problems is that of refining the cracked naphthas 
to produce a finished gasoline of desired sulfur specifica- 
tions at a reasonable treating cost, without excessive 
stock losses and without impairing the anti-knock quality 
of the product. 

An effective method of reducing the sulfur content 
of cracked naphthas involves treatment with strong 
sulfuric acid followed by redistillation of the treated 
stock. Generally, sulfuric acid has been applied to the 
cracked naphtha without thought of temperature con- 
trol. Excessive temperatures developed, large amounts 
of acid were required, low yields of gasoline were ob- 
tained, and large quantities of valuable anti-knock con- 
stituents were destroyed or removed from the gasoline 
boiling range by the polymerizing effect of high tem- 
peratures. 

The cold treating process developed by Standard Oil 
Company of California, San Francisco, California, ‘was 
designed to overcome these disadvantages. It is based 
on the theory that the solvent power of strong sulfuric 
acid for sulfur compounds does not materially decrease 
at low temperatures while on the other hand its polymer- 
izing and sulfonating properties are appreciably reduced. 
Although extensive research work had indicated the 
most suitable temperature range, the cooling of a re- 
finery’s entire production of cracked naphtha to such 
temperatures appeared at first to present a serious prob- 
lem. However, an investigation of various means of re- 
frigeration showed that this could be accomplished by 
an ammonia system at a very small cost compared to 
the benefits obtainable. 

These benefits were, first and foremost, that sulfur 
was removed very effectively, with remarkable reduc- 
tions in gasoline losses and acid requirements for any 
given degree of refinement. 

In addition to the increased gasoline yield and the 
reduced acid requirements, the cold treating process has 
the following advantages: retention in the gasoline of 
valuable anti-knock constituents ; decreased caustic soda 
requirements (50-60 per cent decrease) for the neutral- 
izing and subsequent redistillation steps; less emulsion 
trouble in the water washing and caustic soda washing 


r NHE large increase in the use of the cracking proc- 


FOR CRACKED NAPHTHAS 


following the acid treatment, thereby leading to in- 


creased capacity and lower processing costs in the con- 
tinuous treating plant; less gum-forming constituents in 
gasoline, thereby making the process applicable to naph- 
thas from vapor phase cracking where gum reduction 
is desirable; improved color stability of gasoline; and 
improved yields of acid where spent acid recovery is 
practiced, resulting in decreased acid costs. 

Some idea of the savings in acid and in gasoline 
by cold treatment may be obtained from the follow- 
ing table: 

Acid required for normal treat- 

ment (without cooling) .... 0.20 0.50 1.00 

(Lbs. 98 per cent acid/Gal. of 

cracked naphtha) 

Per cent increase in gasoline 

yield by cold treatment 16.8 37.0 
Per cent decrease in acid re- 

quired by cold treatment .... 20.0 41.6 56.1 

Two plants for cold treatment have been in operation 
at the refineries of Standard Oil Company of California 
for over three years. The combined capacity of these 
plants is over 1,000,000 gallons daily. 

Refrigeration for the plant is accomplished by direct 
expansion of ammonia. Liquid ammonia from storage 
is fed into accumulators and thence to coolers, each ac- 
cumulator feeding several coolers. From the coolers and 
accumulators, the gaseous ammonia is led back to com- 
pressors, then through condensers and back to storage. 


All lines, coolers, and accumulators are insulated to in- 
sure economy of operation. The refrigeration require- 
ments are approximately 100 tons per 1000 barrels of 
cracked naphtha daily. The cost of this refrigeration is 
very small, amounting to less than one-tenth of a cent 
per gallon of naphtha treated. 

In operation, the naphtha is cooled to some point be- 
low the maximum desired temperature in order to allow 
for the temperature rise when acid and naphtha are 
mixed. After mixing, the mixture of acid and naphtha 
is immediately cooled again to prevent any rise in tem- 
perature above the maximum desired. 

Added features of this plant include two-step counter- 
flow acid application with centrifuged mixing pumps, 
settlers for the removal of acid sludge from the naphtha 
prior to water washing, and a separator which facili- 
tates removal of entrained naphtha from the acid sludge. 
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r “HERE are many variations in the methods used 
by various refineries in the treating of light and 
heavy oils. But in the end it all amounts to the 

same thing, that is, to treat all of the oil and do it in the 
most efficient and economical manner. For the past 
several years interest has been centered in continuous 
treating systems rather than batch treating systems. For 
that reason this article deals with layout for continuous 
treating of gasoline, pressure distillates, etc. 

An ideal continuous treating installation is one in 
which every drop of the oil comes in contact with the 
acid, caustic, or other treating agent. It is a system 
in which the friction losses are reduced to the minimum. 
The system must be flexible te permit easy changing in 
the amount of treating agent used, as well as changes in 
the time of contact. It must be simple in construction 
and operation and the materials of construction should 
be both resistant to corrosion and to erosion. The main- 
tenance cost should be low and the initial cost should be 
the minimum; but without sacrificing in any way the 
quality of the material used. 

Continuous treating systems have been gradually im- 
proved over a period of several years until now it is 
possible to lay out and install equipment that will at 
least approximate the results that the refiner is attempt- 
ing to secure. At one time it was thought that satisfac- 
tory treating involved the use of complicated and ex- 
pensive coil mixers, or baffle plates, which caused an 
abnormal back pressure on the pumping system. The 
day has passed also when each refiner feels that his 
own layouts are the only ones practical. At present 
the equipment, at least that which goes into a continu- 
ous treating plant, is to a certain extent standardized. 

Since the success or failure of a treating plant de- 
pends upon successful treating of the oil, it is apparent 
that the most essential part of such a plant is the means 
used for mixing the oil and treating agent. 


One such mixer being offered the industry is a mix- . 


ing nozzle manufactured and sold by Duriron Company, 
Inc., Dayton, Ohio. These are furnished in Duriron 
for use where corrosive treating agents are used and in 
cast iron where the treating agent has little or no effect 
on the material. When the nozzle is furnished in Dur- 
iron it not only resists acid and other corrosive treating 
agents, but is also resistant to erosion or scouring. 
These nozzles have been in use for five years or more 
in some plants and show very little wear. They are 
furnished in sizes from 2 to 12 inches, inclusive, and 
are designed to effect maximum mixing with minimum 
resistance to flow. 





*Figure 1, upper left hand diagram is the older design of mixing nozzle 
and Figure 2, upper right hand diagram, is the improved design of mix- 
ing nozzle, used in connection with new type treating systems. D’agram 
appearing at the bottom of the next page is that of the old type con- 
tinuous treating system. 
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Continuous Treating System 





Another important matter to be considered is the in- 
troduction of the treating agent to the oil stream. A 
very satisfactory method is to use an elbow jet in 
stalled in a tee in the treating column just ahead of the 
first mixing nozzle. This tee delivers the treating agent 
to the center of the oil stream, as indicated in Figure 1* 
An improved design is shown in Figure 2.* In this 
case the delivery jet is perforated so that the treating 
agent is delivered throughout the whole column of oil 
going to the mixers. At the same time, by using the 
special tee shown, the mixture of oil and treating agent 
reaches the first mixing nozzle immediately after the 
treating agent is released in the oil line. 

Flexibility is obtained by varying the spacing be- 
tween-the two or more mixing nozzles; by varying the 
size of the mixing nozzles and also by varying the rate 
of feed of the treating agent. This last is best accom- 
plished by the use of proportioning pumps which are 
very easily calibrated so that the feed can be con- 
trolled to very narrow limits. These pumps shouid be 
of the plunger type and constructed of material resist- 
ant to the corroding action of the treating agent. 


The system outlined is equally efficient when using 
single treating methods or split treating methods and is 
just as satisfactory for handling weak acid as when 
handling strong acid. The fact that similar equipment 
is furnished in cast iron for use where a corrosion proot 
material is not needed, keeps the cost of these installa- 
tions down to a minimum. The efficiency as well as the 
low cost have served to influence a large percentage of 
the refiners in the United States to adopt this method 
and this type of equipment for treating. 

This type of mixing nozzle is not confined to the treating of 
liight oils; but also is being used for the treating of lube oils, 
for blending, for pre-treating of crude and for making emul- 
sions. The Duriron type of mixing nozzle is just as efficient 
when used for water washing as when used in handling treat- 
ing agents. In fact, it can be adopted and will prove efficient 
for any job where two liquids of widely varying specific gravi- 
ties are to be intimately mixed. 

The number of nozzles used will, of course, effect the back 
pressure, but it has been found that not more than two are 
required for treating and not more than three for efficient 
water washing. Their use in the majority of cases permits 
operating at very much lower pressures than when orifice 
plates, bends or other types of equipment are used. The de- 
signers and makers of the Duriron mixing nozzles and other 
corrosion proof equipment are always glad to furnish detailed 
information regarding this equipment. 

The article is not in any way to be considered a treatise 
on the process of treating. There‘is no thought to influ- 
ence the use of any particular treating agent, but is a brief 
outline of the equipment and layout which has proven sat- 
isfactory in the treating departments of a large percentage 
of refineries in operation. 
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Ltd., 11 West 42nd Street, New York, success- 

fully introduces a method for treating petro- 
leum stock with a selective solvent; thereby elim- 
inating the use of acid. The process was developed 
by Dr. L. Edeleanu as a result of his need for an 
agent for treating Roumanian kerosene distillate 
which could not be satisfactorily treated with sul- 
phuric acid. 

The solvent used in the Edeleanu process is liquid 
sulphur dioxide (SO,), and the reason for its selec- 
tion is, primarily the high selectivity of this solvent 
at low temperatures whereby good separation be- 
tween the desirable and undesirable hydrocarbons is 
obtained. At 14° F., paraffines and naphthenes are 
almost insoluble, while aromatics and unsaturated 
compounds containing two or more double bonds are 
miscible with liquid sulphur dioxide at all tempera- 
tures. The second reason is the low boiling point of 
SO, (14° F. at atm. pressure). Because of its low 
boiling point the liquid SO, is comparatively easily 
and completely recovered from the two layers formed 
and may be steadily used over again. 


Tus Edeleanu Process, Edeleanu Company, 


The first commercial plant treating kerosene dis- 
tillates by liquid SO, was installed about 20 years 
ago. After the war the operation of the process was 
greatly improved by various new devices such as 
continuous operation and counter-current treatment, 
multi-stage evaporation, perfection of the heat-ex- 
change system and so on. Furthermore, special equip- 
ment was developed for the treatment of heavy oils 
so that today the process is used on all fractions 
from gasoline to lubricating oils. 

A flow sheet of a typical lube oil plant is shown. 
The incoming oil is dehydrated, passed by a centri- 
fugal pump through a cold-exchanger and a distillate- 
cooler, and temperature is reduced to the desired 
point. Cooling is accomplished by means of the cold 
taffinate (refined oil) that has already passed 
through the mixers. In the distillate-cooler further 
cooling is effected by evaporating a small amount of 
liquid sulphur dioxide added to the distillate before 
it enters the distillate cooler. Thus the oil is cooled 
to about 14° F, before introduction into the first mix- 
ing chamber. Meanwhile liquid SO, is passed from 
the collecting-tank through a cold-exchanger where 
it meets the cold extract (extracted oil) that has al- 
ready passed through the mixers, and is then passed 
through a cooler where it is further cooled to about 
14° F. by evaporating part of the SO,. The mix- 
ing of the distillate and the SO, takes place in a 
Series of mixing and settling chambers where the 
passage of the oil is counter-current to that of the 


Edeleanu Proeess 


February, 1932—A Gulf Publishing Company Publication 


V 


SO,. Chilled oil enters the first mixer and is mixed 
with the extract obtained from the second settling 
chamber, then passes to the first settling chamber where 
separation of raffinate and extract takes place (as in the fol- 
lowing settling chambers) due to difference in specific grav- 
ity. The resulting extract—having passed through all the 
mixers—is led into the extract tank while the raffinate goes 
through the next mixing and settling chambers. In the last 
mixing device the oil which thus has undergone a number of 
pretreatments meets pure SOs, obtained from the SO: cooler 
and here it is freed from the final portion of aromatic and 
unsaturated constituents. The raffinate obtained in the cor- 
responding settling chamber is led into the raffinate tank 
while the extract is used.for the pretreatment of the oil, 
flowing of course counter-currently to the latter. 

After having passed through all mixtures the raffinate 
and extract pass through cold exchangers as described 
above and are then ready to go to the evaporators where 
they are separated from the solvent, accomplished by the 
use of heat and reduction in pressure. The evaporation of 
the SO, in the raffinate as well as of the extract is effected 
in three stages—the condenser stage operating under con- 
denser pressure, the low pressure stage at atmospheric 
pressure, and the vacuum stage (which may be divided in 
low and high vacuum stages) under an absolute pressure 
of one-half inch mercury. On the extract side, the con- 
denser stage is operated triple-effect, the heat required for 
the second and third evaporators being supplied by the 
condensed SO, vapors from the preceding effects. The 
major part of the SO, is expelled from the raffinate and 
extract in the condenser stages and passes directly into the 
condenser. The SO, vapors from the low pressure stage 
are removed by compressors and the SO, vapors from the 
vacuum stages by vacuum pumps which discharge into the 
compressors. The compressors discharge into the con- 
denser. Thus all SO, vapors finally reach the condenser 
where they are liquefied after which the liquid SO, re- 
enters a fresh cycle in the process. 

On account of automatic control the handling of an 
Edeleanu plant is greatly simplified. Two men per shift 
are sufficient for plants treating 2000 barrels of oil daily. 
On account of almost complete recovery of the SO, oper- 
ating costs are low. They consist mainly in electric power, 
steam, labor, and small amounts of fresh SO,. In most 
cases the only finishing operation for SO,-treated lubricat- 
ing oils is filtration through clay. 

The finished raffinate and extract is practically free from 
SO,. The raffinate yield depends‘on the quantity of aro- 
matics and unsaturated to be removed from the original oil. 

A considerable rise in gravity is obtained in all cases 
when refining with SO,. With kerosene the burning and 
lighting qualities are improved because of the almost com- 
plete removal of aromatic and unsaturated compounds. With 
lubricating oils the Conradson carbon is greatly reduced, 
the oil shows a greater resistance to oxidation, forms less 
sludge and holds its color better. Long time tests indicate 
a high degree of stability. The reason for this is that sul- 
phur dioxide removes the undesirable compounds more 
completely, and that—contrary to acid treatment—no chem- 
ical action between oil and SO, is obtained. 

The Edeleanu process being of purely solvent action 
operates without any volumetric loss of the distillate under 
treatment and thus eliminates all sludge problems of the 
conventional acid treatment. 
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Sharples Acid Treating Process 
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HE Sharples Centrifugal Process developed by 

the Sharples Specialty Company, 2370 West- 

moreland Street, Philadelphia, has been de- 

veloped for the continuous acid treatment of petro- 

leum lubricating stocks and especially for the acid 

treatment of cylinder stocks, long residuums and 
heavy distillates from all types of crudes. 

In the Sharples Centrifugal Process the raw lu- 
bricating stock and acid are continuously measured 
in the required proportion, violently agitated me- 
chanically to cause a reaction between the oil and 
the acid, and the mixture is then centrifugally sep- 
arated continuously, delivering sludge-free sour oil 
and oil-free sludge. 

Important features of the Sharples process are (1) 
Thorough mixing of acid and oil in the shortest pos- 
sible time, which insures maximum color with a mini- 
mum of acid. (2) A prompt, rapid and clean cut sepa- 
ration of the sludge obtained by the high centrifugal 
force of the Sharples Super Centrifuge, over 13,000 x 
gravity, a force over double that of any other make. 
This prompt and clean cut separation results in a high 
yield of superior oil which, particularly on oils of high 
viscosity, is possible only by the use of centrifugal 
separation. 

The diagram shows the units of the equipment for 
operating the process. The entire system is closed. 
Oil is supplied at a sufficient pressure to pass it 
through the system until it discharges as sour 
oil from the Sharples Super Centrifuge. A pressure 
of approximately 20 pounds per square inch is suffi- 
cient. The oil is either drawn from the supply at 
correct temperature or is passed through a continu- 
ous heater so controlled as to give oil of a uniform 
temperature. Acid is also supplied at approximately 
the same pressure. 

The proportionometer used for measuring the acid 
in proportion to the oil is operated and controlled by 
the flow of oil using a positive displacement device 
for this purpose which in turn controls a positive 
displacement device for measuring off the acid. The 
proportionometer will give an accurate proportional 
measurement of acid to oil over all ranges of rates 
from no flow to the maximum handled by the equip- 
ment. When there is no flow of oil the acid flow is 
shut off automatically. The rate of acid to oil may 


be changed instantly during operation without stop- 
ping the flow of either acid or oil. 

The acid and oil flow separately to a mixer of the 
multistage type having a sufficient degree of agita- 
tion and an adequate capacity for mixture to give a 
complete reaction of the acid and the oil. The mixer 
is equipped with ball bearings mounted independent- 
ly of the mixing chamber so that no acid or sludge 
may come in contact with the bearings. The mixing 
chamber may be opened for examination and clean- 
ing without removal of the mechanism used in the 
agitation. 

The completely reacted mixture passes on to a 
specially designed Sharples Super Centrifuge where 
it is separated into sour oil and sludge. The sour oil 
continuously discharges in a condition for neutraliza- 
tion or clay contacting. The sludge continuously dis- 
charges in the condition of a very high viscosity 
liquid and will flow away by gravity through piping 
to equipment for fluxing for burning or cracking for 
acid recovery. 

The process operates effectively both on the light- 
est oils and on high viscosity of high asphaltic con- 
tent as well. It is effectively used in producing 
bright stock from residual oils requiring as high as 
80 pounds of acid per 42-gallon barrel, and on oils 
having viscosities as high as 220 Saybolt at 210°. 
Sludges from the treatment of such oils continuously 
discharge from the centrifuge without difficulty. 
The most viscous oils are treated without fluxing or 
dilution. Sixty-six degrees Be. sulfuric, 98 per cent 
sulfuric or fumic sulfuric may be used in the process. 

The Sharples Super Centrifuge has been designed 
to adapt it to this use with the special consideration 
of the discharge of sludge, elimination of sulphur 
dioxide fumes, and protection from corrosion. 

By the use of the Sharples Process, it is claimed 
that the loss of oil on acid treating may be substan- 
tially reduced, especially in the treatment of heavy 
residual oils. There is a reduction in the use of acid 
required. Freedom from sludge in the sour oil facili- 
tates contacting, reducing the quantity of clay re 
quired and improving the filtering rate. Improved 
tests on the finished oils are obtainable. 
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HE Stratford Treating Process*, Alco Prod- 
Tvs Incorporated, 220 East 42nd Street, New 

York, New York, represents a newer develop- 
ment in the acid treatment of gasoline, cracked dis- 
tillate and other light oils. 

The difficult phase of acid treating lies in the faci 
that the reactions are not easily controlled and arc 
often carried beyond the desired point. While i 
may be possible to achieve results in one direction 
other reactions may assert sufficient influence to 
partially offset the desired treating benefit. An ex- 
ample of this condition is the removal of valuable 
anti-knock hydrocarbons due to prolonged contact with 
strong sulfuric acid while attempting to obtain proper 
desulfurization. 

Among the more prominent acid treating problems 
confronting most refiners are: reduction or elimina- 
tion of (a) polymerization losses, (b) mechanical 
retention of distillate in the acid sludge, (c) forma- 
tion of acid or neutral sulfuric esters and their sub- 
sequent resolution in the sour distillate, (d) hy- 
drolysis of sulfuric esters during the water washing 
operation. In addition, the problem of obtaining ef- 
ficient contact between sulfuric acid and distillates 
with a minimum consumption of acid is ever pres- 
ent. 

The old batch treating process, using air for agi- 
tation, was extremely inefficient and wasteful and 
the extent of the undesirable side reactions previ- 
ously referred to was pronounced. The semi-con- 
tinuous system employing an agitator as a settler 
and circulates distillate and acid or acid sludge 
through an orifice mixer or other forms of mechan- 
ical mixing devices represents an improvement so 
far as the contact between acid and oil is concerned, 
but the unavoidable practice of settling the entire 
batch in an agitator in the presence of a large 
amount of sluge, promotes deleterious polymeriza- 
tion effects and offers opportunity for solution of 
harmful organic sulfuric derivatives. 

The modern continuous treating plant, using mix- 
ers with intermediate settling facilities, reduces 
chemical consumption, polymerization and solution 
losses and resolution of neutral esters in the dis- 
tillate. This type of plant also has the advantages 
of ease and flexibility of operation, low investment 
costs and negligible fire hazards. Even in the modern 
continuous treating plant, it is necessary to settle 
fairly large quantities of distillates for a considerable 
period (30 minutes to one hour) in settling tanks 
to substantially remove acid sludge before applica- 
tion of a water wash, or caustic soda, during which 
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Stratiord Treating Process 


time considerable polymerization and solution of 
esters with subsequent hydrolysis occurs. Thus it 
appears that the treating system securing maximum 
contact in the shortest possible time followed im- 
mediately by separation of reaction products (acid 
sludge) and combining flexibility, simplicity and 
economy will go a long way toward solving the 
troublesome problem of acid treating. 


The design of the Stratford Treating Process at- 
tempts to incorporate the above desirable features. 
It employes a mechanical contactor capable of fur- 
nishing a very intense_contact between treating 
reagent and distillate, discharging directly to cen- 
trifuges that effect a complete separation of reagents 
from distillate. Efficient use is made of the acid and 
undesirable reactions are reduced to a minimum. The 
total time of flow through the 4000-barrel treating 
plant is less than one minute while distillate and acid 
or acid sludge are in contact less than thirty seconds. 
The flow diagram shows the 4000-barrel plant previ- 
ously mentioned. 

The process consists of three stages, each stage 
having a high speed contactor, a large capacity cen- 
trifuge and specially designed distillate and acid 
sludge pumps. Counterflow principle is employed 
throughout; the distillate entering one end and flow- 
ing counter-current to the acid so that the distillate 
prior to neutralization is contacted with fresh strong 
acid. The number of stages depends on how far the 
acid may be economically spent. In the particular 
installation referred to, the distillate handled is of 
West Texas origin, and frequently contains more 
than 0.5 per cent sulphur. Under such conditions it 
is necessary to use comparatively large quantities of 
sulphuric acid, so a three-stage contact has proven to 
be the economical limit. Other distillates could be 
treated economically with two or even one acid con- 
tact dependent upon its characteristics. 

Comparative Operation on Pressure Distillate 

Treating Using the Same Acid Rate 


Before Treating chee Ma ae. 
Per cent sulphur before treating .44 44 
Octane mamPer sia ioe ks ces 78 78 

After Treating— 

Per cent: eulghee 6. ik oc ds code 099 101 
Octane nuniber 26.0... 68sec 74 70 
Polymerization loss per cent of 

420 Eo Poi ashe 3.3 1.5 

Solution loss in sludge per cent.. 2.7 5.5 


*Patent Reference ve S. Patent No. 1,736,018. 


. S. Patent No. 1,815,366. 
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HE large losses incurred by treating cracked 
gasoline. with sulfuric acid led the late T. T. 


Gray, to undertake the task of developing a more 
satisfactory treating method. His work resulting in 
the formation of The Gray Processes Corporation, 961 
Frelinghuysen Avenue, Newark, New Jersey, began as 
soon as the first Burton stills were put into com- 
mercial operation and his first patent application for 
a Vapor-Phase Refining process was filed in 1914, 
even before the full importance of cracking was real- 
ized. The first commercial polymerizer was installed 
in the fall of 1924, by Barnsdall Refining Company, 
Barnsdall, Oklahoma, to refine gasoline rerun from 
Fleming pressure distillate. At present the licensed 
vapor phase refining capacity in this country and 
abroad is more than 20,000,000 barrels of cracked 
gasoline per year. 

The process is based on a selective polymeriza- 
tion of unstable, unsaturated hydrocarbons produced 
by cracking with no action on desirable constituents. 
The gum-forming and other objectionable properties of 
cracked gasoline are eliminated, while its high octane 
number is unchanged. By limiting the polymerization 
to the small percentage of objectionable constituents, 
treating losses are reduced to the vanishing point, espe- 
cially where the polymers are returned to the system 
for recracking. 

It should be noted that vapor phase refining not 
only preserves hydrocarbons which sulphuric acid 
removes, but apparently removes harmful constit- 
uents which acid does not touch. Thus, even after a 
strong acid treatment, if gasoline on rerunning is 
treated in the vapor phase, additional polymeriza- 
tion results and the treated gasoline will be superior 
to the acid treated gasoline rerun without the vapor 
phase refining step. 

With treatment effected in the vapor phase it is 
possible to eliminate rerunning by treating fraction- 
ated vapors directly as produced from the cracking 
still. Polymers formed are separated from the gaso- 
line by virtue of their higher boiling point and after 
condensation the gasoline is ready for use, except for 
doctor treating where a sweet product is required. 

Treating costs are very low. In plants equipped 
for reburning and re-use of fuller’s earth, operating 
costs are often only a fraction of a cent per barrel. 
No added labor is required and large amounts of 
gasoline can be treated before the clay needs revivifi- 
cation. 


Although the use of any polymerizing material for. 
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Gray Vapor Phase Process 


this purpose is covered by the company’s patents, 
commercial applications of the process have been al- 
most entirely limited to solid adsorbent materials, of 
which by far the most extensively used is fuller’s 
earth. Most fuller’s earths and similar clays can be 
used. Deposits in Georgia, Florida, Illinois, Utah and 
Texas have been found satisfactory. 

The apparatus required is very simple. Fuller's 
earth (usually 30-60 mesh) is charged to one or more 
of the treating towers (polymerizers) through which 
the vapors are passed. The greater part of the polymers 
formed separate from the vapors in the tower and the re- 
mainder are removed by a dephlegmating or fractioning 
step before condensation. Division of the fuller’s earth 
into a series of beds gives very much better results than 
where the clay is used in one bed. However, except in 
cases where extremely low gum is required, a single treat- 
ing tower is sufficient. The flow diagram presented on the 
opposite page shows a typical arrangement where two 
polymerizers are employed. The towers are so manifolded 
that either can be used first, or, if desired, they can be used 
in parallel. However, the beneficial effect of the subdivided 
clay beds is not obtained by parallel operation. 

The vapors are passed down through the towers in the 
case shown and the polymers separated are drawn off into 
the accumulators. Treated vapors pass into the small polymer 
bubble tower, where the final separation of polymers is effected. 

The polymerizers are usually operated at the condensing 
pressure of the distillation unit to which they are connected. 
Thus, in case of rerun operation, the pressure on the Gray 
towers will usually be between atmospheric and 15 pounds 
gauge. When directly connected to cracking plants, the 
pressure may be as high as is desired. It has been found that 
the higher the pressure, the better the results, all other 
things being equal. 

It will be noted that there are provisions for returning 
finished gasoline as a spray to the treating towers and as 
reflux to the polymer bubble tower. This spray in the 
towers is useful to minimize the high endpoint frequently 
caused by the super-activity of the clay during the early 
hours of operation on a fresh charge. The reflux to the 
polymer bubble tower is sparingly used and often can be 
omitted. In the plant in question (see flow chart) the pok 
ymers, including bottoms from the polymer bubble tower, 
are returned to the main bubble tower. 

The quality of gasoline during a run, even in most cases, 
after several thousand barrels per ton have been treated, does 
not show sudden deterioration. After the initial high activity is 
over the quality of gasoline produced is substantially unchanged 
for a considerable period. In many cases, there will be no change 
(in gum test, for example), until just before it becomes neces 
sary to change the clay, when a gradual deterioration will 
be noted. Often, when a gradual increase is noted earlief, 
the activity of the treating material can be effectively pro 
longed by passing steam or a gasoline spray through the 
treating towers for a short time. Plants usually operate 
90 days or more between changes of clay. 
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Lachman Treating Process 


HE Lachman Process for treating gasoline was 

invented by Dr. Arthur Lachman of the Uni- 

versity of California, and was developed co- 
operatively with the technical staff of Richfield Oil 
Company of California, under the direction of David 
E. Day, refinery engineer. 

The process is a vapor phase operation for treat- 
ing cracked gasoline with an aqueous solution of zinc 
chloride, gasoline vapors being passed through the 
boiling salt solution. The process is such that a great 
variety of salts, including sulfates, halides, nitrates 
or other soluble salts of cadmium, mercury, copper, zinc 
or iron, may be used satisfactorily. Zinc chloride has 
been chosen as the most practical salt for the pur- 
pose, due to economic reasons for its commercial 
development. 

Briefly, the cracked gasoline vapors pass through 
a wash tower and are brought into contact with the 
zinc chloride solution. The zinc chloride which car- 
ries the polymerized sludge is drawn off at the bot- 
tom, the sludge settled off and the zinc chloride, 
diluted to the proper concentration, is returned to the 
system. } 

The treated vapors are further fractionated if nec- 
essary, condensed, and the cracked gasoline is then 
finished, except for a light doctor treatment in some 
instances. The process has proved itself a flexible 
method of operation, and may be applied direct to 
the cracking plant, as part of the re-run system, or 
in connection with a stabilizing operation. 

Gasoline vapor, in blowing through a very hot salt 
solution, will gradually evaporate the water and 
leave a residue of salt. This change in concentration is 
prevented by the continuous addition of water or 
steam along with the vapors treated. 


Certain variables are imposed by operating conditions 
existing at the plant. The vapors to be treated may have a 
temperature as high as 410°F. or as low as 265°F. Fixed 
gases may be present to the extent of 750 cubic feet per 
barrel of distillate. If the treatment is to be re-run, these 
fixed gases may be absent. The usual method is to have 
the condensing systems hooked up to a gas main, with the 
back pressure varying from a little below atmospheric to 
as much as 40 pounds per square inch gauge pressure. Pas- 
sage of the vapors through the zinc chloride solution and 
line friction may cause some back pressure. Dephlegma- 
tion in the fractionating tower is assisted in some cracking 
plants by steam used in varying proportions to meet re- 
quirements. 

The variables which the treating system may adjust are 
temperature; the concentration of the zinc chloride solu- 
tion; time of contact between vapors and solution and de- 
gree of mixing. The normal treating temperature ranges 
between 302°F. and 347°F., but higher or lower tempera- 
tures may be advisable under certain conditions. When 
the vapors to be treated are too low in initial temperature, 
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heat must be supplied through the addition of super-heated 
steam. 

The concentration of the zinc chloride solution varies from 
70 to 85 per cent, by weight, according to the nature of the 
stock under treatment. The adjustment of this concentration 
requires some calculation, but is not difficult. Since the con- 
centration is to remain reasonably constant, it is necessary 
to control both temperature and water-vapor pressure. Where 
the temperature is fixed by other conditions, water-vapor pres- 
sure is the factor to be adjusted. Since it is possible to supply 
zinc-chloride solution of any desired concentration, too high 
an original vapor temperature may be reduced to the necessary 
extent by feeding the solution at a lower concentration than 
the operating strength, using the excess heat to bring it up to 
the desired point. 

The time of contact between vapors and solution is an 
important variable. Since the time volume of vapors (gaso- 
line, fixed gases, steam) is known, it is a simple matter to 
compute the volume of treating space required to give the 
contact which preliminary tests show to be desirable. This 
time is measured in seconds. As short a time as two séc- 
onds is ample under some conditions, while 12 seconds is 
the longest time that has been found necessary so far. 

The degree of mixing is the fourth variable. Under the 
conditions of operation, with a gas being washed by a 
liquid in which it is practically insoluble, action can only 
take place in the film at the interface. Intimate mixing 4, 
probably more decisive than another single factor named. 
When a given type of mixing device has been selected and 
has become a constant factor, the operator may vary tem- 
perature, concentration and also time within rather wide 
limits at his command. Time becomes a variable if it is 
possible to alter the operating pressure, or the rate of vapor 
flow. The types of mixing devices that have been used 
include towers filled with various sorts of packing, as well 
as bubble cap towers. Injectors and mechanical mixers 
also offer possibilities. 

Where the raw distillate under treatment comes from 4 
number of cracking units, daily composite samples of the 
raw stock and of the treated gasoline are analyzed. A 
comparison of the raw and treated stocks shows the treated 
product to have a higher gravity, lower initial boiling point, 
lower end point, a smaller sulphur, gum and mercaptan 
content. The gum was almost completely eliminated by the 
treating method. Reduction in the sulfur content varies 
with the nature of the sulfur compounds present. The aver 
age reduction is from 25 to 40 per cent. 

So far as is known at this time, the zinc-chloride process 
operates successfully on all types of gasoline. It has suc 
cessfully treated straight-run gasoline, Cross cracked dis 
tillates from kerosene, gas oil and residuum; Dubbs distil 
late from residuum and Black distillates from gas oil. 


The continuous stream of zinc-chloride solution which 
mixed with the vapors must be voided after its work & 
done, whether the counter-current or parallel arrangement 
of equipment is provided. This is done continuously oF 
periodically. In the 5000-barrel unit, the spent liquid is dis 
charged once per shift. The amount of zinc chloride fed 
varies from one pound to 10 pounds per barrel of distillate. 
The treater may be inserted between the fractionating cok 
umn and the condensing system for “direct” operation, Of 
the condensed raw gasoline may be re-heated to the vapor 
condition. 
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Osterstrom Treating Process 


| CONTINUOUS VAPOR PHASE SYSTEM 


HILE the Osterstrom continuous vapor 

W\ phase treating process, developed in the re- 

fineries of Pure Oil Company, 35 E. Wacker 
Drive, Chicago, was designed primarily for the treat- 
ment of distillate produced by vapor phase cracking, 
it is equally applicable to other types of cracked dis- 
tillate. 

Research into the problem of treating vapor phase 
cracking system products led to the conclusion that 
a process using high temperatures and pressure and 
maintaining the distillate in the vapor phase would 
attain the desired results, be easily controlled, and 
prove economical in its operation. The method was 
designed to selectively remove the undesirable col- 
ored compounds of the motor fuel as well as those 
unsaturates which readily oxidize to form pseudo- 
gums, without the unnecessary destruction of the 
valuable motor fuel fractions. It is well known that 
it is difficult to convert vapor phase cracked distil- 
late into water white, stable gasoline without heavy 
losses in volume and anti-knock value. The highly 
colored compounds are very stable when compared 
with those found in liquid phase cracked distillates 
and they are present in higher concentrations. The 
continuous vapor phase treating system designed as 
shown in the flow diagram appearing on the opposite 
page was developed for the purpose of treating such 
products into water white stable gasoline. 


DETAILS OF PROCESS 


Numeral 1 indicates a storage tank for the raw 
distillate. This distillate is picked up by a low pres- 
sure pump (2) and discharged into a clay propor- 
tioned device (3) from which the mixture of distil- 
late and clay is delivered by means of a high pressure 
pump (4) into the tube still (5). Under a pressure 
of about 300 pounds, the distillate and clay pass at 
high velocities through the tube still where the tem- 
perature is raised to about 600° F. The length of 
time at which the mixture is kept at this tempera- 
ture, as well as the exact choice of temperature and 
pressure, is determined by the characteristics of the 
distillate under treatment, and the amount and kind 
of clay used and the quality of the finished product 
desired. Very fine fullers earth, bentonite, Death 
Valley clay and other products of this nature have 
been successfully used. 

Leaving the tube still, the mixture passes through 
orifice plates (6) to reduce. the pressure. This 
method was found to be superior to the use of valves 
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which were quickly cut out by the erosive action of 
the clay. The drop in pressure causes a drop in tem- 
perature and a vaporizing drum (7) is here provided 
to permit of separation of the clay and polymers 
from the gasoline fractions. The latter are delivered 
to a fractionating tower (8) which handles them in 
the conventional manner. 

The mixture of polymers and clay is reduced in 
temperature to safe limits and passed to a tank (9) 
from which, by means of pump (10), it is fed into 
the filter press (11). The filtered polymers are stored 
in a tank (12) and the clay cake goes to the dump. 
The cake is fairly dry and the filtrate relatively clean 
oil. The use of all metal screens in this process has 
not proved entirely satisfactory, since it is very diffi- 
cult to remove the finest particles of clay. The com- 
bination of metal screens and cloth blankets has been 
found to be satisfactory. 

It is not known definitely why this operation 
should give so much better results on highly cracked 
gasoline than the usual method of vapor phase filtta- 
tion through fullers earth or similar decolorizing 
agents. It is known, however, that this process af- 
fords maximum surface exposure between the refin- 
ing agent and the oil under treatment and insures in- 
timate contact of the oil vapors with the treating 
material wherein the refining properties of the clay 
are utilized to the fullest extent. It also permits of 
close control of the operating conditions. Tempera- 
ture, pressure, time of contact and the percentage of 
water vapor are susceptible of very fine regulation. 

The oil vapors are not exposed to partially spent 
clay, which in the percolation method of filtration 
results in undertreatment. Nor do the vapors come 
in contact with an excessive amount of fresh clay, 
producing an overtreated product. The exothermic 


nature of the reaction adds to the difficulty of tem- - 


perature control in the ordinary vapor phase filtra- 
tion process, but in this improved method it lends 
itself readily to the desired operation. 

This process provides a continuously operating 
system wherein the oil to be treated is introduced at 
one end of the system and after treatment is contin- 
uously removed at the other end, and wherein the oil 
is subjected to fluctuating conditions of temperature 
and pressure, so regulated as to procure the maxi- 
mum efficiency and to positively and effectively re 
move the undesirable materials from the treated oil. 
It also obviates the necessity ‘of discontinuing the 
operation at intervals for renewing the clay. 
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N any process for the recovery of acid sludge one 
| of the prime requisites is that the dilute recovered 

acid must be sufficiently free from impurities such 
as tarry matter, hydrocarbons and other combination 
products in solution, that it can be concentrated eco- 
nomically without excessive losses or labor costs. A 
clean dilute acid offers no difficulties in concentration 
and any one of several types of concentrating plant 
may be used economically for the recovery of such acid. 


The other requirement is that the tars separated from 
the sludge in the recovery process must be relatively free 
from acid and low in viscosity in order to be generally 
suitable for use as fuel. Naturally, if the tars as sepa- 
rated are of low viscosity, better settling of acid will be 
obtained and higher yields will result. 


The patented process developed by Standard Oil Com- 
pany of California, San Francisco, California, fulfills 
these requirements. One of its essential features is op- 
eration under pressure. It is possible thereby to employ 
relatively high temperatures which result in a complete 
breakdown of sludges to clean acid and tar. If similar 
temperatures were maintained in a low pressure process 
the acid would be rapidly concentrated and would coke 
the tars so that they could not be used for liquid fuel. 
Excessive losses of acid would also result from this 
reaction between the tars and concentrated acid at high 
temperatures. Other important advantages of the proc- 
ess lie in the independent control of the reaction time 
for both acid and tar and in continuous operation. 

The exact temperature, proper reaction time, and 
dilution of the acid to be produced for best results will 
depend on the type and properties of the sludge being 
treated: Typical temperatures lie between 275 and 350° 
F., pressures vary between 25 and 70 pounds per square 
inch, the treating time betwen one and two hours and 
the acid strength between 40 and 50° Be. Other features 
of the process will be apparent from the photographs, 
flow diagram and the following brief description: 

Sludge and water are pumped through two inde- 
pendent lines which are joined before entering the mix- 
ing tee. Steam is delivered at the opposite end, and the 
combined mixture passes downward through a sewer 
tile pipe supported in acid-proof brick. 

The flow rates of sludge, water and steam are de- 
termined by recording flow meters. In addition, the 






Acid Reeovery Process 






BY PRESSURE RETORTING 


sludge is gauged regularly in the feed tank, as a chetk 
on the meters. 

The mixture is discharged from the bottom of the 
tile pipe toward the charging end of the retort and the 
acid and tar begin to separate and at the same time 
to flow toward their respective outlets. 

The retort consists of a steel shell, lined with heayy 
lead which is overlaid with acid-proof brick set in acid 
resisting cement. This insulates the retort and protects 
the lead against corrosion and mechanical failure. 


The acid and tar outlets are on opposite sides of the 
discharge end of the retort. The tar outlet is so located 
that both gas and liquid are drawn simultaneously. The 
acid outlet is submerged and extends to near the bottom 
of the retort. 

Pressure is maintained by controlling the tar valve 
exclusively. The acid valve controls the acid-tar level 
in the retort. 

The tar is continuously drawn into the tar receiver, 
from which it regularly overflows to storage. A baffle 
wall extending across the end of the tar box is recom- 
mended as a means of reducing turbulence in the box, 
thus aiding separation of acid which may be drawn 
inadvertently with the tar. Any acid so separated is 
drawn periodically from the box to the acid tank. 

The acid is drawn continuously into the acid re 
ceiver from which it is drawn continuously to acid 
storage. The receiver serves to take care of the fumes 
liberated when pressure on the acid is reduced as well 
as separate any tar which may be drawn with the acid. 

The tar box and acid receiver are connected witha 
fume line to a scrubbing tower or incinerator. 

The process has been in commercial use during the 
last eight years, during which time numerous develop 
ments were made. One of the most difficult problems 
was the design of equipment and selection of materials 
which would successfully resist corrosion. This has been 
accomplished with the result that repair bills now are 
nominal. The process has resulted in a large increase 
in the amount of acid recovered from sludge, while the 
remaining residue is a satisfactory refinery fuel. The 
recovered acid is relatively clean and can be conceft 
trated without difficulty. Altogether, these advantages 
have resulted in a material reduction in the total acid 
costs of the refineries. 
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Goodwin Proeess 


Company, Inc., 247 Park Avenue, New York, for 

the production of specification fuel oils was devel- 
oped to overcome the difficulties encountered in mar- 
keting cracked residua in its natural condition, due to 
the precipitation of solids in transit and in storage. 
Some of the solids are present in the residuum as 
it comes from the cracking units, but many of the 
difficulites are caused by the unstable materials 
which decompose to form more settling solids and 
consequently increase the B. S. and sediment con- 
tent of the oil. 

The process consists of special chemical and me- 
chanical treatment of the residuum and yields as end 
products, two materials of value—a stabilized fuel 
oil, marketable as A, B or C grade depending upon 
the viscosity, etc., of residuum, and a “carbon” suit- 
able for local burning either as a solid or liquid fuel. 

The addition of dilute sulphuric acid under reg- 
ulated conditions modifies the unstable hydrocarbons 
in the residua causing them to be precipitated and 
flocculated in a form suitable for separation. As a 
result of such treatment the modified solids can be 
removed from the oil by gravity settling or by filtra- 
tion, leaving a permanently clarified, stabilized oil 
entirely suited to the market specifications for 
Bunker C or a higher grade fuel. This reaction, while 
undoubtedly complex, seems to be chiefly polymeriz- 
ation and can be largely controlled by maintaining 
proper conditions of temperature, strength of rea- 
gent, quantity of reagent, mixing and flocculation. 

The accompanying diagrammatic flow sheet shows 
the successive steps in the treatment of the residuum 
and a relation of the various equipment units which 
constitute the process cycle. The process may be 
conveniently divided into four chief operations: (1) 
cooling the residuum to treating temperature, usu- 
ally about 275° F.; (2) acidulating with 30° Baume 
sulphuric acid and mixing thoroughly; (3) floccula- 
tion of the precipitated “carbon” in slow speed floc- 
culators; and (4) separation of flocculated carbon 
by means of gravity in a thickener or by direct filtra- 
tion in a suitable filter. 

The residuum usually leaves the cracking unit at 
a temperature of 600-650° F. so it is passed through 
a cooler to bring temperature to about 275° F. The 
acidulating reagent which is spent acid from the re- 
finery, is then added to the oil at a definite rate, 
followed by complete mixing. The acidulated oil is 
then charged into flocculators, usually three in num- 
ber, which are arranged in series so that the oil is 
given a definite retention period, usually about four 
hours being required. The discharge from the last 


Te Goodwin Process, marketed by The Dorr 


| FOR SPECIFICATION FUEL OIL 
FROM CRACKED RESIDUA 


flocculator in this series, consisting of flocs of car- 
bonaceous and inorganic matter (if lime is used in 
cracking charge stock), suspended in the stabilized 
oil, is pumped to a multi-compartment tray thickener 
or directly to suitable filters. The thickener over- 
flow is the stabilized fuel, which contains low per- 
centages of B. S. and sediment and remains constant 
in storage. The carbon slurry from the bottom of the 
thickener contains from 20 to 50 per cent solids and 
is burned, as such, in the refinery or filtered to ob- 
tain a solid filter cake and an additional yield of 
stabilized oil from the filtrate. 


In the case of some residua the oil is run from the 
last flocculator through a cooler to a Suitable filter, 
In such cases the filtrate is the stabilized fuel and 
the “carbon” filter cake is.a solid fuel suitable for 
local burning. This carbon filter cake can be burned 
in the refinery with coal or coke or can be liquified 
or fluxed at about 300° F. and burned as a liquid 
fuel. There is no loss in the process for only two 
products are produced, namely, stabilized fuel for 
marketing and a solid carbon for local burning. This 
process removes from five to 30 pounds of carbon 
from each barrel treated, depending, of course, on the 
source of the residuum. 


The accompanying illustration shows the Good- 
win Process plant at the refinery of Imperial Oil 
Refineries, Ltd., Sarnia, Ontario, Canada. This plant 
has a rated capacity of 2500 barrels charged per day 
and is operated by two men per shift. Of the residua 
treated in this plant 97 per cent is being recovered 
as a merchantable fuel, the balance being carbon 
filter cake which is burned in the refinery. 


The Goodwin Process has a direct application to 
the solution of several refinery problems usually as- 
sociated with cracking operations, such as the pro- 
duction of a low viscosity fuel oil by stabilizing 
cracked residua, the elimination of excessive B. S. 
and sediment which permits increase of gasoline 
vield by more intensive cracking, and from a mat- 
keting viewpoint, reduction of sales resistance and 
servicing, usually necessary with untreated cracked 
residuum. The use of the process also permits the 
unrestricted use of lime to reduce corrosion in the 
cracking equipment since the lime-sulphur com 
pounds so produced are removed along with the caf 
honaceous matter. 

The Goodwin Process was developed by Dr. R. T. 
Goodwin for Standard Oil Development Company 
(Standard Oil Company of New Jersey, Elizabeth, 
N. Jersey), and is being marketed by The Dorr Com- 
pany, Inc., New York. 
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Waste Water Recovery Plant 
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WAHE problem of disposing of refinery waste 
Toes has increased in importance in recent 
* years because of legal restrictions on the actual 
or supposed pollution of streams and other water 
supplies. 

Such waste water disposal plants as have been 
constructed in the past have been installed with the 
purpose of rendering the waste discharged less ob- 
jectionable. Recent study, however, shows that the 
matter of waste water disposal may be combined 
with waste water recovery thereby greatly reducing 
the volume of water wasted and decreasing the 
amount of fresh water required for refinery opera- 
tion, and may be converted into a dividend paying 
proposition. Such a plant is discussed in this article 
prepared by the International Filter Company, Chi- 
cago. 

In many instances, conservation of the available 
sipply is necessary both from the standpoint of 
keeping within the limits of the available supply 
or of reducing the cost of the fresh water re- 
quired. Refinery wastes may be strongly alkaline 
While others are decidedly acid in character. By re- 
tirning various wastes to a common sump, the al- 
kalinity of some is utilized to neutralize the acidity of 
others—the composite wastes being acid or alkali 
depending on the volume from various sources. 

The composite waste water for a given set of op- 
@ating conditions will invariably be oily, highly 
@lored and of strong odor. Such oil as floats on the 
sirface of the waste waters is removed by skimming 
amd returned. Emulsified oils and oils in solution 
together with other objectionable characteristics are 
taken care of in the waste water recovery plants. In 
general, the reconditioning of the refinery waste 
Waters involves treatment with lime to establish a 
safe alkalinity and the application of a coagulant for 
the precipitation of suspended matter, turbidity, dis- 
solved and emulsified oil. Treatment along such 
lites in a properly designed plant results in a treated 
eluent which is bright, clear and practically free 
ftom oil. Some color and odor may remain but in 
Seneral, the treated water will be found satisfactory 
for general refinery use such as for cooling and wash- 
ig purposes. 

On the opposite page is shown a flow diagram 
of a typical waste water recovery plant. The waste 


waters from the various refinery processes are re- 
ceived in a sludge pit from which they are delivered 
to a receiving sump provided with skimming weir. 
The capacity of the recovery plant is slightly in ex- 
cess of the total waste water returned and arrange- 
ments are therefore made for the treating plant op- 
eration to be controlled by the level of the water 
in the receiving sump. As a result the sump period- 
ically fills up and on reaching a predetermined high 
level the overflow from the sump passing over the 
skimming weir removes most of the floating oil. 
After skimming, the water is pumped to the treat- 
ing plant through a rate-of-flow controller thus as- 
suring delivery to the treating plant at a constant 
rate. 

With the automatic starting of the pump supply- 
ing the recovery plant by means of a float switch, 
the chemical feeding equipment is also automatically 
started so that waste water and treating chemicals 
enter the recovery plant simultaneously—both be- 
ing admitted at a constant rate. The mixture of water 
and chemicals is received in the mixing chamber of 
the sedimentation tank where they are thoroughly 
mixed—the mixture passing then into that portion 
of the basin reserved for sedimentation. Here the 
heavy, flocculent precipitate formed as the result of 
the chemical treatment gradually settles out of the 
water carrying with it the dissolved and emulsified 
oil and other turbidity and suspended matter. The 
settled water then passes to filters where the last 
traces of turbidity and suspended matter are re- 
moved. The effluent is bright, clear and safely al- 
kaline. 

While the flow diagram illustrates the steel tank 
type of recovery plant with pressure filters, the same 
process may be carried out in basins and filters con- 
structed of concrete below ground level. 

While the process is inherently simple, obtaining 
a usable water depends on a careful study of the 
various wastes of each refinery, and when the equip- 
ment and treatment process have been properly 
adapted to local conditions the recovery plant will 
provide a satisfactory supply of water for many 
refinery operations. Wherever the cost of fresh water 
exceeds 3 cents per thousand gallons, a waste water 
recovery plant will usually prove a profitable invest- 
ment. 
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Braun Gasoline Absorption Plant 


/ 


HE absorption plant process for the recovery 

of salable hydrocarbons from their unstable 
*™ gaseous state consists of selective absorption; 
f distillation to separate the absorbed fractions from 
fe absorbing menstrum; and of fractionation for 
mT ification of individual fractions, for stabilization 
# gasolines, or for production of special products. 
the unstable gas may be natural gas from wells, tail 
vas from refining processes, or vent vapors from 
anks. 
Plants designed by C. F. Braun & Company, Inc., 
Alhambra, California, vary in capacity from 1,000,000 
tibic feet of gas daily to over 100,000,000 cubic feet 
er day. Except in cases of extremely rich gas, 
, ts smailer than 1,000,000 cubic feet capacity rare- 


ly justify investments. Neither is it economic to 


teat gas having a recoverable content less than one 
gallon per 1000 cubic feet except at high pressures 
(50 pounds per square inch or higher). At 350- 
0 pounds per square inch, gas as lean as 0.25 gal- 
lons per 1000 cubic feet justifies installation of a plant 
provided a minimum of 20,000,000 cubic feet of gas 
per day are available for treatment. 

The twin unit type of plant offers a certain flex- 
bility of capacity. Often the initial installation is 
the distillation unit, one absorption unit and a double 
pacity stabilizer. Later installation of the second 
sorption and distillation unit completes the plant for 
double the original throughput. The slightly higher 
ffst cost is more than offset by flexibility of opera- 
fion and salvability. 

Absorption is carried out either in multiple ab- 
Sorber installations or a single absorber. In either case 
fas enters the bottom of the absorbers and passes up- 
Ward countercurrently to a down flow of lean absorp- 
tion oil. 

From 14 to 30 bubblecap trays are installed in each 
aisorber to maintain internal, intimate contact be- 
Ween the absorbing medium and the gas being treat- 
ti, The stripped, or lean, gas passes out of the top 
tithe absorber to the residue or sale lines.. The sat- 
- or fat, oil leaves the absorber under controlled 
#w and passes to the distillation unit. These steps 
#€ shown in the flow chart presented on the oppo- 
ile page. 

Bas-oil ratios vary for different pressures, temper- 
dures, and percentages of extraction and these ratios 
#€ maintained either manually or by means of rate 
Mntrolling devices. The following table gives typical 
&am ples : 

: TABLE 1 

100 per cent absorption of va- 


Oil circulations for 


rious hydrocarbon fractions at different absorber 
pressures. 

Temperature of lean oil 80°F.—Circulation in gals. 
of oil per 1000 std. cu. ft. of gas. 


Absorber Pressure 


30 Ib. 150 Ib. 350. Ib. 


Component sq. in. ga. sq. in. ga. sq. im. ga. 


eee rer peters 1000 265 120 
Propane . 70 28 
Butane . 18 8 
Pentane . 5 2.3 


High gas-oil ratios usually result in high oil satu- 
rations with a resulting increase in fat oil tempera- 
ture. Such conditions tend to decrease efficiency and 
require a larger amount of absorption oil circulation. 
For saturations in the order of 20 per cent, inter- 
coolers in absorbers may be used advantageously. 
Obviously, the proper position for inter-cooling is 
near the point of highest fat-oil temperature. Actual 
temperature gradient determinations show that the 
maximum temperature is located at the top of the col- 
umn in high pressure absorbers, dropping to about the 
middle for low pressure installations. A common mis- 
take found in the industry is that of installation of inter- 
coolers near the bottom of absorbers. Intercoolers, when 
employed, should be externally placed and manifolded 
and valved for by-passing without interrupting plant 
operation. This eliminates shut-downs for tube cleaning 
or for tube replacement. 
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‘Braun Distillation Unit 


y 


N operation of the absorption gasoline plant, after 
| the gas has passed through the absorbers subjected 
to selective absorption, and gas to the sale or resi- 
due lines, the enriched, or fat absorption oil flows, or is 
pumped, to the distillation unit. A typical distillation 
system is presented in the flow chart on the opposite 
gages by C. F. Braun & Company, Inc., Alhambra, 
California. 

In the system shown the fat-oil from the absorber 
passes through heat exchangers and preheaters to a 
bubble cap still equipped with six to 10 stripping trays 
and a like number or more fractionating trays. When 
asingle bubble cap still is employed, the desired fractions 
are driven off at a temperature in the column of about 
335° F. Steam is employed in the distillation apparatus. 
This may be either live steam, or exhaust steam from 
pumping operations when the latter is of sufficient tem- 
perature. Steam reduces the partial pressure of the 
hydrocarbons and effects evaporation of the light frac- 
tions. 

Two stills in series are sometimes employed where 
high oil saturations prevail, or when a large percentage 
of propane and lighter fractions are absorbed. The 
Wtilization of the two stage distillation systems fre- 
quently eliminates necessity for recompression of the 
yent gases. Much time and study has been devoted 
0 this one phase of the absorption plant during the 
past two years. 

A partial fractionation occurs in the upper section 
of the distillation column. This fractionation is ac- 
centuated and controlled by refluxing. A tempera- 
tire recorder-controller governing the volume of re- 
flux passing into the top of the column maintains a 
constant endpoiit on the overhead product. The 
Overhead vapors after condensation, pass as a liquid 
into the accumulator, from which the reflux pump 
fakes suction and discharges reflux on the top tray. 
The quantity of gasoline condensed over and above that 
quired for refluxing passes out of the system, either 
fo stabilizer or plant storage. 


FOR ABSORPTION PLANT 


An external steam heater, installed two to four 
trays below the feed tray, maintains a high oil tem- 
perature on all stripping trays and conserves the agi- 
tation steam requirements. The reheater should not 
be confused with a reboiler—which is connected to 
the base of stabilizers and some fractionating col- 
umns. 

From the still, the stripped absorption oil passes 
through the heat exchangers, thence through coolers 
and back to the absorber to complete the cycle. 


Heat exchangers, preheaters and reheaters are usu- 
ally shell-and-tube type. For these units, removable 
tube bundles, floatinghead type, are preferred. Tube 
bundles should be removable for cleaning or repairs 
without serious sacrifice of production. Units of this 
type should be manifolded for by-passing for these 
reasons. For the same reason, multiple small units 
have advantages over one or two large exchangers, 
and the temperature strains are reduced. Such strains 
due to temperature changes are more severe in larger 
units of this type of equipment and where severe 
strains are encountered, leaks follow. 

Condensers and coolers are either shell-and-tube 
type or atmospheric type, depending upon water con- 
ditions and operating technique. Condensate and the 
uncondensed gases from the condensers pass to an 
accumulator where some venting occurs. Venting prac- 
tices differ with individual plant operators. In most 
instances vent vapors are recovered by re-absorptién 
or by re-compression—with individual conditions de- 
termining the better system. 

A typical two-stage distillation system for an ab- 
sorption natural gasoline plant is presented on the 
opposite page, the drawing showing method of piping 
arrangement and manifolding, location of preheaters, 
exchangers, coolers and other auxiliary equipment, 
as well as the utilization of adequate control and reg- 
ulatory devices to assure constant uniform operation 
of the system. 
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HE process for the extraction of casinghead gas- 
oline from natural gas by means of “billions of 


bubbles” was perfected by J. A. Campbell Com- 
pany, Long Beach, California, natural gas engineers, 
about 12 years ago. Although the idea was compara- 
tively new at that time, Campbell “Oil-Froth” absorbers 
soon became standard equipment for gasoline absorp- 
tion plants and were pioneers in the field of bubble 
towers for such plants. The process, like others, in- 
volves the absorption of gasoline from natural gas by 
means of a light oil especially developed for the purpose. 

The absorption may be carried out at any gas pres- 
sure ranging from a few pounds gauge up to a maxi- 
mum (at the present time) of 800 pounds; most plants 
operate on gas at 30 to 40 pounds per square inch 
gauge. The following describes briefly the layout of a 
high-pressure plant treating gas at 450 pounds gauge 
pressure. (See picture of this plant on opposite page.) 

Upon entering the plant, the natural gas from the 
wells is cooled by passing through a series of Campbell 
“Cool-R-Units” in the cooling tower. The object in 
cooling the gas is two-fold: one is to cool it sufficiently 
to condense the water vapor, which, otherwise, would 
be condensed during absorption and left in the oil; and 
the other is the cooling effect that cold gas has in reduc- 
ing the temperature of the oil. Moreover, the cooling 
condenses some of the heavier gasoline fractions from 
the gas. This condensation helps to keep the oil cool, 
for the reason that these fractions have considerable 
latent heat, which would be given up to the oil by 
change of the vapor into a liquid by absorption. 

The gas, after being cooled, flows to the inlet “Mist- 
D-Fier” gas scrubber, where it is completely freed of 
entrained crude-oil mist and water mist, and of the 
heavier gasoline fractions condensed during cooling. 

The wet gas, having been scrubbed of entrained 
liquids, now enters the wet-gas header for distribution 
to the absorbers. The flow through the connections out 
of the header to each absorber is controlled by means 
of valves or plug-cocks. There is a flow indicator on 
each connection from the wet-gas header to an absorber, 
and the flow is adjusted by means of the valves so that 
the needles register the same on the indicators, show- 
ing that the flow is equably distributed. 

The wet gas enters each absorber below the bottom 
plate. There are usually 16 of these plates, each con- 
taining around 6000 perforations and having three oil 
tubes surmounted by collector pans. The rims of these 
pans are several inches above the plate, and the tubes 
extend to within an inch and a half of the next plate 
below, thus sealing themselves in the liquid body on 
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Campbell “Oil-Froth” Process 


the next plate. The cold lean oil from the cooling tower 
discharges onto the top plate, and the gas coming up 
through the perforations froths this oil into a mass of 
foam; whence the name “Oil-Froth.” This foam builds 
up till it reaches the collector pans, in which it is de 
gassed, and the oil flows down through the tubes to the 
next plate, repeating the operation till the oil passes 
through the 16 froth beds successively and finally flows 
into the base of the absorber. 

The dry gas leaving the tops of the absorbers drops 
down through outlet lines into an outlet header, and 
then through an outlet “Mist-D-Fier” scrubber, which 
takes out any absorption oil that might leave the ab- 
sorbers in mist form. After being put through this 
“Mist-D-Fier,” the dry gas passes through a back-pres- 
sure regulator and thence to the distribution line. 

The fat oil, on leaving the absorbers through float- 
controlled balanced valves, passes into a fat-oil header. 
This header discharges into a high-pressure vent tank, 
in which the pressure is held at about 200 pounds. The 
reduction in pressure frees about half the dissolved 
fixed gas in the oil. Since the gas so liberated contains 
practically nothing of value—being largely methane, 
ethane and propane—it is vented through a back-pres- 
sure regulator to the plant or field fuel system, or to 
compressors for delivery into the plant discharge line. 

The high-pressure vent tank is equipped with a float 
valve that feeds the oil out as fast as it comes in, at the 
same time again reducing its pressure considerably. The 
oil discharges into the low-pressure vent tank operating 
at about 30 pounds, which is also equipped with a back- 
pressure regulator and oil float-valve. 

The gases liberated from the low-pressure vent tank 
and the uncondensed still vapors from the condenser 
accumulator in the distillation system, discharge into a 
fractionating reabsorber, where the desirable gasoline 
fractions are reabsorbed and returned to the fat-oil 
circuit and the lighter gases are driven out into the 
fuel-gas header. 

The fat oil from the low-pressure vent tank is then 
pumped through the heat exchangers and preheaters 
into the fractionating evaporator. Here the gasoline 
that the oil has been carrying from the base of the ab- 
sorbers is distilled out of the oil; and the oil, after be- 
ing cooled, is again circulated through the system to be 
loaded with gasoline. 

The gasoline, after passing through the distillation 
system, enters the stabilizing system (see flow sheet om 
opposite page), where it is fractionated to meet re 
quired specifications and then shipped to storage ready 
to be blended with refinery stocks for marketing. 
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coveries of natural gasoline closely approaching 
the maximum may be obtained with an industrial 
size plant. This process will run smoothly under the 
conditions encountered in actual practice. Yields as 
high as 160 per cent, or even higher, based on the char- 
coal test may be anticipated, using average gas between 
one and two gallon content. The process, presented 
through the courtesy of I. N. Beall, chemical engineer, 
however, is not limited to gas of this content. 
This process is characterized by the following ad- 
vantages : 
(1) Uniform operation under variable raw gas and 
atmospheric conditions. 
(2) Complete stripping of absorption oil of low satu- 
ration at temperatures below that where “sludging” and 
rapid deterioration occurs. 


Te flow sheet illustrates a process whereby re- 


(3) Compression of vapors stripped from the ab- 
sorbent before condensation, thus permitting low pres- 
sure fractionation and assuring complete condensation. 


(4) The use of steam is avoided by stripping with 
selected vapors. There is no danger of emulsified oil 
or slugs of water from condensed steam upsetting the 
operating conditions by “bumping” the oil from the 
plates via the condensers. 


(5) The controlled flow of the stripping vapors 
smooths out the inequalities due to “highs” and “lows” 
on the gas supply. 

(6) A more uniform flow and composition of feed 
stock from the accumulators to the stabilizers results 
in better final fractionation. 

(7) The adaptability of the process to high recoveries 
of liquefied fuel gases such as isobutane, propane and 
ethane. 

DISCUSSION AND COMMENT 


In order to completely strip the average “wet” gas 
of natural gasoline constituents, it is necessary to-absorb 
large volumes of the higher vapor pressure hydrocar- 
bons. The plant engineer has the choice of five methods 
for effecting better gas stripping, namely : 

(1) To lower the temperature of the absorbent 
medium. 

(2) To raise the absorber operating pressure. 

(3) To change or improve the absorption oil. 

(4) To increase the oil to gas ratio. 

(5) To change or replace the absorption equipment. 


Other conditions remaining constant a change in the 
dil-gas ratio will effect a deeper cut into the gas and 
Taise the average vapor pressure of the absorbed vapors. 
If one attempts to fractionate the lighter hydrocar- 
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bons from the fat oil before stripping, portions of the 
heavier desirable hydrocarbons are lost along with 
the undesirables. In case the saturated oil is sent 
to the stripping column without “stabilization,” dif- 
ficulties may arise in attempting to condense the high 
average vapor pressure vapors after separation and 
at column operating pressure. The answer to 
problem is to hold a low back pressure on the strip- 
ping system and compress the hot vapors in toto 
before condensation. 

The operating pressure then is made to suit strip- 
ping conditions rather than making stripping con- 
ditions suit condensation. Low oil saturation pre- 
sents no difficulties as the deficiency in the ratio of 
volatiles to absorbent is made up by the injection 
of selected stripping vapors. 

As a rule it will be found that a high single stage 
compression will be more economical than low single 
stage followed by high stage. It is to be remembered 
that vapors rather than gases are being compressed 
and that the exponential coefficient of compression 
is low in such cases. 

In some cases where the oil stripper-fractionator 
fails to effect a complete separation of high “end 
point” constituents, a’ kndéckout between the low 
stage compressor and the condensing system will 
prove a remedy. 

Fractionation plays a major role in the modern 
natural gasoline extraction plant. Steady flow, uni- 
form composition and close control of temperatures 
and pressures insures efficient operation of this type 
of equipment. It is better to establish operating con- 
ditions that can be maintained without constant 
juggling than it is to try to meet changes in the 
weather and the gas for short periods even though 
temporary increases may result. 

The light hydrocarbons such as ethane, propane, 
isobutane and butane bid fair to increase in indus- 
trial importance. Natural gasoline plants having 
sufficient operating flexibility to provide for the sep- 
aration and recovery of these potentially valuable 
constituents may find themselves in a strategic po- 
sition to accommodate developments in chemical proc- 
essing now in the formative stages. Natural gas as 
a rule contains a much larger proportion of the 
lighter hydrocarbons than it does of the heavier hy- 
drocarbons which are included in natural gasoline. 
The accompanying flow sheet illustrates one pro- 
cedure whereby maximum recoveries of both natu- 
ral gasoline and lighter hydrocarbons may be ob- 
tained on an industrial scale. 
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[x recovery of gasoline from natural gas or 


refinery vapors is accomplished by compression 
- and cooling, by absorption of the gasoline, by an 
absorbing menstrum, or by a combination of these proc- 
esses. The selection of the most economical process for 
each case requires a thorough study of the many govern- 
ing factors to the end that the money invested will earn 
a maximum return. (This material prepared by Petro- 
leum Engineering, Inc., Philtower building, Tulsa, Ok- 
lahoma, associated with Arthur G. McKee Company, 
Cleveland, Ohio. ) 

Generally the compression process is utilized in the 
extraction of natural gasoline from rich gas where com- 
plete stripping is not necessary for profitable operation, 
or where the gasoline recovered by such plants is classed 
as a by-product—the main purpose of the plant being 
compression of the gas required in its transportation in 
utility pipe lines or in recycling in gas fields. 

The absorption process is more efficient in stripping 
the gas of its entrained gasoline components. The ab- 
sorption process may be economically employed at any 
pressure from about 35 pounds per square inch upward. 
It is sometimes economical to combine the absorption 
and the compression processes by installing compressors 
to deliver gas to an absorption plant. A variation is 
the combined process ; condensation and stabilization ac- 
complished with a single column, resulting in a finished 
product at a minimum plant investment. Operators con- 
templating the installation of plants for the extraction 
of natural gasoline should place much emphasis on 
thorough investigation to determine the economics of 
the proposed project. 

A standard flow diagram which, with slight varia- 
tions, is applicable to all plants extracting gasoline by 
the absorption process is shown on the opposite page. 
The gas enters the absorber below the bottom tray, and 
thence through the trays where it mixes with the de- 
scending oil to the final scrubber. The absorption oil 
is pumped from the lean tank through coolers to the top 
tray of the absorber, whence it descends from tray to 
tray, flowing across each to contact the ascending gas, 
to the reservoir space below the bottom tray. A liquid 
level is maintained to assure an oil seal against the en- 
trance of gas into the oil outlet line. 

Oil released from the absorber flows to the fat tank, 
whence it is pumped through the heat exchangers into 
the vent tank, where vapor formed in the heat exchang- 
ers is released and conducted directly to the still, thus 
reducing the load on the preheater. Unvaporized oil 
passes from the vent tank to the preheater, thence to the 
still at a point above the top tray of the stripper sec- 
tion. The stripped oil is discharged from the reboiler 
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Gasoline Absorption Process 


through the heat exchanger to the lean tank, which 
completes its cycle. 

Gasoline fractionated from the oil leaves the still at 
the top in vapor form, and passes through the primary 
or reflux condenser, where the heat extraction is regu- 
lated to condense the fraction desired for refluxing the 
still. This fraction is separated in the reflux separator, 
whence it is returned to the still in a temperature con- 
trolled volume, and any excess passes to the final gaso- 
line cooler to be added to the finished product. Vapors 
uncondensed in the reflux condenser pass to the gaso- 
line condenser, thence to the final gasoline cooler and 
the run tank for transfer to storage, or a stabilizing 
plant. 

In the process of absorption some highly volatile va- 
pors are picked up and carried through the system until 
they assume a state of quiescense or reduced pressure 
favorable to their separation, when they rise to the sur- 
face of the liquid and enter the vapor space above. In 
their separation they carry with them a train of less 
volatile vapors which are valuable constituents of the 
finished product, and to avoid their loss these escaping 
vapors are again subjected to the absorption process in 
the reabsorber. 

In the fat tank and run tank these highly volatile vapors 
seek separation in the process usually referred to as “weath- 
ering,” so a line is provided to conduct them to the re 
absorber, a small absorber whose oil system is a small 
branch of the main oil circulating system. 

It is apparent that an absorption plant operating with 
greatest economy must be correctly designed in each detail 
of the equipment, and assembled into an operating unit in 
conformity with sound engineering practice. The secret of 
its success is not in obscure patented methods that few may 


understand, but in the engineering skill with which it is | 


designed and assembled to meet the peculiar conditions 
under which it must operate. 

The following conditions govern plant design: economics 
governing the investment; atmospheric conditions; analysis 
of the gas; volume of the gas; quantity; quality and tem- 
perature of the cooling water available and steam pressure 
and quality. Preliminary to plant design an _ ultimate 
analysis of the gas should be made to determine the most 
economical recovery as governed by the specifications of 
the finished products. Absorption plants should remove 
100 per cent of the desired hydrocarbons selected in the 
analysis, if necessary, to produce a maximum of profitable 
product. The fat oil should be stripped to within two 
m.m. of its original vapor pressure without losing its light 
est end, and the absorbed gasoline entirely removed, how 
ever close its end point may be to the initial boiling point 
of the absorption oil. Steam consumption may be held to 
a minimum through efficient heat exchange and powéf 
costs can be reduced through careful design of piping and 
connections. Control equipment for temperatures, volumes, 
pressures and liquid levels are essential to produce @ 
smooth-running efficient plant requiring a miuimum of 
operating expense. 
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Tulsa Type Absorption Plant 
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ULSA Type distillation units made by Tulsa 
Boiler & Machinery Company, Tulsa, Oklahoma, 
are built in five different sizes to handle vari- 
ous gas volumes. The most popular size unit is the 
one designed for-an oil circulation of 300 to 450 gal- 
lons per minute. Some of the larger gasoline plants 
have as many as seven of the large units installed. 
With this size unit two seven-foot diameter by 30 
feet high absorbers are used. 

Each absorber is rated at 12,500,000 cubic feet of 
gas per day of 24 hours at 30 pounds pressure. The 
absorber will handle a large overload without exces- 
sive carry-over. Ten bubble trays, spaced on 24-inch 
centers, and a Tulsa Type mist extractor are used 
in each absorber. Two layers of wire cloth are placed 
on each tray except the top tray and are fastened 
securely to the caps, increasing the intimate contact 
between the gas and oil. The gas leaving the ab- 
sorber passes through the mist extractor where the 
mineral seal oil or other absorbing medium is re- 
moved from the gas by centrifugal force. 

This mist extractor is also installed in the inlet 
scrubbers. Residue scrubbers are placed on the gas 
line out of each absorber so that on sudden increases 
in the gaS yolume no mineral seal oil will be lost out 
the residue gas line. These scrubbers also have mist 
extractors. 

One of the new features of the plant is the installa- 
tion of a remote control valve on the absorbers with 
the diaphragm valve on the discharge side of the 
rich oil pump. The rich and lean oil pumps are iden- 
tical and have a capacity of 400 gallons per minute 
against a 250-foot head. The remote control valve 
maintains absorber pressure on the rich oil pump 
suction which decreases the pumping head on the 
pump and which results in a considerable saving of 
steam. ; 

The-rich oil pump discharges through the heat ex- 
changers and into the evaporator. Fourteen sections 
of exchangers are used on the distillation unit. Each 
section being 13 inches in diameter and having tubes 
19 feet long and being one pass through and one 
pass around the tubes. 

The evaporator has six bubble trays with built-in, 
removable bundle, heating elements above each tray. 
Steam enters six elements in parallel, passes through 
the tubes to a condensate header. Oil enters the first 
heating element, spills on the bybble tray, venting 
the light vapors through the top of the evaporator. 
Oil flows from tray through downcomer, to next 
heating element, through the series of six, venting 
in each element and release vapors passing on up 
through the bubble trays. 
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A remote control valve holds the oil level and the 
diaphragm valve is placed on the lean oil’ line from 
the exchangers into the lean oil tank. Superheated 
exhaust steam is used in the base of the evaporator 
in the place of live steam. Back pressure is held on 
the turbines and this exhaust steam passes through 
a superheater where it is dried out and heated with 
live steam, it is then introduced into the evaporator 


as agitation steam. 

A five-tray dephlegmator is used which also hasa 
mist extractor in the top and a water compartment 
about half way down the column. Water or gasoline 
can be used as reflux. A small centrifugal water 
pump takes suction from the water compartment and 
this hot water is cooled in one section of open type 
cooler in the cooling tower. It then is introduced on 
to the top tray of the dephlegmator and a tempera- 
ture controller on this line holds a certain tempera- 
ture in the top of the tower. A water trap and an oil trap 
are tied into the bottom of the dephlegmator. The oil trap 
discharges into the lean oil tank and the water trap dis- 
charges into the feed water heater. 

The lean cil pump takes suction from the elevated surge 
tank and discharges through several banks of, open type 
coolers and back to the top tray of the absorbers. The 
gasoline vapors from the dephlegmator pass through two 
single pass sections of open type coolers and then through 
a four-pass section, which are placed in the base of the 
cooling tower. 

The gasoline is pumped into a high pressure fractionating 
column, 36 inches in diameter and 49 feet high, containing 
30 bubble trays. Kettle is used for heating, and gravity 
feed into the top of the tower from reflux condensers. Sax 
exchangers and four coolers are used for gasoline. A flow 
controller or pump governor assures constant feed, with 
gasoline passing through exchangers to the column. Fit- 
ished gasoline leaves through the kettle, exchangers, and 
coolers. Reflux condenser water is controlled manually. 
Ordinarily pressure is 175 pounds on the kettle, and tem 
perature of 240°F. and 130°F. on the top of the tower. 

Another new feature of this plant is the feed-water 
heater which also acts as a water purifier and condensef. 
It is of the open type. Direct contact of the exhaust steam 
with the make-up water is brought about in the lower paft 
of the feed-water heater by a tray and deflector plates 
Aerial condensation takes place in the upper part of the 
heater in the nest of the tubes exposed to the breeze. M@ 
the top is the mist extractor to prevent carry-over 
liquid. A balanced valve on the make-up water line makes 
the heater automatic in operation. The water from the 
water trap on the dephlegmator is introduced into the heater 
near the bottom. All exhaust steam from various pumps 
and turbines (excess steam over that required in the evap 
rator) is introduced in a large opening near the top of the 
bottom compartment. The temperature in the bottom# 
approximately 190° F. and a feed water pump takes suction 
from the bottom of the heater and discharges into a miximg 
tank which is under approximately 175 pounds when opet 
ating the boilers at 175 pounds steam working pressufe 
Water is pumped to the boilers from this heater at a tem 
perature of about 260° F. 
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Absorption Oil Conditioning Process 


By E. G. RAGATZ and C. D. GARD, Union Oil Co. of California 


T has been rather generally understood by the industry for 
some time past that an efficient absorption oil conditioning 
still is an essential requisite for the thoroughly efficient 

operation of any absorption plant. 


The direct improvement which can be gained by continuously 
cleaning up the absorption oil, and thus decreasing its molecular 
weight, is well understood by all absorption plant engineers. 
However, there is another more intangible benefit to be derived 
from such a conditioning still which can not usually be evalu- 
ated, namely, the mechanical gain in absorption throughput 
rate and increased heat transfer effect which is obtained by 
cleaning out the gums which always collect in a system not 
provided with a continuous oil conditioning unit. 


This continuous cleaning out of the absorption oil system, 
coupled with the accompanying decreased viscosity of the re- 
conditioned oil, may, in a fully loaded plant, result in indirect 
economies many fold greater than those obvious direct econo- 
mies obtained from a mere decrease in the molecular weight 
of the absorption oil itself. Such an instance, in which the 
resultant gain was accurately evaluated, recently came under the 
author’s observation. 


Some years ago Union Oil Company of California recognized 
the desirability of developing an efficient continuous absorption 
oil conditioning unit. Eventually, through a combination of 
several rather costly experiments, and the building of a num- 
ber of plant units of various designs, a semi-automatic, prac- 
tically fool-proof unit was evolved which has successfully 
passed all tests put to it. 


This conditioning unit uses live steam for its operation, and 
continuously processes some 0.15 to 1.0% of the lean oil circu- 
lated at the absorbers. Experience has shown that 0.8 to 1.0% 
of the absorber circulation should be processed when the oil is 
badly contaminated. After the oil has been cleaned up, how- 
ever, a process circulation of 0.15 to 0.20% will keep the oil in 
the system at approximately the same quality as the original 
makeup oil, provided the plant is equipped with reasonably 
efficient separators on the incoming gas. In addition, if the 
plant is equipped with a modern fractionating still which per- 
mits of using a 350°-500° F. Engler range oil, no makeup oil 
whatever will be required. Union Oil Company has one plant 
in operation in which no oil change has been made for over 
three years, and to which no makeup oil has been added for 
over a year. Yet the circulated absorption oil in this plant is 
today of a better quality than the original oil introduced over 
three years ago. 


In operation, a small stream of hot lean absorption oil is continuously 
withdrawn for the fat oil still for furnishing the feed to the condition- 
ing unit, where, in the conditioning still proper, the desirable absorp- 
tion oil fractions are distilled overhead by the combination use of steam 
coil heat and agitation steam; the distillation being preferably carried 
out under a few inches of vacuum. The necessary conditioning still 
feed rate for even a large plant is normally quite small, the standard 
200 gal./hr. conditioning unit easily caring for a 100,000 gal./hr. absorp- 
tion oil circulation. 


On first thought, the smallness of the conditioning still feed rate 
makes the entire problem appear to be a simple 
one—actually, however, the very smallness of 
the quantities handled, combined with the need 
for their accurate control, complicates instead 
of simplifying the problem. For example, con- 
sider the handling of the residue left over from 
the distillation operation. For a normal plant 
operation involving the circulation of 50,000 
gallons of absorption oil per hour, the condi- 
tioning still bottoms should not exceed 25 gal- 
lons per day—yet this small amount of ma- 
terial must be continuously removed from the 
conditioning still proper under an accurate dis- 
tillation control. 

The overhead distillate from the condition- 
ing still is condensed and cooled, separated 
from the condensed steam, and continuously 
removed from the vacuum receiver for transfer back to the absorption 
plant stream. The residual bottoms, on the other hand, are slowly ac- 
cumulated in the reclaiming unit, and then periodically blown to slops, 
or otherwise disposed of. 

The gum removing operations previously referred to were effected by 
one of these new Union Oil Company absorption oil conditioning units. 
This unit is 20 inches in diameter, stands 19 feet high, and is com- 
pletely equipped to continuously handle 150-200 gal. hr. of absorption 
oil feed—the capacity varying with the available steam pressure and 
quality of absorption oil used. 

_In the plant under discussion, some 7000 MCF (including recircula- 
tion gas) of 1.3 to 1.6 gallon gas is treated at 280 Ibs. gauge pressure, 
containing eight bubble cap trays. 


Residue from Re- 
claimer . 
Makeup Oil 


using an absorber of an older desi 
Before the installation of the conditioning unit, the oil circulation was 
limited to some 3500 gai./hr.—any attempt to exceed this rate resulting 
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Grav. 
Lean Oil—Nov. 18. .34.2 


Lean Oil—Jan. 13. .37.1 
Oil from reclaimer. .38.7 


in a priming over of the absorber. Admittedly, the oil being circulated 
at this time was heavy, and the absorber quite dirty—but the oil wag 
only of the heaviness, and the absorber in that state of dirtiness, nor. 
mally associated with the unit for a considerable period of its operating 
cycle (as measured from oil change to oil change). : 

On December 4, 1931, a test run was made on the plant in anticipa 
tion of the cutting in of the new conditioning unit, which cut-in, how. 
ever, was not finally effected until January 2, 1932. A second set of 
data was then taken on January 13, only 11 days after the conditioning 
unit had been started up. Even a casual inspection of the accompany- 
ing data will reveal an almost unbelievable improvement in the resultant 

lant operation—this improvement being the fortunate result of com. 
pining the usual improvement in absorption oil quality with a very de 
cided increase in absorption oil circulation rate. 

During the test of December 4, the plant had difficulty in maintain 
a 3562 gal. hr. circulation, yet by January 13, this circultaion rate h 
been boosted to 7346 gal./hr. Obviously a combined increase in two 
factors so vital to the efficiency of the absorption plant operation as 
oil quality and circulating rate, would have to show a marked improve. 
ment in plant yield—which deduction is amply justified by the follow- 
ing analysis. 

In table 1 are listed the Engler distillations and other pertinent data 
concerning the various absorption oil samples involved in the two tests 
under discussion. For the noted 11-day conditioning period, the con- 
ditioning still operated at an average throughput rate of 50 gal./hr; 
thus processing some 13,000 gallons of oil as against an 8000 gallon sys- 
tem charge. The Englers indicate that on January 13, the oil in the 
system was rapidly approaching the quality of the fresh charging stock, 
which checks our usual experience that about twice the system capacity 
must be run through the conditioning still to thoroughly clean up a 
badly contaminated oil. 

The decrease effected in the molecular weight of the lean absorption 
oil during this period is significant, to say the least. Furthermore, it 
will be noted that the oil being produced at the conditioning unit on 
Tanuary 13 had an even lower Bg point and molecular weight than the 
original charging stock. Exception may be taken to this fact, and the 
point raised that such an operation would consume considerable good 
oil, particularly when it is noted that 50% of the residue boils under 
550°F. It should be remembered, however, that the incoming gas com 
tinuously brings into the system a small amount of absorption oil frac 
tions which experience shows, more than make up for the uoted losses 
of heavy absorption oil ends in the conditioning still residue. 

Shortly after the conditioning unit was cut into the system, “slugs” 
of extra heavy material began to show up in the circulating oil stream. 
At the same time the absorber capacity for lean oil began to increase. 
As previously noted, this capacity rose from 3562 gal./day on December 
4 to 7346 gal./day on January 13. At the same time, no difficulty was 
experienced in maintaining the former interchanger and heater tempera- 
tures, despite the decided increase in oil flow. This fact indicates that 
the heat transfer capacity of the apparatus was simultaneously increased 
with the noted increase in absorber circulation capacity. y January 
13, the heavy oil slugs had practically disappeared from the system; 
with the oil circulation rate at the absorber being apparently stabilise 
A second set of test data was then secured. 

Table 2 gives the comparative fractional distillations on the rich and 
lean gas samples to and from the absorber for the tests of December 
13 and January 4 respectively. As would be expected, the decrease im 
loss of potential gasoline in the lean gas is marked; this loss a 
reduced from 0.387 gal./MCF of lean gas on December 4 to 0.0 
gal./MCF of lean gas on January 13, 

During the test of December 4, the absorber lean gas amounted to 
7,179 MCF/day, while for January 13, it dropped to 5,736 MCF. If 
we take an average of these two figures as representative of the plant 
throughput rate, and assign a value of $0.05 per gallon to the gasol 
the indicated increased return in gasoline values alone, as a result 
the installation of the conditioning unit, amounts to: 

: X (0.387 — 0.057) X 6,450 = $106.00 per day 

To this direct increased gasoline return, we can also add additional 
substantial savings as represented by decreased makeup oil che 
decreased pumping charges, longer on-stream efficiencies, etc. 3 
which indicate a very handsome return on the small investment involved 
in the installation of such an oil conditioning unit. 


TABLE 1 
Comparative Absorption Oil Englers 


5% 10% 20% 30% 40% 50% 60% 70% 80% 90% Max. 
322 468 510 528 538 550 561 581 620 680 


416 450 464 467 474 479 488 499 518 553 610 a 3 
309 426 446 452 455 461 466 472 480 496 542 A 3 186 


504 508 511 520 534 544 552 569 580 642 t m 
412 427 447 457 464 470 478 488 504 530 583 4 . 193 


TABLE 2 : 

Comparative Samples of Gas to and From Absorber a 

Dec. 4—Before Conditioning Jan. 13—After Conditioning” 

Vol. Pct. Rich Gas Lean Gas Rich Gas Lean 

Air 5.00 5.00 8.50 9.00 

9.70 0.70 1.30 1.50 

73.13 78.40 66.59 77.23 

8.16 7.45 7.02 6.79 
Cc 7.79 6.46 10.43 
1¢, 1.21 0.79 1.83 
Cc, 2.83 1.01 2.76 
1.18 0.19 1.57 
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Refinery Vapor Reeovery Process 
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HE accompanying diagram is a flow sheet of a 
compression type refinery vapor recovery plant. 


This recovery plant was designed by Black, 
Sivalls & Bryson, Inc., Tulsa, Oklahoma, for the 
Montreal refinery of British American Oil Company, 
Limited. 

Construction of the refinery was started in April 1931 
and in August crude was charged to the refinery. The 
entire refinery is a model of design for compactness 
and efficiency. The crude is topped for gasoline, kero- 
sene, and gas oil in a Winkler Koch crude unit. The 
topped crude and gas oil are then charged to a Winkler 
Koch cracking unit. The pressure distillate from the 

racking unit is stabilized to reduce evaporation losses 
and to control vapor pressure. The stabilization unit 
was also designed by Black, Sivalls & Bryson, Inc. 

There is no cheap local supply of casinghead avail- 
able for blending purposes. Therefore a recovery unit 
for the extraction of the light gasoline from the refinery 
gases should show an excellent return on the money 
invested for such an unit. 

There are two sources of rich gas in the refinery. 
Gas from the cracking unit separator and gas from the 
straight run gasoline accumulator of the crude unit. 
The gas from the straight run gasoline accumulator is 
a negligible quantity. This is due to the following 
three reasons; the refinery charges crude from East 
Texas which is undoubtedly weathered somewhat by 
the time it is delivered to the refinery tanks at Mon- 
treal, the crude unit has been carefully designed so 
that there is no incipient cracking of the crude, the 
cooling water is ample and cold. 

The recovery plant processes two million cubic feet 
per day of rich gas and recovers 130 to 190 barrels of 
stabilized recovery gasoline. The varying production is 
principally due to changing pressure and temperature 
conditions of the cracking unit separator. 

The flow of the gases in the recovery plant is as 
shown on the accompanying flowsheet and the descrip- 
tion of plant is as follows: The crude still gas is picked 
up from the straight run gasoline accumulator of the 
crude unit by a motor driven compressor and discharged 
into the low suction of the two stage gas driven com- 
pressors. The combined refinery gases are then com- 
pressed to interstage pressure in the low stage cylin- 
ders and discharged into the interstage cooler. The 
interstage cooler is of the shell and tube type water 
cooled. The compressed hot gases are cooled and par- 
tially condensed by the interstage cooler and pass into 
the interstage accumulator where the condensed gas and 
condensate are separated. The condensate is picked up 
by a simplex steam pump and fed into the stabilizer 
cclumn at a point approximately midway up the col- 


umn. The speed of the steam pump is controlled by 
means of a remote liquid level control on the accumu- 
lator. The uncondensed !gas from the interstage ac 
cumulator is drawn into the high cylinders where it is 
compressed and fed hot into the stabilizer column a 
few trays above the point of entry of the interstage 
condensate. The stabilizing column is of the bubble tray 
type with trays removable. 

The overhead vapors from the top of the stabilizer 
are water cooled in a shell and tube type reflux con- 
denser and partially condensed. The uncondensed gas 
and condensate pass from the reflux condenser into the 
reflux accumulator where they are separated. The un- 
condensed gas, stripped of all valuable gasoline, leaves 
the system through a recording back pressure regulator 
and is returned to the refinery fuel system. The con 
densate is pumped back to the top of the stabilizer as 
reflux by means of a simplex steam pump. The speed 
of the reflux pump is controlled by a recording rate of 
flow controller in the reflux line. The condensate level 
in the reflux accumulator is controlled with a liquid level 
control on the accumulator which operates a valve in the 
cooling water line to the reflux condenser. 

The base of the stabilizer is heated by a closed steam 
coil. The temperature of the recovered gasoline in the 
base of the stabilizer is maintained constant by a re 
cording temperature regulator that controls the amount 
of steam to the closed steam coils. 


A constant liquid level is maintained in the base of 
the stabilizer with a liquid level control. This level con- 
trol operates a valve in the product line from the prod- 


uct cooler. The stabilized recovery gasoline is dis 


charged from the base of the column through a shell 
and tube water cooler. The cooled gasoline is then sent 
to storage to be used for blending as required. 

The plant is very economical in the use of steam 
and water. It also possesses extreme simplicity of op 
eration as the number of control points are reduced t 
a minimum. The extraction efficiency is high and the 
quality of the product may be readily varied to suit 
refinery blending requirements. 

If conditions are suitable the compression type plant 
recovery plarit is a more economical unit than the oll 
absorption type recovery plant. The compression type 
recovery plant should not be installed until a thorough 
survey has been made of the refinery by competemt 
engineers and all factors taken into consideration. Wheat 
the survey justifies an installation of this type the t% 
finer will benefit by lower operating charges, greatet 
simplicity of operation, and an extraction efficiency # 
high as that obtained by the more commonly known oil 
absorption recovery unit. 
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RESENT-DAY stabilization and vapor recovery 
Prrscic in refineries is in the direction of prevent- 

ing losses at the source, that is removing light ends 
from pressure distillate, for instance, before storing, 
treating, re-running, etc. The recovered absorption is 
blended back just before shipping, thus cutting down 
overall refinery losses to the minimum. Of course there 
is always the fixed cracked gas and some low pressure 
vapors which must be processed in a recovery plant. 
Material presented here prepared by Burrell-Mase Engi- 
neering Company, Pittsburgh. 

A complete vapor recovery and stabilization system 
not only prevents, and recovers losses, but also throws 
out propane from finished products so that the maxi- 
mum butane content possible in gasolines can be shipped, 
still keeping the product within permissible vapor ten- 
sion limits. A good complete system will net four per 
cent or more of saleable gasoline, based on the crude 
charge under average conditions. This is oft times the 
difference between operating at a profit or a loss. 


The system outlined by flow diagram herewith is ap- 
plicable to a wide range of conditions. Essentially it 
“stabilizes” or “debutanizes” the pressure distillate, 
sending fixed gas from column overhead to the ab- 
Sorber and net overhead condensate to the absorption 
surge tank. The stabilized P.D. will not show losses of 
any consequence while being treated, rerun, etc. since 
all of the propane along with the butane and some 
pentane is removed and sent to the absorption plant. 


Fixed gas from the pressure stills contains consider- 
able gasoline and this gas along with the overhead gas 
from the P.D. stabilizer, flows under existing pressure 
through the absorption plant. 


Low pressure vapor from crude stills, etc., are picked 
up by a compressor, raised to absorber pressure, cooled 
and combined with the pressure gas. Before entering 
the absorber the hydrogen sulphide is preferably re- 
moved from the gases by “lime scrubbing.” This pre- 
vents serious plant corrosion and is inexpensive. 


A bubble tower absorber removes the pentane and 
heavier from gases along with as much butane as can 
be blended back into finished motor fuel. Sixty-five per 
cent butane extraction is common, sometimes running 
a high as 90 or 95 per cent. The desired products are 
absorbed in a light oil menstruum. This latter is then 
pumped to stripping still where the absorbed products 
are stripped from the oil. The latter is cooled and re- 
turned to the absorber. Overhead still vapors are frac- 
fionated to remove oil vapors (i.e. to control end point). 
Unstabilized absorption gasoline is pumped back to still 
top for reflux. 


The still vapors are condensed and sent to the surge 
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tank. Non-condensed vapors are recycled to the ab- 
sorber. The condensed gasoline contains propane and 
lighter which must be removed. This unstabilized ab- 
sorption is mixed with the light P.D. liquid cut from 
the P.D. stabilizer. The combined light stream is 
pumped from surge tank to final stabilizer, from which 
unit propane and lighter is passed overhead to fuel. 
Pentane and heavier, along with as much butane as can 
be used in finished motor fuels, is taken to the base, 
from which it is removed, cooled and sent to storage. 


The system as shown includes oil heating for base of 
P.D. stabilizer, absorption stabilizer and still, and also 
for still preheater. Steam can be substituted for heating 
any of these units where sufficient wasie heat from oil 
is not available. 


As shown, both stabilizers have ‘oil’ base heaters 
and steam preheaters. In case of P.D. stabilizer, the 
steam preheater is not regularly used. It is supplied as 
a reserve unit in case the base heater fouls or insufficient 
hot oil is available over temporary periods. In case of 
absorption stabilizer, exhaust steam: can be and is regu- 
larly used for preheating, regardless of whether oil or 
steam is used in base heater. 


In case of the still, if hot oil is not available, live 
steam is used for heating. If, however, exhaust steam 
is available in considerable quantity, a double still system 
may be used. 


Pumps may be electric, centrifugal or steam, depend- 
ing on local conditions. Compressors for low pressure 
vapors from gathering system may be steam, gas or electric 
driven. Control, of course, varies with the type. Gas en- 
gine drive is the cheapest from fuel standpoint. Very small 
units are generally steam or electrically driven. 

Control of stabilizer, both pressure distillate and absorp- 
tion, is important. Since base product is the principal cut 
in both cases, base temperature, column pressure and re- 
flux are controlled but top temperature is allowed to fluc- 
tuate in order that the column may adjust itself to varying 
feed composition while maintaining a constant base product. 

Reflux and raw charge to stabilizers are kept in step by 
two flow controllers which are in turn set to the required 
“differential” by a wide range liquid level control of the 
mercury float type. In this way the feed and reflux are 
always in step but are never changed abruptly, thus up- 
setting the column. 

Oil to absorber is ratio controlled from gas volume at 
constant pressure. Reflux to still top is temperature con- 
trolled, since the overhead is the important product. Ail 
important pressures are maintained by pressure recorder 
controllers. Heat exchangers are used in connection with 
still and stabilizers. 

Plants of this nature must be designed to fit the local 
conditions. There is scarcely an item on the flow chart that 
is not subject to change under certain conditions. The art 
of vapor recovery consists in being able to properly “diag- 
nose” the requirements and design accordingly. 
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HAT gasoline recovery is to the gas industry, 
\ vapor recovery is to the oil refining industry. 
Every vessel containing light products loses 
some of its most volatile content by evaporation, and, 
by the laws governing evaporation in a mixture of vola- 
tile liquids, a fraction of each heavier constituent may 
be found in the escaping vapors. The total evapora- 
tion from tankage, agitators, treators, blending tanks 
and loading racks causes grave loss in net returns, some- 
times sufficient to be the determining factor in profit- 
able operation of the refinery. 

Vapors from cracking plant accumulators are very 
rich in recoverable gasoline fractions, especially those 
cracking processes which operate at lower pressures. As 
high as seven or nine gallons of recoverable gasoline per 
thousand feet is not unusual in these vapors. 

The method of vapor recovery are therefore similar 
to the methods of natural gasoline recovery, either by 
compression and cooling, by absorption and distillation, 
or usually by a combination of the two processes be- 
cause a gathering system operating below atmospheric 
pressure is usually necessary to collect the vapors. The 
variation in the problem as applied to natural gas or to 
refinery vapors lies in the relative richness of gas 
throughput, which becomes the predominant influence 
in the design. The corrosiveness of the refinery vapors 
is another influence which must be studied, and addi- 
tional metal thickness or other means provided for re- 
sisting it. 

A third method of vapor recovery combined with the 
stabilization of pressure distillate or low recovery gaso- 
line has been developed by Petroleum Engineering, Inc., 
Philtower building, Tulsa, Oklahoma, associated with 
Arthur G. McKee Company, Cleveland, Ohio, and plants 
of this design are now operating in Mid-Continent re- 
fineries. The following description of one of them will 
indicate the process employed in this method of vapor 
recovery, the flow diagram of which is shown on the 
opposite page. 

This plant is a combination pressure distillate stabil- 
izer and vapor recovery plant. Approximately 30,000 
gallons a day of pressure distillate is pumped to the so- 
called debutanizer through a set of heat exchangers. 

The debutanizer is a column with approximately 15 
trays. The pressure distillate flows downward into the 
kettle, where it is heated to approximately 300°F. at 
a pressure of 30 pounds. This temperature depropan- 
izes the pressure distillate in a rough cut; that is, the 
reflux ratio over the column is very small and the 
amount of heavier hydrocarbons leaving the pressure 
distillate is quite large. From 15 to 20 per cent of pres- 
sure distillate thus leaves the debutanizer. The stabil- 
ized pressure distillate flows through a heat exchanger 
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into the final cooler. The propane content of the fin 
ished pressure distillate can be reduced to nothing if so 
desired. The vapors from the top of the debutanizer 
flow through a back pressure regulator into a condenser 


where they are cooled to about 80°F. Part of the con 
densate is pumped as reflux over the tower while the excess 
overflows into mixing tanks, where it is mixed with casinghead 
gasoline and other condensate on its way to the main stabilizer, 
The uncondensed vapors, together with the vapors from the 
look boxes, gasoline storage tanks, pressure distillate separator, 
topping still separator, and other sources, are compressed toa 
pressure of 300 pounds. The condensate from the intermediate 
pressure coolers is sent to the mixing tanks, previously referred 
to. The vapors leaving the compressors at 300 pounds are con- 
ducted directly into the stabilizer without cooling, at a tempera- 
ture of 180-200°F. The mixed condensate from the mixing 
tanks is pumped to the same stabilizer through a series of heat 
exchangers and a preheater, and enters the column at the same 
point with the vapors from the compressors. A constant pres 
sure of 300 pounds is kept on the rectifier by a back pressure 
regulator, set in between the reflux condenser and the column. 


The vapors and gases leaving the column are condensed in 
Griscom-Russell Bentube cooling sections, from which the con- 
densate and the dry gas flow through a separator. A constant 
volume of reflux is pumped from the separator into a stabilizer. 
A feature for maintaining the level of reflux in the separator 
consists of a super-sensitive liquid level control, which operates 
a secondary back pressure valve on the discharge of the gas 
from the separator. Should the amount, of the condensate be 
more than that desired for reflux, and the condensate level 
rise in the separator, the liquid level control opens the by-pass 
valve and reduces the pressure on the condensers. With re 
duced pressure on the condensers, less condensate is accumt- 
lated, thus bringing the level in the condensate receiver to the 
desired height. 

The temperature of the kettle at the bottom of the main 
column depends entirely upon the recovery product desired. A 
propane-free product, with a distillation recovery of all the 
way from 75 to 99 per cent, can be easily obtained by varying 
the temperature of the kettle. The uncondensed gases leaving 
the column are completely stripped of pentane and heavier 
fractions, while the amount of butane left depends entirely 
upon the recovery of the product desired. A charcoal test of 
the vapors showed less than one cc. condensed from 100 cubic 
feet of gas run into the tester, or .0028 G.P.M., which is com 
siderably less than that obtained in standard absorption vapor 
recovery or gasoline plants. 

The total steam consumption of the plant is comparatively 
small, since the temperature of the vapors and the gasoline 
introduced into the main stabilizing column are almost equal 
to their final desired temperatures, due to heating from intet 
changers and compression. The amount of water circulated 
is also small, because the compressed vapors are fed into the 
tower as they come from the machines, uncooled. 

The plant is equipped with both electric and air actuated 
controls and is automatic in operation, requiring a minimum of 
attention from the operators. ‘The feed of the condensate and 
casinghead gasoline to the column, though controlled by cof 
stant volume control, is changed as desired to meet the refinefy 
requirements. This change does not upset the operating condi- 
tions of the tower and the desired product of uniform quality 
is produced throughout the day. 
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AW natural gasoline produced in the absorp- 
tion plant and flowing into the accumulators 
is subjected to stabilization in a separate col- 
umn. The condensate passes through heat-exchangers 
to the stabilizer. A single stabilizer produces the 
flaximum possible gallonage of given recovery, or 







yapor pressure, from available feed. Using two or 





three columns in series permits the preparation of 





several pure fractions; liquefied gas, aviation gasoline, 
or other special products. Bubblecap columns are 






iniversally used with bubble trays varying in num- 
ber from 16 to 50 per column. 






The basic process in stabilization is controlled frac- 





tionation. This applies to gasoline stabilizers, de- 





butanizers, pressure distillate stabilizers, crude oil 





Stabilizers and special products columns. The flow 





chart on the opposite page shows the details of con- 





struction and operation of stabilizing apparatus de- 
signed by C. F. Braun & Company, Inc., Alhambra, 
California. The photograph below illustrates a sys- 
tém consisting of three columns which is utilized for 
the production of liquefied petroleum gas, pure 
butane and aviation gasoline. 









In the pressure distillate debutanization section of 
the system shown, pumps discharge the raw pressure 
distillate through three series-connected heat exchangers 
to one of four inlet connections. A recording flow- 
controller maintains a constant feed rate. Vapors leave 
the top of the column, pass into a series of partial con- 
densers and then into final condensers, and to the ac- 
cimulator. Reflux from the partial condensers flows 
ito a separate reflux accumulator, from which it is 
pumped under control of a recording flow controller 
back into the top of the debutanizer column. The raw 
gasoline accumulated in the accumulator following the 
final condensers is passed into a raw gasoline surge tank 
for further treatment in the stabilizer column. The 
Vented gases return to the absorption plant to prevent 
loss of recoverable constituents. 









Stabilized pressure distillate accumulates in the 
bottom of the debutanizer column from which it is 
Withdrawn under liquid level control through the 
series of heat exchangers previously mentioned, and 
then through a water cooled final pressure distillate 

| fooler. Fractionation is aided through use of the sys- 
m of steam reboilers or tar reboilers as shown 
it the diagram. Such systems are, of course, subject 
various changes and modifications depending upon 
Operating conditions and technique. 

The raw gasoline from the debutanizer and the 
Taw gasoline from the absorption plant distillation 
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Braun Stabilization Systems 


unit mix in a surge tank from which the blend is 
pumped, under control of a recording flow controller, 
through a series of exchangers and preheaters into 
the final stabilizer column. The operation details 
are similar to those described in connection with 
the debutanization column. Overhead vapors pass 
through a series of condensers and the condensate is 
employed for reflux,—being withdrawn from the ac- 
cumulator. Steam reboiler apparatus is employed to 
secure the proper column-bottom temperatures and 
refluxing is employed to control the waste gases. The 
stabilized product flows from the bottom of the column 
through exchangers and the final gasoline cooling equip- 
ment. 

Pressures and temperatures of both debutanization col- 
umns and stabilizers must of necessity vary in different in- 
stallations of such systems because of the different content 
of various hydrocarbons in materials charged to them. 
Control of production hinges upon one of two points,—the 
top or bottom of each product section. Great flexibility obtains 
from proper control and various products may be made from 
the same feed. Reflux controls the end-point of all overhead 
products. Methane, ethane, propane or other fractions pass off 
without loss of heavier components. Reflux enters the column 


by gravity from overhead condensers or is pumped back, as 
described. 

Control is volumetric, thermodynamic, or manual, de- 
pending on the products desired and operating technique. 
Automatic controls operate on discharge or on steam end of 
pumps, or regulate weir discharges. 

Reboiling maintains the desired initial boiling point or 
vapor pressure of the bottom product. Light ends are re- 
moved and heavier fractions retained. 









LS EE 





[ V — Gasoline Plants ] 





BUT 


FLOW DIAGRAM 
PROPANE - BUTANE PLANT 
RELL-MA 


' 


COURTESY 











Refiner & Natural Gasoline Manufacturer—V ol. 11, No.? 












/ 


HE separation of pure individual hydrocarban 

cuts from light hydrocarbon mixtures has been 

a logical outgrowth of natural gasoline manu- 
facture. The raw materials are drawn for the most 
part from absorption plants, stripping either natural 
gas or refinery vapors. Production of butane and 
propane from natural gas predominates. Material 
presented here prepared by Burrell-Mase Engineer- 
ing Company, Pittsburgh. 

The first necessary step in cutting out pure light hydro- 
carbons is the operation of an efficient absorption gasoline 
stabilizer. This unit is usually a part of the equipment 
already in operation, hence is not shown on the accom- 
panying flow diagram. The light hydrocarbon mixture 
sent to the propane-butane plant must be free of pentane 
and heavier compounds. The most readily available source 
of satisfactory charge of this nature is from the reflux tank 
of the absorption stabilizer. This column should be oper- 
ated as nearly “total condensing” as possible, if it is desired 
to avoid compressing vapors into the butane column. 

It might be supposed that non-condensible vapors from 
the absorption plant steam still could be sent to the butane 
plant. Such is not the case since they invariably contain 
pentane and heavier which would show up as impurity in 
the butane cut. The N. C. non-condensible vapors can be 
compressed and the resultant liquid sent to the absorption 
stabilizer, from whence butane and lighter as overhead can 
be passed to the butane column. Residual non-condensible 
gas from compressors should be recycled to the absorbers. 

Ordinarily more butane and propane are available than 
can be readily marketed. Hence the system disclosed per- 
mits loss of a small amount of these to the fuel line. This 
loss is small, but if advisable to prevent same, a small gas 
compressor can be added to “pump” the vapors from accumu- 
lator tank of absorption stabilizer to the butane column, 
aid likewise another small unit to compress from butane 
tlimn accumulator tank to the propane column. Ordi- 
Matily, pressures and temperatures of the several columns 
tan be so adjusted that the reflux condensers are practi- 
cally total condensing, thus eliminating need for the com- 
pressors. 

In cases where more butane and lighter compounds are 
needed than normally come from the absorption plant, the 
Oil to gas ratio can be increased. The exact oil requirement 
for a given per cent of butane extraction, other conditions 
being known, can be computed rather closely by use of 
Raoult’s law. In general it may be stated that enough oil 
tifeulation to just cleanly absorb the pentane will also ab- 
S0rb about 30 per cent of the butane. Thus by doubling 
the normal oil ratio, 60 per cent approximately of the bu- 
tamé would be absorbed for the gas. A proportionate in- 
(ase in propane absorption would also result. 

The butane-propane stabilizing system, flow chart of 
Which is shown, is arranged to charge butane and lighter 

the absorption stabilizer reflux condenser to the 
€ column. Pure butanes are taken from the base while 
MOpane and lighter passes overhead to a “total condens- 
Mg reflux condenser. Net overhead (i.e. propane and light- 
et) is Pumped to the propane column where propane is taken 
the base and ethane and lighter pass overhead to fuel. 
we System illustrated will produce, in commercial opera- 
tion, 98 per cent or better purity of product in case of 



















Propane-Butane by Stabilization 
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butane and propane as individual hydrocarbons. By butane, 
is meant a mixture of iso and normal. 

The net overhead from absorption stabilizer (condensed 
to liquid) is pumped through heat exchanger and preheater 
to proper plate in the butane column. Exhaust steam can 
be used in the preheater and hot stabilized butane is the 
heating medium in the exchanger. Live steam is used in 
base heater. Reflux condenser may be shell and tube or 
open spray, but preferably the latter, because of the closer 
approach to atmospheric temperature with minimum water 
requirement. 

The pressures and temperatures of butane column will 
vary in different installations because of varying hydrocar- 
bon content of raw charge. The system should be operated 
so that practically all overhead consisting of propane and 
lighter is condensed to liquid, only enough vapor being 
formed to hold column pressure constant. Typical condi- 
tions are 260 pounds pressure, 235°F. at base 110°F. column 
top, 80°F. vapor discharge from condenser. Reflux is con- 
trolled but top temperature must be allowed necessary 
fluctuation to accommodate variations in hydrocarbons con- 
tent of charge and net overhead. 

Pure stabilized butanes are withdrawn from column base 
by a sensitive liquid level control. Hot liquid passes 
through heat exchanger to cooler. Pressure must not be 
released until after final cooling. Base temperature and 
preheater temperature are thermostatically controlled. Raw 
charge may be controlled by a flow controller or wide 
range liquid level control. Former is indicated on flow 
diagram. Reflux may be controlled by a flow controller or 
ratio controller. The former again is shown. Pressure is 
controlled preferably by a pressure recorder controller. 
Top temperature of column is recorded but not controlled. 

The propane column is operated in the same way as the 
butane column, with the following essential differences. 
Typical conditions are, pressure 560 pounds, base tempera- 
ture 180°F., top of column 80°F., condensed vapor dis- 
charge 60°F. 


Exhaust steam can be used in base heater as well as pre- 
heater. Well water or refrigeration should be used to sup- 
plement reflux condensing since normal temperatures are 
too close to critical temperature of ethane. Heat exchang- 
er can be omitted, since capacity is generally small. This 
is especially true if exhaust steam, otherwise wasted, is 
available. 

The system as a whole may be inverted. That is, the first 
column can be so operated that ethane and methane are 
thrown overhead, while butane and propane go to the base. 
This latter as hot liquid is then flashed into a second col- 
umn at lower pressure. Propane is taken overhead while 
butane is taken from the base. Such a system is a bit less 
complicated but has the disadvantage of requiring a larger 
high pressure column. It is also more difficult to make 
sharp cuts, primarily because if the relative percentages of 
butane and propane fluctuate from outside causes, it be- 
comes necessary to readjust the base temperature of first 
column to this mixture. Otherwise propane will be thrown 
overhead (if propane content increases) or ethane will be 
left in base mixture (if propane decreases.) 

Again, the whole separation can be handled in one tall 
column, butane from base, propane a side stream and ethane 
and lighter overhead. The principal difficulty again is the 
matter of regulation to get sharp cuts. 
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INCLAIR Refining Company recently installed 
. two rectifying units to control gasoline volatil- 

ity and to meet present motor fuel vapor pres- 
sure specifications. One rectifying unit charges raw 
pressure distillate received from the condensers of 
the cracking plant and removes all butane and lighter 
fractions. The other rectifying unit handles the over- 
head products from the first and removes propane 
and lighter fractions, leaving a propane free butane 
which serves as a blending gasoline. Both units were 
designed, installed, and placed in operation by Foster 
Wheeler Corporation, 165 Broadway, New York. 

The debutanizer charges raw pressure distillate at 
the rate of 8000 barrels per day and removes 12 per 
cent of the charge overhead. The distillate to be 
charged flows into the two horizontal surge tanks 
each with a capacity of 600 barrels. These tanks are 
operated in parallel at a pressure which is slightly 
below the pressure at which the distillate is con- 
densed in the cracking plant. From the surge tanks 
the distillate is forced by two-stage electrically driven 
centrifugal pumps through three heat exchangers 
connected in series. These heat exchangers are of 
the long tube floating-head type. The raw distillate flows 
through the tubes recovering heat from the stabilized dis- 
tillate which flows through the heat exchangers 
around the tubes and counter current to the feed. 
From the heat exchangers the raw distillate flows 
into the rectifying column. 

The distillate entering the column partially vapor- 
izes, the vapors passing upward and the liquid down- 
ward through the series of bubble trays. From the 
bottom of the tower the liquid flows into an external 
reboiler kettle which supplies heat for the vaporiza- 
tion of undesirable lighter fractions and reflux. The 
heat in the kettle is obtained from hot residuum oil 
from the refinery, the flow of oil being controlled by 
a recording thermostat. Vapors from the kettle pass 
into the tower near the bottom and bubble upward 
through the successive bubble trays. 

By maintaining the proper temperature in the ket- 
tle the undesirable lighter fractions are removed from 
the distillate which enters the kettle from the tower. 
The heavier fractions, which make up the stabilized 
pressure distillate are removed from the kettle in a con- 
tinuous stream, the quantity being determined by a 
liquid level controller. From the kettle the stabilized 
products pass through three liquid to liquid heat ex- 
changers mentioned above and finally through a shell 
and tube type water cooler to storage. 

The vapors which pass upward through the tower 
bubble through reflux which is fed to the top of the 
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tower at a constant rate. The reflux is produced by 
partially condensing the vapor taken from the top of 
the tower. The balance of the vapors pass to a final 
condenser and cooler. A small percentage of the va- 
pors remain uncondensed and are vented to the ab- 
sorption plant in the refinery. The condensate ob- 
tained from the overhead vapor is delivered to surge 
tanks under pressure and is held for further rectif- 
cation in the second rectifying unit. 

One of the interesting points of the debutanizer 
unit is the maintenance of the initial pressure which 
is sufficiently high to insure almost complete con- 
densation in the final condensers. The pressure is not 
high enough, however, to prevent complete debutan- 
ization of the bottom products. The unit was built 
to effect a considerable reduction in treating cost and 
to eliminate the handling loss which was formerly 
incurred. 

The second rectifying unit is designed to charge 
40,000 gallons per day of overhead products te 
ceived from the debutanizer. This rectifying unit 
operates at high pressure and removes about 28 per 
cent of the charge overhead to produce propane free 
gasoline or butane. The condensed overhead vapor 
from the debutanizing unit is pumped from the 
surge tank through a heat exchanger and then 
through a steam preheater to the rectifying column, 
entering the tower near the center. The rate of feed 
is maintained constant by a combination recorder 
and controller. 

The flow of fluids through the second rectifyimg 
unit is about the same as the flow through the d 
butanizer; that is, the liquids flow downward and 
the vapors pass upward through the successive bub 
ble trays; final stabilization is performed in an && 
ternal reboiler kettle at the bottom of the tower, and 
heat is recovered from finished products by the shell 
and tube type heat exchanger. The only differenee 
in the flow is that merely enough overhead is com 
densed to meet reflux requirements. Non-condensed 
vapors leave the system as gas and pass into the 
refinery fuel system. 

The purpose of the steam preheater in this rectr 
fying unit is to permit the maintenance of a constant 
feed: temperature to the tower. The preheater also 
enables the operators to adjust the temperature of 
the charge to the tower to correspond with the feed 
tray temperature and thus ‘insures a temperatuit 
equilibrium at that point.. This rectifying unit pie 
duces about 29,000 gallons of propane free blending 
gasoline per day. 
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ANUFACTURE of solid carbon dioxide interests 
M the refining industry chiefly because refiners are 

rather intimately acquainted with the process steps 
involved in the extraction and solidification of the gas, and 
secondly because the perfection of such processes may add 
revenue to the business of refining through the utilization 
of one of its waste products, namely, flue gases. 

The flow charts presented on the opposite page show two 
types of absorption processes employed for the extraction 
of carbon dioxide from flue gas or natural gas. The 
illustrations are reproduced from Refiner and Natural Gas- 
oline Manufacturer, issue of September, 1931, page 72, 
“Source and Manufacture of Solid Carbon Dioxide,” by 
George Reid. The Girdler Corporation, Louisville, Ken- 
tucky*, has perfected an absorption process for tbe extrac- 
tion of carbon dioxide from gases, and has developed two 
absorbents for use in the system, known as diethanolamine 
and triethanolamine. Concerning these absorbents and the 
absorption process, Dr. R. R. Bottoms, director of research, 
The Girdler Corporation, in his work in Chem. & Met. Eng., 
Vol. 38, No. 8, August, 1931, page 465, wrote as follows: 

“In operations using diethanolamine for the absorption 
of carbon dioxide, a 50 per cent water solution has been 
found to be entirely satisfactory. The molecular weight 
of diethanolamine is 105 and it is a mono-acid base. The- 
oretically, then, 105 gr., of diethanolamine should absorb 
22 gr., or 11 liters, of carbon dioxide. This would amount 
to about 110 c.c. of carbon dioxide to each cubic centimeter 
of diethanolamine, but since some dicarbonate as well as 
neutral carbonate is formed, a 50 per cent solution will ab- 
sorb about 72 volumes per volume of solution when the 
partial pressure of the carbon dioxide over the solution is 
equal to one atmosphere and the temperature is about 
35°C. (95°F.). 

“The heat liberated due to the absorption and reaction 
of carbon dioxide in diethanolamine has been determined 
experimentally to be 650 B.t.u. per pound of carbon dioxide 
absorbed. This heat of reaction for hydrogen sulphide, on 
the other hand, is 511 B.t.u. per pound of hydrogen sulphide 
absorbed. In heating solutions of diethanolamine to drive 
off carbon dioxide or hydrogen sulphide after absorption, a 
certain quantity of water also is vaporized. This quantity 
of water corresponds to the quantity of water saturating 
the carbon dioxide at the temperature at which it leaves 
the solution. Heat sufficient to vaporize this quantity of 
water then must be introduced into the reactivating kettle 
in addition to the quantity corresponding with the amount 
of heat generated upon the absorption of the gas by the 
solution. By calculating the quantity of water driven off 
during this reactivation period from a given quantity of 
solution, and the heat necessary to dissociate the carbonate 
as well as raise the temperature of the solution from the 
inlet temperature to the boiling point, the total heat re- 
quired in the process for reactivating the solution can be 
accurately determined. 

“It has been found experimentally that when a solution 
of diethanolamine saturated with CO, is heated to 95°C. 
(203°F.) about 90 per cent of the total carbon dioxide ab- 
sorbed in the solution may be eliminated. In liberating the 
other 10 per cent of the carbon dioxide it is necessary to 
boil off a small quantity of water. When a solution of 

*The Jackson Engineering Corporation, Tulsa, Oklahoma, is exclusive 


licenser for the Girdler Process for the extraction of Carbon Dioxide 
and Hydrogen Sulphide from Gases. 
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diethanolamine saturated with carbon dioxide is heated ap 
active liberation of the carbon dioxide begins immediately, 
By the time the boiling point of the solution is reached 
it is found that almost all of the carbon dioxide has been 
liberated. : 

“Practical operation of the absorption process is shown if 
the diagram of the helium production plant of The Helium 
Company, Thatcher, Colorado, (Figure 2). This installa 
tion reduces the carbon dioxide content of the gas on the 
average to about 0.01 per cent. The original composition 
of the gas at Thatcher is carbon dioxide, 15; helium, eight; 
hydrocarbons, 0; and nitrogen, 77 per cent. 

“The system operates as follows: Gas is delivered to the 
plant at about 350 pounds pressure, enters the absorber 
and passes up countercurrent to the descending amine so 
lution, where the carbon dioxide is almost completely 
stripped from the gas. The solution of amine carbonate 
passes out of the base of the absorber, through the. heat 
interchangers countercurrent to the reactivated solution of 
amine from the reactivator, and in this heat interchanger 
the temperature of the solution is raised to about 80°€ 
(176°F.). The solution then passes into a mid section of 
the reactivator tower, down over the bubble plates, and 
finally reaches the kettle of the reactivator, which contains 
steam coils where the solution is held at its boiling point. 
The steam from the kettle passes through the bubble plates 
countercurrent to the descending solution, removing the 
carbon dioxide. 

“Some of the steam progressively condenses as it meets 
the descending colder solution, heating the solution to its 
boiling point and disengaging the carbon dioxide as it ap 
proaches the base of the tower. The disengaged carbon 
dioxide passes to the condenser at the top of the reactiva- 
tor, where the water vapor saturating the carbon dioxide is 
condensed and the condensed water passed back to the top 
of the tower. The carbon dioxide passes out of the com 
denser and in this particular instance is permitted to go to 
waste. 

“The reactivated solution is then pumped out of the kettle 
and passed through the heat interchanger countercurrent to 
the cold saturated solution from the absorber and then to 
the precooler, where the solution is cooled to a temperature 
of about 40°C. (104°F.), and then back into the top of the 
absorber. This operating temperature has been found to be 
entirely satisfactory for carbon dioxide removal. The fe 
action seems to be more rapid at this than at a lower tem- 
perature; consequently more complete removal of carbon 
dioxide is obtained. If a temperature higher than 40°C 
(104°F.) is used the partial pressure of the carbon dioxide 
over the amine carbonate solution is increased and conse 
quently the removal of carbon dioxide from the gas per uml 
volume of solution is adversely affected; therefore the cit 
culation of a larger quantity of solution is required to 6 
tain equivalent separation. 

“The question of the stability of the ethanolamines when 
used as an absorbent for carbon dioxide has been settled 
through the experience of The Helium Company in 
operation of its carbon dioxide removal system at Thatchet, 
Colorado. It has been mentioned before that the carbon 
dioxide content of the gas at Thatcher is reduced to less 
than 0.01 per cent. This residual trace is then removed B 
further scrubbing with caustic soda solution. In the use’ 
a caustic soda solution in the cycle care must be exercised 
that the triethanolamine solution does not become contait 
inated by the caustic. Caustic soda has such a damagi 
effect on the triethanolamine solution that a contaminated 
mixture cannot be used. But approximately 75,000,0W 
cubic feet of gas has been passed through the Thal 
system without any decrease in quantity of solution or 
its absorption efficiency. a 

“The success achieved with this process at this plant fas 
demonstrated that it can be used to advantage in the a 
aration of carbon dioxide from other industrial gases. TM 
process also is successfully used for the separation of hy 
drogen sulphide from natural gas, refinery gas and othe 
industrial gases.” 
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OLID carbon dioxide or carbonic ice is made 
S by expanding liquid CO, to a pressure below 

its triple point, which is 75.1 pounds per square 
inch absolute pressure, corresponding to a tempera- 
ture of 70° below zero F. The equipment necessary 
for the work includes a three-stage compression sys- 
tem, condensers, three-stage liquid coolers, snow 
cylinders and a number of auxiliaries. As the yield 
of ice per pound of carbon dioxide handled is much 
greater when the liquid is precooled to a low degree 
before entering the snow machine, every effort is 
made to obtain this result; the several stages of 
liquid cooling are synchronized with the correspond- 
ing stages of pressure, in the interest of higher ef- 
ficiency, smaller size machinery and less horse power 
expended. Such features are included in the design 
of this machinery by Frick Company, Waynesboro, 
Pennsylvania. 

The gas enters the system under a few pounds 
pressure, usually supplied by a rotary blower. It 
is essential that all moisture, oil and objectionable 
odors be removed, as these impurities will clog the 
system with water ice, injure the product with an 
oily yellow discoloration, or make it unfit for sale 
because of bad Impurities are removed 
through special dryers and filters, these being in- 
stalled in duplicate, in extreme cases, to permit con- 
tinuous operation. 


odors. 


The compressors are of the vertical, single acting, 
enclosed type, each with two cylinders, the first stage 
machine being a standard unit as built for ammonia 
work, the other two machines being designed especi- 
ally for the higher pressure encountered in condens- 
ing carbon dioxide. Cold water is circulated through 
the intercoolers between the machines, as well as 
through the tubular oil separator shown. 

The condensers and liquid coolers are of similar 
construction, consisting of eight-inch shells, contain- 
ing seven tubes each. In the condensers the water 
flows through the tubes; in the liquid coolers part 
of the carbon dioxide is expanded into the tubes. 
The gas evaporated in each of these coolers is piped 
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to the corresponding mixer where it joins with the 
suction gas entering the compressor handling that 
stage. The blow back gas coming from the snow 
cylinder goes through the heat exchanger which 
takes the place of the third stage liquid cooler. 

The snow machine is also of vertical design, with 
hydraulic cylinders above and below the insulated 
snow chamber, which is 10 inches square. The length 
of the chamber can be varied so as to produce blocks 
up to 20 inches long. The upper cylinder controls 
the top head of the snow chamber, holding it down 
while the block of snow is being formed and com 
pressed. The head is then raised and the block is 
discharged, ready to be weighed, wrapped and placed 
in the storage. The lower cylinder operates the 
square piston or ram in the snow chamber, serving 
to compress the loose flakes of snow into a solid 
block and eject the block at the end of this opera 
tion. 

The machine is designed to eliminate heavy strains 
in either its working parts or the foundation. The 
blow back valve and suction pipe are located above 
the ex: ansion connection to the chamber and precat- 
tions are taken to prevent the flakes of snow from 
entering the suction line and clogging the heat ex- 
changer. 

The machines are generally operated continuously, 
day and night, and by manipulation of the controls 
adapt themselves to producing snow blocks of at 
most any desired size or density, the cross section 
area, of course, conforming to the 10-inch square 
which is standard for the industry. 

While operating conditions at various places will 
cause the pressure and temperatures throughout fhe § 
system to be somewhat different in each case, typical 
average pressures for the three stages are 100, 300 
and 900 pounds. . 

Plants using this system can make a merchantable 
grade of carbonic ice from the carbon dioxide thrown 
off by certain “oil” wells, also from lime kilns, alee 
hol fermentation vats, coke fires, etc. 
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Silica Gel Process 


and purification of carbon dioxide is due to the 

remarkable adsorptive capacity of its multiplicity 
of ultra-microscopic pores. The removal of water and 
other impurities is entirely by physical adsorption and 
no chemical action is involved. The gas is simply al- 
lowed to pass through a bed of granular gel at the 
prescribed rate of flow, temperature, and pressure. This 
physical act of adsorption is completely reversible. 
Upon saturation of the bed, it is only necessary to pass 
through the gel, air or waste gas suitably heated to a 
temperature of from 300 to 500° F. The adsorbed 
water and other impurities are thus revolatilized and 
swept out to waste. After cooling, the bed is again ready 
for purification duty at 100 per cent of its original 
effectiveness. Properly handled the gel may be used in- 
definitely without impairment of its efficiency. 

The adsorptive action of Silica Gel is not to be con- 
fused with that of activated carbon, which merely se- 
lectively adsorbs the relatively small amounts of im- 
purities other than water. Silica Gel simultaneously ad- 
sorbs and completely removes not only these impurities, 
but also the water with which the gas is usually satu- 
rated. Unlike calcium chloride and other chemical dry- 
ing agents, Silica Gel does not deliquesce or become 
“soupy” upon becoming saturated with water. In fact, 
when containing as much as 50 per cent of its weight of 
water, the granules do not soften or become sensibly 
wet. 

As a result of a great deal of work in producing car- 
bon dioxide plants, compact, efficient equipment for dry- 
ing and purifying carbon dioxide over the entire range 
of working pressure has been developed. The type of 
unit recommended is determined by the source of the 
gas, the nature of the impurities, the purpose for which 
it is to be used; and, in the case of plants producing 
solid, the system of compression and expansion em- 


[x effectiveness of Silica Gel for the dehydration 


ployed. 

When for any reason it is desirable or necessary to 
treat carbon dioxide before compression the standard 
low pressure unit is usually recommended. This unit 
consists essentially of a heat exchanger, duplicate ad- 
sorbers, and an activating air heater and blower. The 
unit takes delivery from the wet scrubber. The gas is 


y 


precooled and passed through the adsorbers alternately; 
each adsorber being activated and cooled while the other 
is on the gas line. Continuous purification service is 
thus provided. The adsorption cycle will vary from two 
to 10 hours, depending on the rate of flow. Operating 
cost will vary from five to 15 cents per ton of gas 
treated, dependent upon local conditions. The effluent 
gas will be free of taste and odor and of a moisture 
content not exceeding .006 per cent by weight, effectively 
eliminating any chance of freezing difficulties in subse- 
quent operation. Low pressure treatment is, however, 
only recommended where it is required by some special 
condition, such as the wet gas causing corrosion of the 
compressor equipment or freezing difficulties between 
stages due to introduction of cold gas. 

In many cases, notably so in two recent installations 
in molasses fermentation plants (one producing ice and 
the other liquid carbon dioxide), excellent results are 
being obtained with gel units working between the sec- 
ond and third stage of compression, at approximately 
300 pounds gauge pressure. The advantage lies in the 
reduced volume of gas handled and the fact that any 
lubricant vapor from first and second stage compression 
is removed. In both cases, corrosion is not serious, and 
the method of operation renders treatment at this point 
particularly advantageous. The equipment required for 
interstage treatment is designed for pressure, and con- 
sists of duplicate adsorbers and activating equipment. 
The operating cost will run from five to 10 cents per 
ton of gas treated. 

Where the amount of impurities is small (as in com- 
bustion produced gas) it is often possible and advan- 
tageous to insert the gel unit after third stage compres 
sion. Not only is the volume of gas at a minimum, but 
treatment at this point results in a final clean-up of all 
impurities, including any cracked lubricant vapors, im- 
mediately prior to bottling or delivery to the Solid plant. 
This type of unit is particularly adapted to plants of 
approximately 1000 pounds per hour capacity, produc 
ing liquid for bottle trade. Here again duplicate adsorb 
ers are furnished. The activating air, in view of the 
reduced volume, is electrically heated, resulting in a 
compact unit. Operating cost is usually the cost of three 
to four K.W.H. of electric current per ton of gas 
treated. 
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HE manufacture of alcohols from cracking still 
| gases depends upon forming a chemical combina- 
tion of the olefins with sulfuric acid. These com- 
binations which, upon hydrolysis, yield the correspond- 
ing monohydric alcohols. The reactions may be written 
as follows: 
(1). C,H, + H,SO, > CaHy+,HSO, 
olefin + sulfuric acid > alkyl hydrogen sulfate 
(2). CaHsn+,HSO, + HOH > C,H,,+,OH + H,SO, 
alkyl hydrogen sulfate + water — alcohol + 
sulfuric acid 

The olefin which will be absorbed by the sulfuric 
acid is largely determined by the temperature. Ethy- 
lene absorption takes place best between 200° F. and 
250° F., whereas propylene absorption is best be- 
tween 70° F, and 80° F. 

*There is a marked difference between the absorp- 
tion of propylene and ethylene in sulfuric acid. At 
75-80° F., 97 per cent sulfuric will absorb approx- 
imately 50 per cent by weight of propylene in two 
hours, whereas ethylene causes only a 24% per cent 
increase. The sulfuric ester of propylene yields the 
alcohol on dilution with water (hydrolysis). The 
mechanics of the reactions are somewhat clarified by 
the graphic formulae. 


‘Plant and Sedgwick, J. Soc. Chem. Ind. 40, 17T. 
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PROPYLENE 

Propylene is a colorless gas with the following 
properties : . 

Formula: CH,. CH: CH, 

Mol. Wt. 42.06 

Sp. Gr. 1.498 (air = 1) 

B.P. —50.2°C 

Solubility : 44.6 c.c. of gas in 100 c.c. of water, — 

One cubic foot of propylene measured at 60° F. 
and normal atmospheric pressure weighs 0.113 
pounds. On this basis one cubic foot of propylene 
would produce 0.161 pounds of isopropyl alcohol of 
100 per cent strength or 0.177 pounds of the constant 
boiling mixture (91 per cent alcohol). Yields of bet 
ter than 70 per cent of theory are obtained on the 
basis of propylene in the still gases. 


OPERATING PROCEDURE 

The cracking still gases preferably after having 
been stripped of gasoline constituents by absorption 
or compression, are passed through Fuller’s earth 
impregnated with copper oxide (calcined). This 
frees the gases of H,S and organically combined sul 
fur. The absorption of the propylene may be accom 
plished by passing the gases through a continuous 
absorption step cooled by brine to maintain the tem- 
perature between 75—80° F. by dissipation of the 
heat of reaction. Practically no ethylene is absorbed 
at this temperature, but the higher olefins such as butylene, 
amylene, hexylene, etc., are absorbed along with propylené, 
Batch absorbers equipped with cooling coils and high speed 
agitators are also used for absorption. The reaction mix 
is drawn from the absorber and diluted with two or three 
volumes of water or steam in lead lined equipment. The 
heat of dilution and reaction warms up the mix and addt 
tional steam may be used to drive off the dilute crude ak 
cohol. The crude alcohol is then sent to the rectifier for 
concentration to the 91 per cent isopropyl alcohol. Treat 
ment with chlorine, sodium hypochlorite or potassium per 
manganate solution is used for purification. 

The higher alcohols are much more soluble than is& 
propyl alcohol in white mineral oil and this is made use of 
to effect their separation by selective absorption. The ab 
solute propyl alcohol is prepared by passing the 91 per cent 
alcohol through quicklime for dehydration. 

The dilute sulfuric acid, about 1.4 specific gravity, may 
be reconcentrated to 1.8 specific gravity and returned f 
the absorption step. Due to the accumulation of polymer 
ized and tarry material the acid, after a time, must be dis 
carded. 
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Sharples Pentane Synthesis 
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r “HE processes which have been developed at the 
plant of the Sharples Solvents Corporation, 
Belle, West Virginia, provide the means for the 

first time for the commercial synthesis of many amyl 

compounds. 

The chief raw materials used at the plant are acetic 
acid, caustic soda, chlorine, the pentanes and sul- 
phuric acid. 

The pentanes are both the normal and iso-pentanes 
produced in a single fraction with a boiling range 
from 27° to 40°C. (80° to 104°F.) and are secured 
from producers of casinghead gasoline located both 
in the vicinity of the plant and in mid-western ter- 
ritory. 

The chief products of the plant are amyl chlorides ; 
amyl alcohols, sold as a mixture under the name of 
Pentasol; amyl acetates, known in the trade as Pen- 
tacetate, and muriatic acid. Smaller quantities of 
amylenes, amylene dichlorides, amyl propionate and 
diamyl ethers are produced. The amyl] chlorides are 
produced as a mixture containing six of the seven 
possible isomers and the alcohols in mixture contain- 
ing six of seven isomers. Individual isomers are ob- 
tained from both these mixtures by fractionation to 
supply definite chemical compounds for further syn- 
thesis. 

The essential features of the process are indicated 
on the flow sheet. Pentane is pumped from storage 
to a dehydrator in which vessel hydrogen chloride 
gas drawn from the process tank is bubbled through 
it. Any water is precipitated by the gas, settles out 
and is removed. The dried pentane is decanted into 
the process tank as required for make-up in the sys- 
tem, and is pumped continuously from the process 
tank through a vaporizer. Liquid chlorine is passed 
through another vaporizer. The two gases meet in 
a mixing throat and pass into a gas-fired reacting 
chamber. The mixed gases are cooled and enter near 
the base of the first of a series of continuously-oper- 
ated fractionating columns. 

The pentane in the mixture is in excess with re- 
spect to the chlorine which is consumed completely, 
one half producing hydrogen chloride, somewhat less 
than half combining to form amy] chlorides, and the 
balance appearing in polychlorides of pentane. Ex- 
cess pentane is removed in the first column on which 
a heavy reflux is carried assuring an overhead prod- 
uct free of the chlorides. The hydrogen chloride also 
taken off through this column, and with the pentane 
is returned to the process tank. 

The crude mixture of chlorinated products is 
further fractionated. A mixture of mono-chlorides 
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of pentane is taken off as an overhead product. A 
mixture of dichlorides and other polychlorides are se 
cured as a residual product. This mixture is later 
fractionated to secure amylene dichlorides. A small 
tar-like residue consisting of highly chlorinated ma 
terial and carbon is rejected in this operation. 


Hydrogen chloride which returns to the procegs 
tank with pentane is drawn from the top in gaseous 
mixture with pentane. Some pentane is removed 
from the gas by condensation, is recovered and re 
turned to the dehydrator. The gas passes through 
an absorption tower composed of the conventional 
silica-ware absorption vessels. It flows counter-cur- 
rent to a stream of water. Muriatic acid (20° Be) 
is delivered to storage. Unabsorbed gas, now prin- 
cipally pentane, is first scrubbed with alkaline brine 
from the subsequent operation of hydrolysis. New 
tral gas is compressed, condensed and the recovered 
liquid pentane returned to the dehydrating tank. 
Neutral brine from the scrubbers is returned to the 
electrolytic plant. 

The mixture of amyl chlorides from the process of chlo- 
rination is hydrolyzed continuously to form the alcohols. 
A mass of sodium oleate to which amyl chlorides and a 
solution of dilute caustic soda are introduced continuously 
in approximately molecular proportions and at a sufficient 
rate to maintain constant composition of the reaction mass, 
is circulated through a heater and a series of digesters. From 
the top of one of the digesters the products of hydrol- 
ysis, plus the water and some unconverted chlorides, 
are distilled continuously producing amylenes and amyl 
alcohols. Undissolved water is removed from the mixture 
by decantation and, like all water which has come in con 
tact with primary products throughout the plant, it is treat 
ed by distillation for the recovery of dissolved products. 
The oily material from the decanter is fractionally distilled 
in a series of three continuously-operated columns to fé- 
move first, amylenes, then a mixture of alcohols and amyl 
chlorides which have escaped reaction, and last a dry mix- 
ture of the alcohols. The fraction containing amyl chloe 
rides is returned to hydrolysis. 

The dehydrated mixture of the alcohols contains six of 
the possible seven isomeric amyl alcohols. The tertiary ab 
cohol is removed by fractionation. The remaining alcohols 
are purified by distillation, yielding Pentasol. The distil 
lation of the alcohols yields, as desired, the individual alco 
hols. 

One of the important processes in the plant is the pro 
duction of amyl acetates from Pentasol. A _ continuous 
process has been developed in which, in order to reduce 
the decomposition of amyl alcohols the concentrations of 
acetic acid and sulphuric acid are kept low. A crude mix 
ture of acetates and alcohols is obtained. This is fraction 
ally distilled to yield. Pentacetate, a mixture containing 85 
per cent amyl acetates and 15 per cent alcohols. Alcohols 
escaping conversion are removed in the distillation and te 
turned to be acetylated. 
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AIR PREHEATER CORPORATION M. W. KELLOGG COMPANY 
40 East 34th St., New York, N. Y. 225 Broadway, New York, N. Y. 
ALCO PRODUCTS, INC. Cc. H. LEACH COMPANY 
220 East 42nd St., New York, N. Y. 11 Park Place, New York, N. Y. 
ALCORN COMBUSTION COMPANY B. P. LIENTZ COMPANY 
Bellevue Court Building, Philadelphia, Pa. 3409 E. 18th St., Kansas City, Mo. 
AUTOMOTIVE DISTILLATE CORPORATION ARTHUR G. McKEE COMPANY 
3615 Olive St., St. Louis, Mo. 2422 Euclid Ave., Cleveland, Ohio. 
BLACK, SIVALLS & BRYSON OLIVER UNITED FILTERS, INC. 
430 So. Rockford, Tulsa, Okla. 33 West 42nd St., New York, N. Y. 
BRASSERT-TIDEWATER DEVELOPMENT COMPANY PEABODY ENGINEERING COMPANY 
310 South Michigan Ave., Chicago, IIl. 46 East 41st St., New York, N. Y. 
Cc. F. BRAUN & COMPANY, INC. PETROLEUM CONVERSION ai" feel 
Alhambra, California. 136 Liberty St., New York, 
G. G. BROCKWAY COMPANY PETROLEUM ENGINEERING, INC. 
800 North Delaware St., Philadelphia, Pa. Philtower Building, Tulsa, Okla. 
BURRELL-MASE ENGINEERING COMPANY THE PURE OIL COMPANY 
709 Law & Finance Building, Pittsburgh, Pa. Pure Oil Building, Chicago, IIl. 
H. H. CANNON COMPANY RICHFIELD OIL COMPANY OF CALIFORNIA 
Los Angeles, California Los Angeles, Calif. 
J. A. CAMPBELL COMPANY SHARPLES SOLVENTS CORPORATION 
Long Beach, California Belle, West Virginia. 
CARBONDALE MACHINE COMPANY SHARPLES SPECIALTY COMPANY 
Carbondale, Pa. 2730 Westmoreland St., Philadelphia, Pa. 
J. P. DEVINE MANUFACTURING COMPANY, INC. SILICA GEL CORPORATION 
Baltimore Trust Building, Baltimore, Md. 
DOHERTY RESEARCH ag te 
60 Wall St., New York, SOUTHWESTERN ENGINEERING CORPORATION 
4800 Santa Fe Ave., Los Angeles, Calif. 
DONNELLY PROCESS CORPORATION 
844 Rush St., Chicago, IIl. SOWERS MANUFACTURING COMPANY 
1288 Niagara St., Buffalo, N. Y. 
THE DORR COMPANY, INC. 
247 Park Ave., New York, N. Y. STANDARD OIL COMPANY OF CALIFORNIA 
225 Bush St., San Francisco, Calif. 
THE DURIRON COMPANY, INC. 
Dayton, Ohio STANDARD OIL DEVELOPMENT COMPANY 
26 Broadway, New York, N. Y. 


EDELEANU COMPANY, LTD. 
11 West 42nd St., New York, N. Y. STELLAR REFINING COMPANY 


Newark, Ohio. 
ELLIOTT COMPANY 
Jeannette, Pa. SUN OIL COMPANY 


Philadelphia, Pa. 





FOSTER WHEELER nag a 
165 Broadway, New York, N. TEXAS PACIFIC COAL & OIL COMPANY 
Fort Worth, Texas. 
THE FRICK COMPANY 
Waynesboro, Pa. TULSA BOILER & MACHINERY CORPORATION 


Tul kla. 
THE GIRDLER CORPORATION Gaborone 
Louisville, Ky. UNION OIL COMPANY OF CALIFORNIA 
Los Angeles, Calif. 


GRAY PROCESSES CORPORATION 
961 Frelinghuysen Ave., Newark, N. J. UNIVERSAL OIL PRODUCTS COMPANY 
GRISCOM-RUSSELL COMPANY, 310 So. Michigan Ave., Chicago, III. 






285 Madison Ave., New York, N. Y. 
HENRY VOGT MACHINE COMPANY 
INDIAN REFINING COMPANY 10th and Ormsby Sts., Louisville, Ky. 


Lawrenceville, Illinois. 
VULCAN REFINING COMPANY 
Los Angeles, California. 


WINKLER-KOCH ENGINEERING COMPANY 









INTERNATIONAL FILTER COMPANY 
69 East Van Buren St., Chicago, Iil. 


JACKSON ENGINEERING COMPANY 











11 East 5th Ave., Tulsa, Okla. 335 West Lewis St., Wichita, Kansas. 
JENKINS PETROLEUM PROCESS COMPANY YORK ICE MACHINERY CORPORATION 
844 Rush St., Chicago, Illinois. York, Pa. 
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